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PREFACE

when, as a surface chemigt, | taught recitation sections and then lectures in the Reac-

tion Engineering undergraduate course a Minnesota. The text was Aris Elementary
Chemical Reaction Analysis, abook that was obviously elegant but at first did not seem
a dl dementary. It described porous pelet diffuson effects in chemica reactors and the
intricacies of nonisotherma reectors in a very logica way, but to many students it seemed to
be an exercise in applied mathematics with dimensonless varidbles rather than a description
of chemicd reactors.

We later used Octave Levenspiel’s book Chemical Reaction Engineering, which was
written with a ddightful style and had many interesting figures and problems that made
teaching from it easy. Levenspid had chepters on reections of solids and on complex
reactors such as fluidized beds, topics to which dl chemicd enginesring students should
be introduced. However, the book had a notation in which dl problems were worked in
terms of the molar feed rate of one reactant F,, and the fractiond conversion of this
reectant X. The “fundamenta equaions’ for the PFTR and CSTR given by Levenspid
were V = Fpo [ dX/rs (X) and V = FgoX/ r4(X), respectively. Since the energy balance
is conventionaly written in terms of gpatid variaions of properties (as is the generd
species baance), there was no logicad way to solve mass and energy balance eguations
smultaneoudy, as we must do to condder nonisotherma and nonideal reectors. This
notation aso prohibits the correct handling of multiple reection systems because there is
no obvious X or r4 with multiple reactions, and Levenspid could only describe sdectivity
and yidd quditetively. In that notation, reectors other than the perfect plug flow and the
perfectly stirred reactor could not be handled because it did not adlow consideration of
properties versus position in the reactor. However, Levenspid’s books describe complex
multiphase reactors much more thoroughly and readably than any of its successors, certainly
more than will be atempted here.

I learned about chemicd reactors at the knees of Rutherford Aris and Nea Amundson,

Xi
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We next used the texts of Hill and then Fogler in our chemical reactors course.
These books are adapted from Levenspid, as they used the same notation and organization,
athough they reduced or omitted reactions of solids and complex reactors, and their notation
required fairly quditative consderation of nonisothermd reectors. It was our opinion that
these texts actudly made diffuson in porous pellets and hegt effects seem more complicated
than they need be because they were not sufficiently logically or mathematicaly based.
These texts dso had an unnecessary &ffinity for the variable density reactor sichas A — 3 B
with ided gases where the solutions require dedling with high-order polynomias and partia
fractions. In contrest, the assumption-of congtant density (any liquid-phase resctor or gases
with diluent) generates esdily solved problems.

At the same time, as a chemist | was disappointed a the lack of serious chemistry
and kinetics in reaction engineering texts. All best A — B to death without much mention
that irreversble isomerization reections are very uncommon and never very interesting.
Levenspid and its progeny do not handle the series reactions A - B — C or pardld
resctions A — B, A —» C aufficiently to show students that these are redly the prototypes
of dl multiple reaction systems. It is typicd to introduce rates and kinetics in a reaction
engineering course with a section on andyss of data in which log-log and Arrhenius plots
are emphasized with the only purpose being the determination of rate expressons for sngle
reections from batch reector data It is typicdly assumed that any chemistry and most
kinetics come from previous physcal chemistry courses.

Up until the 1950s there were many courses and texts in chemicd engineering on
“Indugtria Chemigtry” that were bascdly descriptions of the industrid processes of those
times. These texts were nearly devoid of mahematics, but they summarized the reactions,
process conditions, separation methods, and operating characterigtics of chemica synthesis
processes. These courses in the chemicad engineering curriculum were dl replaced in the
1950s by more andytica courses that organized chemicad engineering through “principles’
rather than descriptions because it was felt that students needed to be able to understand the
principles of operation of chemicad equipment rather than just memorize pictures of them.
Only in the Process Design course does there remain much discussion of the processes by
which chemicds are made.

While the introduction of principles of chemicd engineering into the curriculum
undoubtedly prepared students to understand the underlying equations behind processes,
succeeding generations of students rapidly became illiterate regarding these processes and
even the names and uses of the chemicals that were being produced. We became so involved
in undergtending the principles of chemicad enginesring that we logt interest in and the
capability of deding with processes.

In order to develop the processes of tomorrow, there seems to be a need to combine
principles and mahematica anadlyss dong with gpplications and synthess of these princi-
ples to describe processes. This is especidly true in today’s changing market for chemicd
enginears, where employers no longer are searching for specidigs to andyze larger and
larger equipment but rather are searching for engineers to devise new processes to refurbish
and replace or retrofit old, dirty, and unsafe ones. We suggest that an understanding of how
and why things were done in the past present is essentid in devising new processes.

Students need to be aware of the following facts about chemical reactors.

1. The definition of a chemicd engineer is one who handles the engineering of chemicd
reactions. Separations, fluid flow, and transport are detalls (admittedly sometimes very
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important) in that task. Process design is basicaly reactor design, because the chemica
reectors control the sizes and functions of other units.

2. The mogt important reactor by far in twentieth century technology is the fluidized
catdytic cracker. It processes more chemicds than any other reactor (except the au-
tomotive catalytic converter), the products it crestes are the raw materids for most of
chemical technology, and this reactor is undoubtedly the largest and most complex piece
of equipment in our business. Yet it is very possble that a student can receive a B.S.
degree in chemicd enginesring without ever hearing of it.

3. Mogt indudtrial processes use catdysts. Homogeneous single reaction systems are fairly
rare and unimportant. The most important homogeneous reection systems in fact involve
free radicd chains, which are very complex and highly nonlinesr.

4. Energy management in chemica reectors is essentid in reactor design.

5. Mot indudrid reactors involve multiple phases, and mass trandfer steps between phases
are essentia and usualy control the overdl rates of process.

6. Polymers and their monomers are the major commodity and fine chemicas we ded with;
yet they are conddered mogdtly in eective polymer chemistry and polymer properties
courses for undergraduates.

7. Chemicd engineering is rapidly changing such that petroleum processing and commod-
ity chemicd industries are no longer the dominant employers of chemicd engineers.
Polymers, bioprocesses, microelectronics, foods, films, and environmenta concerns are
now the growth industries needing chemicd engineers to handle essentid chemicd
processing steps.

8. The grestest safety hazard in chemicd engineering operations is without question
caused by uncontrolled chemica reactions, either within the chemicad reactor or when
flammable chemicals escape from storage vessds or pipes. Many undergraduate students
ae never exposed to the extremely nonlinear and potentidly hazardous characterigtics
of exothermic free radical processes.

It is our beief that a course in chemicd reaction engineering should introduce al
undergraduate students to dl these topics. This is an ambitious task for a one-semester
course, and it is therefore essentid to focus carefully on the essentid aspects. Certainly,
each of these subjects needs a full course to lay out the fundamentals and to describe the
reection systems peculiar to them. At the same time, we believe that a course that considers
chemical reactors in a unified fashion is essentid to show the common features of the diverse
chemicd reactors that our students will be caled on to consider.

Perhaps the centrd idea to come from Minnesota is the notion of modeling in chemical
engineering. This is the belief tha the way to understand a complex process is to construct
the smplest description that will dlow one to solve the problem at hand. Sometimes a single
equation gives this indght in a back-of-the-envelope cdculation, and sometimes a complete
smulaion on a supercomputer is necessary. The chemicd engineer must be prepared to
deal with problems a whatever level of sophigtication is required. We want to show students
how to do smple caculations by capturing the essentid principles without getting logt in
details. At the same time, it is necessary to understand the complex problem with sufficient
clarity that the further steps in sophidtication can be undertaken with confidence. A modeling
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goproach dso reveds the underlying beauty and unity of deding with the engineering of
chemica reactions.

Chemicd reaction engineering has acquired a reputation as a subject that has become
too theoreticd and impractical. In fact, we believe that reaction engineering holds the key
in improving chemicd processes and in developing new ones, and it requires the greatest
skills in both andyss and intuition. Students need to see these challenges and be equipped
to solve the next generation of chdlenges.

ORGANIZATION

The book darts with a review of kinetics and the batch reactor in Chapter 2, and the
meterid becomes progressively more complex until Chapter 12, which describes dl the
types of multiphase reactors we can think of. This is the standard, linear, boring progression
folowed in essntidly dl textbooks.

In padld with this devdlopment, we discuss the chemicd and petroleum industries
and the mgjor processes by which most of the classica products and feedstocks are made.
We begin in Chapter 2 with a section on “The Red World,” in which we describe the reactors
and reactions in a petroleum refinery and then the reactions and reactors in making polyester.
These are dl catdytic multiphase reactors of dmogt unbdievable size and complexity. By
Chapter 12 the principles of operation of these reactors will have been developed.

Then throughout the book the reections and reectors of the petroleum and commaodity
chemicd indudtries are reintroduced as the relevant principles for their description are
developed.

Along with these topics, we attempt a brief higorica survey of chemica technology
from the gtart of the Industrid Revolution through speculations on what will be important in
the twenty-first century. The rise of the mgor petroleum and chemica companies has created
the chemicd engineering professon, and their current downsizing creates significant issues
for our students future careers.

Projection into the future is of course the god of al professond education, and we
a leet mention the microdectronic, food, pharmaceuticd, ceramic, and environmenta
busnesses which may be mgor employers of chemicd engineering students. The notion
of evolution of technology from the past to the future seems to be a way to get students to
begin thinking about their future without faculty smply projecting our prgudices of how
the markets will change.

Finadly, our god is to offer a compact but comprehensive coverage of al topics by
which chemicd reactors are described and to do this in a single consistent notation. We
want to get through the fundamenta idess as quickly and smply as possble so tha the
larger issues of new applications can be gppreciated. It is our intent that an ingructor should
then have time to emphasize those topics in which he or she is especidly knowledgesble
or regads as important and interesting, such as polymerization, safety, environment,
pharmaceuticals, microelectronics, ceramics, foods, €tc.

At Minnesota we cover these topics in approximately 30 lectures and 20 recitations.
This requires two to four lectures per chapter to complete dl chapters. Obvioudy some
of the materid must be omitted or skimmed to meet this schedule. We assume that most
ingructors will not cover dl the industrid or higtorical examples but leave them for students
to read.
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We regard the “essentid” aspects of chemica reection engineering to include multiple
reections, energy management, and catalytic processes;, so we regard the first seven chapters
as the core materid in a course. Then the finad five chepters condder topics such as
environmenta, polymer, solids, biologica, and combustion reactions and reactors, subjects
that may be conddered “optiond” in an introductory course. We recommend that an
instructor attempt to complete the first seven chapters within perhagps 3/4 of a term to dlow
time to select from these topics and chapters. The fina chapter on multiphase reactors is of
course very important, but our intent is only to introduce some of the idess that are important
in its design.

We have tried to disperse problems on many subjects and with varying degrees
of difficulty throughout the book, and we encourage assgnment of problems from later
chapters even if they were not covered in lectures.

The nonlinearities encountered in chemica reectors are a mgor theme here because
they are essentia factors, both in process design and in safety. These generate polynomia
equations for isothermal systems and transcendental equations for nonisotherma  systems.
We consder these with graphica solutions and with numerica computer problems. We try
to keep these smple so students can see the quditative features and be asked sgnificant
questions on exams. We insert a few computer problems in most chapters, starting with
A+ B— C— D— ... .ad continuing through the wall-cooled reactor with diffuson
and mass and heat transfer effects. We keep these problems very smple, however, so that
students can write their own programs or use a sample Basic or Fortran program in the
gppendix. Graphics is essentid for these problems, because the evolution of a solution
versus time can be used as a “lab” to visudize what is happening.

The use of computers in undergraduate courses is continuoudy evolving, and different
schools and ingructors have very different cgpabilities and opinions about the level and
methods that should be used. The choices are between (1) Fortran, Basic, and spread-
shest programming by students, (2) equation-solving programs such as Mathematica and
MathCad, (3) specidly written computer packages for reactor problems, and (4) chemica
engineering flowsheet packages such as Aspen. We assume that each ingructor will decide
and implement specific computer methods or dlow students to choose their own methods
to solve numerica problems. At Minnesota we dlow students to choose, but we introduce
Aspen flowsheets of processes in this course because this introduces the idea of reactor-
separation and staged processes in chemical processes before they see them in Process
Design. Students and ingtructors always seem most uncomfortable with computer problems,
and we have no smple solutions to this dilemma

One characterigic of this book is that we repest much materid severd times in
different chapters to reinforce and illustrate what we believe to be important points. For
example, petroleum refining processes, NO, reections, and safety are mentioned in most
chapters as we introduce particular topics. We do this to tie the subject together and show how
complex processes must be considered from many angles. The downside is that repetition
may be regarded as smply tedious.

This text is focused primarily on chemica reectors, not on chemica kinetics. It is
common that undergraduate students have been exposed to kinetics first in a course in
physcd chemidry, and then they take a chemicd engineering kinetics course, followed
by a reaction engineering course, with the latter two sometimes combined. At Minnesota
we now have three separate courses. However, we find that the physica chemistry course
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contains less kingtics every year, and we dso have difficulty finding a chemicd kinetics text
that covers the materid we need (catdyds, enzymes, polymerization, multiple reections,
combugtion) in the chemicd engineering kinetics course.

Consequently, while | jump into continuous reactors in Chapter 3, | have tried to
cover essentidly dl of conventional chemicad kinetics in this book. | have tried to include
dl the kindgtics materid in any of the chemica kinetics texts designed for undergraduates,
but these are placed within and a the end of chapters throughout the book. The descriptions
of reactions and kinetics in Chapter 2 do not assume any previous exposure to chemica
kindgtics. The amplification of complex reactions (pseudosteady-state and equilibrium step
goproximations) are covered in Chapter 4, as are theories of unimolecular and bimolecular
reections. | mention the need for datisticd mechanics and quantum mechanics in inter-
preting reaction rates but do not go into state-to-state dynamics of reactions. The kinetics
with cadyss (Chapter 7), solids (Chapter 9), combustion (Chapter 10), polymerizaion
(Chapter 11), and reections between phases (Chapter 12) are dl given sufficient treatment
that their rate expressions can be judtified and used in the appropriate reactor mass baances.

| suggest that we may need to be able to teach dl of chemicad kinetics within
chemicd engineering and that the integration of chemica kinetics within chemica reection
engineering may have pedagogica vaue. | hope that these subjects can be covered using this
text in any combination of courses and that, if students have had previous kinetics courses,
this materid can be skipped in this book. However, chemistry courses and texts give so
little and such uneven treatment of topics such as catdytic and polymerization kinetics that
reactors involving them cannot be covered without considering their kinetics.

Mog texts strive to be encyclopedias of a subject from which the ingtructor takes a
smal fraction in a course and that are to serve as a future reference when a student later
needs to learn in detail about a specific topic. This is emphaticdly not the intent of this text.
Firdt, it seems impossible to encompass dl of chemicd reaction engineering with less than a
Kirk-Othmer encyclopedia. Second, the student needs to see the logica flow of the subject
in an introductory course and not become bogged down in details. Therefore, we atempt to
write a text that is short enough that a student can read al of it and an instructor can cover
mogt of it in one course. This demands that the text and the problems focus carefully. The
obvious pitfdl is that short can become superficid, and the readers and users will decide
that difference.

Many people assiged in the writing of this book. Marylin Huff taught from severd
versons of the manuscript at Minnesota and &t Delaware and gave consderable help. John
Faconer and Mark Barteau added many suggestions. All of my graduate students have been
forced to work problems, find data and references, and confirm or correct derivations. Most
important, my wife Shery has been extremdy patient about my many evenings spent a
the Powerbook.
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INTRODUCTION

CHEMICAL REACTORS

inexpensve chemicds into vauable ones, and chemicd engineers are the only

people technicdly trained to understand and handle them. While separation units
are usudly the largest components of a chemica process, their purpose is to purify raw
materiads before they enter the chemicd reactor and to purify products after they leave
the reactor.

Here is a very generic flow diagram of a chemica process.

T he chemica reactor is the heart of any chemica process. Chemica processes turn

raw separation chemical separation] __, products
materials process process process | —s> pyproducts

Raw maerids from another chemicad process or purchesed externdly must usudly be
purified to a suitable compostion for the reactor to handle. After leaving the reactor, the
unconverted reactants, any solvents, and al byproducts must be separated from the desired
product before it is sold or used as a reactant in another chemical process.

The key component in any process is the chemicd reector; if it can handle impure raw
materias or not produce impurities in the product, the savings in a process can be far greater
than if we samply build better separation units. In typicd chemicd processes the capitd
and operating costs of the reactor may be only 10 to 25% of the total, with separation
units dominating the size and cost of the process. Yet the performance of the chemica
reactor totaly controls the costs and modes of operation of these expensve separaion
units, and thus the chemica reactor largely controls the overdl economics of most processes.
Improvements in the reactor usudly have enormous impact on upsiream and downstream
separation  processes.

Design of chemica reaectors is dso a the forefront of new chemica technologies.
The mgor chalenges in chemicad engineering involve
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1. Searching for dternate processes to replace old ones,
2. Finding ways to make a product from different feedstocks, or
3. Reducing or diminating a troublesome byproduct.

The search for dternate technologies will certainly proceed unabated into the next
century as feedstock economics and product demands change. Environmental regulations
creste continuous demands to ater chemica processes. As an example, we face an urgent
need to reduce the use of chlorine in chemica processes. Such processes (propylene
to propylene oxide, for example) typicaly produce severd pounds of sdt (containing
condderable water and organic impurities) per pound of organic product that must be
digposed of in some fashion. Air and water emisson limits exhibit a continud tightening
that shows no signs of dowing down despite recent conservative politica trends.

CHEMICAL REACTION ENGINEERING

Since before recorded history, we have been using chemical processes to prepare food,
ferment grain and grapes for beverages, and refine ores into utensils and weapons. Our
ancestors used mostly batch processes because scaleup was not an issue when one just
wanted to make products for persona consumption.

The throughput for a given equipment size is far superior in continuous reectors, but
problems with trandents and maintaining qudity in continuous equipment mandate serious
andysis of reactors to prevent expensive mafunctions. Large equipment aso creates hazards
that backyard processes do not have to contend with.

Not until the industrid era did people want to make large quantities of products to
&l, and only then did the economies of scale create the need for mass production. Not
until the twentieth century was continuous processing practiced on a large scde. The first
practical consderations of reactor scaleup originated in England and Germany, where the
first large-scadle chemica plants were congtructed and operated, but these were done in a
trid-and-error fashion that today would be unacceptable.

The systematic congderation of chemicad resctors in the United States originated in
the early twentieth century with Dupont in industry and with Waker and his colleagues
a MIT, where the idea of reactor “units’ arose. The systematic consideration of chemica
reactors was begun in the 1930s and 1940s by Damkohler in Germany (reaction and mass
transfer), Van Heerden in Holland (temperature variations in reectors), and by Danckwerts
and Denbigh in England (mixing, flow patterns, and multiple Seady setes). However, until
the late 1950s the only texts that described chemical reactors considered them through
gpecific indugtria examples. Mogt influentid was the series of texts by Hougen and Watson
a Wiscongn, which dso examined in detail the andyss of kinetic data and its application in
reector design. The notion of mathematicd modeling of chemical reectors and the idea that
they can be conddered in a systematic fashion were developed in the 1950s and 1960s in a
series of papers by Amundson and Aris and their sudents a the University of Minnesota

In the United States two magjor textbooks helped define the subject in the early 1960s.
The firg was a book by Levengpie that explained the subject pictoridly and included
a large range of applications, and the second was two short texts by Aris that concisdy
described the mathematics of chemicd reactors. While Levenspid had fascinating updates
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in the Omnibook and the Minibook, the most-used chemica reection engineering texts in
the 1980s were those written by Hill and then Fogler, who modified the initid book of
Levenspid, while keeping mogt of its materid and notation.

The mgor petroleum and chemicd companies have been changing rapidly in the
1980s and 1990s to meet the demands of international competition and changing feedstock
supplies and prices. These changes have dradticdly dtered the demand for chemicad
engineers and the <Kills required of them. Large chemica companies are now looking
for people with grester entrepreneuria skills, and the best job opportunities probably lie
in gmdler, nontreditiond companies in which versdility is essentid for evduaing and
comparing exiging processes and designing new processes. The exiging and proposed
new chemica processes are too complex to be described by existing chemica reaction
enginering  texts.

The firg intent of this text is to update the fundamenta principles of the operation of
chemica reactors in a brief and logicd way. We aso intend to keep the text short and cover
the fundamentals of reaection engineering as briefly as possble

Second, we will attempt to describe the chemicd reactors and processes in the
chemicd indudry, not by smply adding homework problems with indudridly reevant
molecules, but by discussng a number of important industrial reaction processes and the
reactors being used to carry them out.

Third, we will add brief historical perspectives to the subject so that students can see
the context from which idess arose in the development of modern technology. Further, since
the job markets in chemica engineering are changing repidly, the student may perhaps dso
be ale to see from its higory where chemicd reection engineering might be heading and
the causes and steps by which it has evolved and will continue to evolve.

Every student who has just read that this course will involve descriptions of indudtrid
process and the history of the chemica process industry is probably aready worried about
what will be on the tests. Students usudly think that problems with numericd answers
(5.2 liters and 95% converson) are somehow essier than anything where memorization
is involved. We assure you that most problems will be of the numericd answer type.
However, by the time students become seniors, they usudly dart to worry (properly) that
thelr jobs will nat just involve smple, well-posed problems but rather examinaion of messy
Stuations where the boss does not know the answer (and sometimes doesn't understand the
problem). You are employed to think about the big picture, and numerica cdculations are
only occasiondly the best way to find solutions. Our mgor intent in discussng descriptions
of processes and higtory is to help you see the contexts in which we need to consider chemica
reactors. Your ingtructor may ask you to memorize some facts or use facts discussed here to
synthesize a process similar to those here. However, even if your ingructor is a total wimp,
we hope that reading about what makes the world of chemical reaction engineering operate
will be both ingtructive and interesting.

WHAT DO WE NEED TO KNOW?

There are severd aspects of chemica reection engineering that are encountered by the
chemical engineer that in our opinion are not considered adequately in current texts, and
we will emphasize these aspects here.
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The chemicd engineer dmost never encounters a single reaction in an ided single-
phase isothermal reector, Red reactors are extremdy complex with multiple reactions,
multiple phases, and intricate flow patterns within the reactor and in inlet and outlet streams.
An engineer needs enough information from this course to understand the basic concepts
of reactions, flow, and hest management and how these interact so that she or he can begin
to assemble smple anaytica or intuitive models of the process.

The chemical engineer amost never has kinetics for the process she or he is working
on. The problem of solving the batch or continuous reactor mass-balance equations with
known kinetics is much smpler than the problems encountered in practice. We seldom know
reection rates in useful Stuations, and even if these data were avalable, they frequently
would not be particularly useful.

Many industrial processes are masstransfer limited so that reaction kinetics are
irrdlevant or at least thoroughly disguised by the effects of mass and heet transfer. Questions
of catdyst poisons and promoters, activetion and deectivation, and hest management
dominate mogt indudtrid processes.

Logicaly, the subject of designing a chemicd reactor for a given process might
proceed as shown in the following sequence of steps.

bench-scae batch reactor — bench-scae continuous ~ pilot plant — operating plant

The conversons, selectivities, and kinetics are idedly obtained in a smal batch reector, the
operating conditions and catayst formulation are determined from a bench-scale continuous
reactor, the process is tested and optimized in a pilot plant, and findly the plant is constructed
and operated. While this is the ideal sequence, it sddom proceeds in this way, and the
chemical engineer must be prepared to condder al aspects smultaneoudy.

The chemica engineer usudly encounters an exising reector that may have been
built decades ago, has been modified repeatedly, and operates far from the conditions of
initial design. Very seldom does an engineer have the opportunity to design a reector from
scratch. Badcaly, the typica tasks of the chemicd engineer are to

1. Maintain and operate a process,
2. Fix some perceived problem, or
3. Increase capacity or sdectivity et minimum cost.

While no single course could hope to cover dl the informetion necessary for any of these
tasks, we want to get to the stage where we can meaningfully consider some of the key idess.

Red processes dmog invariably involve multiple reectors These may be smply
reectors in series with different conversions, operating temperatures, or catayds in each
reactor. However, most industrial processes involve severa intermediates prepared and
purified between initid reactants and fina product. Thus we must consider the flow diagram
of the overal process dong with the details of each reactor.

One example is the production of aspirin from naturd gas. Current indudtriad tech-
nology involves the steps

naurd gas — methane — syngas — methandl — acetic acid — acetyldicylic acid

Although a gas company would usudly purify the naturd gas, a chemicd company would
buy methane and convert it to acetic acid, and a pharmaceutical company would make and
Il agoirin.
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An engineer is typicaly asked to solve some problem as quickly as possble and
move on to other problems. Learning about the process for its own sdke is frequently
regarded as unnecessary or even harmful because it didracts the engineer from solving
other more important problems. However, we regard it as an essentid task to show the
student how to construct models of the process. We need smple anaytica tools to esimae
with numbers how and why the reactor is performing as it is S0 tha we can esimate how
it might be modified quickly and chegply. Thus modding and smulation will be congtant
themes throughout this text.

The student must be able to do back-of-the-envelope computations very quickly and
confidently, as well as know how to make complete smulaions of the process when that
need arises. Sufficient computationd cgpabilities are now availdble that an engineer should
be able to program the rdevant equations and solve them numericdly to solve problems
that happen not to have andytica solutions.

Andyss of chemicd resctors incorporates essentidly dl the materid in the chemica
engineering curriculum. A “flow shet” of these rdationships is indicated in the diagram.

[thermodynamiks |[fluid flow| [mathematics| [design | [economics]

¥ \ \ \ !
[kinetics| = [chemical reactor — [chemical process —
T 1 1 0

| mass trunotte] [Ineat wraneskdel [imaerials|  [process control|

In this course we will need to use materid from thermodynamics, heat transfer, mass trandfer,
fluid mechanics, and especidly chemicd kinetics. We assume that the student has had some
exposure to these topics, but we will attempt to define concepts when needed so that those
unfamiliar with particular topics can dill use them here

We regard the subject of chemicd reactors as the find topic in the fundamentd
chemicd engineering curriculum. This course is dso an introduction to process design
where we condder the principles of the desgn of a chemicd reactor. Chemica reaction
engineering precedes process control, where the operation and control of exigting reactors is
a mgjor topic, and the process design course, where economic considerations and integration
of components in a chemicd plant are considered.

INDUSTRIAL PROCESSES

In padld with an andyticd and mathematical description of chemicd reactors, we will
atempt to survey the petroleum and chemica industries and relaed industries in which
chemical processing is important. We can divide the mgor processes into petroleum refining,
commodity chemicds, fine chemicds food processng, materids, and pharmeceuticds.
Their plant capacities and retall prices are summarized in Table |-l

The quantities in Table |- have only quditative Sgnificance. Capacity meens the
goproximate production of that product in a single, large, modern, competitive plant that
would be operated by a mgor oil, chemicd, food, or pharmaceuticd company. However,
the table indicates the wide spread between prices and costs of different chemicals, from
gasoline to insulin, that chemica engineers are responsible for making. There is a tradeoff
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TABLE [
Some Chemicals, Plant Sizes, Prices, and Waste Produced

Category Typical plant capacity Price Waste/product
Petroleum refining 106-10® tons/year $0.1/1b 0.1
Commodity chemicals 104-106 0.1-2 1-3

Fine chemicals 102-104 2-10 2-10
Foods 1-50

Materials 0-00

Pharmaceuticals . 10-103 10-00 10-100

between capacity and price so that most chemica plants generate a cash flow between $ 107
and $109 per year.

The lagt column indicates the gpproximate amounts of waste products produced per
amount of desired products (perhaps with each measured in pounds). The petroleum industry
wadtes very little of its raw materid, but produces the largest amount of product, while the
pharmeceuticd industry produces large amounts of weste while making smal amounts of
very vauable products.

The engineer’s task is quite different in each of these categories. In petroleum and
commodity chemicds, the costs must be very carefully controlled to compete internation-
ally, because every producer must drive to be the “low-cost producer” of that product or
be threstened with dimingtion by its competitors. In fine chemicds the condraints are
frequently different because of patent protection or niche markets in which competitors
can be kept out. In foods and pharmaceuticals, the combination of patents, trademarks,
marketing, and advertisng usudly dominate economics, but the chemicd engineer ill has
a role in designing and operating efficient processes to produce high-quality products.

In addition to processes in which chemica engineers make a particular product, there
are processes in which the chemica engineer must manage a chemica process such as
pollution abatement. While waste management and sewage trestment originated with the
prehistoric assembly of our ancestors, government regulations make the reduction of air
and water pollution an increasing concern, perhaps the mgor growth industry in chemicd
enginesring.

Throughout this text we will attempt to describe some examples of industrid processes
that are ether magor processss in the chemicad and petroleum industries or are interesting
examples of fine chemicals, foods or pharmaceuticals. The processes we will condder in
this book are listed in Table I-2.

Our discussion of these processes will necessarily be qudlitative and primarily descrip-
tive. We will describe raw materids, products, process conditions, reactor configurations,
cadyds, etc,, for what are now the conventional processes for producing these products.
We will expect the sudent to show basic familiarity with these processes by answering
dmple and quditative questions about them on exams. This will necessarily require some
memorization of facts, but these processes are sufficiently important to al of chemica
technology that we beieve dl chemicd engineers should be literate in their principles.

Listed in Table |-2 are most of the processes we will be concerned with in this book,
both in the text and in homework problems.
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TABLE [-2

industrial Chemicals Described in this Book

Petroleum Chapters 2, 7, and 12
catalytic cracking (FCC)
catalytic reforming
hydrotreating
alkylation

Commodity chemicals Chapters 3 and 4
olefins
nitric acid .
chlorine Chapter 9
dkadis Chapter 9
ethylene oxide (EO) Chapter 5
propylene oxide (PO)
acetone
phenol Chapter 10
acetic acid
syngas
hydrogen
co
Cl,

Polymers Chapters 2, 11, and 12
polyolefins
ethylene Chapter 3 and 4
propylene
butadiene
styrene Chapter 10
vinyl chloride
vinyl acetate
methyl methacrylate (MMA)
acrylonitrile
polyesters
terephthalic acid
ethylene glycol
propylene glycol
1,3—propanediol
1,4-butanediol
Nylon
adipic acid (AA)
hexamethylene diamine (HMD)

caprolactam
po_lyurethanes Chapter 11
isocyanates
maleic anhydride
polycarbonate Chapter 11
Fuels
syngas Chapter 4
methanol Chapter 3
synthetic diesel fuel Chapter 11
coal Chapter 9
Environment Chapter 8
NOx
SOX
chlorine
ozone

heavy metals
Continued
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TABLE 1-2
Continued

PCBs
dioxin
Specialty  chemicals
ethanol
ibuprofen
aspirin
insulin
Food
HFCS

Wheaties
Cheerios

Chepters 9 and 12

Materials
microcircuits
iron
nickel
TiO,
photographic film
catalysts
fibers
crystals

Chaptes 9 and 12

Chapter 7

Students will adso discover another difference between this course and the “Principles’
courses taken previoudy. In this course we are interested mainly in simple approximations
to complex processes. In more “fundamenta” courses rigor is essentid so that we can
ded with any Stuation accurately. However, chemicd reectors are so complex that we
cannot begin to solve the rdlevant mass, energy, and momentum baance equations exactly,
even on the largest supercomputers. Instead, we frequently need *“back-of-the-envelope”
edimaes of reactor peformance. Chemicd engineers usudly earn ther living on these
quick feasbility caculations. We need to know the details of thermodynamics and heat and
mass trandfer, for example, but we will usudly assume that dl properties (heat capacity,
thermd conductivity, viscodty, diffusvity, eic) are condants for a given cdculation. All
gases will be assumed to be ided mixtures of ided gases, and dl liquids will be ided
solutions a congant densty.

We will attempt to keep the mathematica details as brief as possble so that we will
not lose sight of the principles of the design and operation of chemicd reactors. The student
will certainly see more applied mathematics here than in any other undergraduate course
except Process Control. However, we will try to indicate clearly where we are going so
students can see that the mathematicd modes developed here are essentid for describing
the application a hand.

Further, we want to be able to work problems with numerica solutions. This will
require smplifying assumptions wherever possble so that the equations we need to solve
are not too messy. This will require that fluids are a constant density so that we can use
concentrations in moles'volume. This is a good approximation for liquid solutions but not
for gases, where a reaction produces a changing number of moles, and temperatures and
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TABLE [-3
Top 50 Chemicals*

Rank Chemical Billions of Ib Rank Chemical Billions of Ib
1 Sulfuric acid 89.20 26 Ethylene oxide 6.78
2 Nitrogen 67.54 27 Toluene 6.75
3 Oxygen 67.54 28 Hydrochloric acid 6.71
4 Ethylene 49.67 29 p-Xylene 6.23
5 Lime 4852 30 Ethylene glycol 555
6 Ammonia 38.35 31 Cumene 516
7 Propylene 37.93 32 Ammonium sulfate 5.08
8 Sodium hydroxide 25.83 3 Phenol 405
9 Phosphoic acid 25.26 A Acetic acid 382

10 Chlorine 24.20 35 Propylene oxide 3.70

1 Sodium carbonate 2056 36 Butadiene 340

12 Ethylene dichloride 1870 37 Carbon black 331

13 Nitric acid 17.65 338 Potash 314

14 Ammonium nitrate 17.61 39 Acrylonitrile 3.08

15 Urea 16.13 40 Vinyl acetate 3.02

16 Vinyl chloride 14.81 41 Acetone 277

17 Benzene 14.66 42 Titanium dioxide 274

18 Methy!-tert butyl ether 1367 43 Aluminum sulfate 230

19 Ethylbenzene 11.87 4 Sodium silicate 213

20 Styrene 1127 45 Cyclohexane 211

21 Carbon dioxide 10.99 46 Adipic acid 1.80

22 Methanol 10.81 47 Caprolactam 168

23 Xylene 9.06 48 Bisphenol A 148

24 Terephthalic acid 8.64 49 n Butyl alcohol 145

25 Formaldehyde 794 50 Isopropyl alcohol 1.39

*Datafor 1994, from Chemical and Engineering News

pressures can change. We will mention these complications but sddom solve problems
without assuming congant dengty.

On the other hand, we will be downright doppy about dimensions of quantities,
frequently switching between English engineering and melric units This is because one
important task of the chemicad engineer is in language trandation between technica and
nontechnical people, be they managers or customers. In U.S. industry you will hear amounts
in pounds or tons, temperatures in degrees Fahrenheit, and pressures in ps gauge amost
excdludvdy, with many practicing engineers not even knowing the mesning of kilograms,
kelvins, and pascals. We will refer to energies in caories, power in wetts, and amounts of
materid in gram moles, pounds, and tons without gpology. Volumes in liters, cubic feet, or
gdlons and lengths in centimeters or miles must be handled without effort to effectivey
communicate with one's colleagues.

However, two types of sysems are sufficiently important that we can use them amost
excludvey: (1) liquid agueous solutions and (2) ided gas mixtures a amospheric pressure.
In agueous solutions we assume that the density is 1 g/cm3, the specific heat is 1 cal/g K,
and a any solute concentration, pressure, or temperature there are -55 moleg/liter of water.
In gases a one atmosphere and near room temperature we assume that the heat capacity per
moleis% R, the dengty is 1/22.4 moleslliter, and all components obey the ided gas equation
of stae. Organic liquid solutions have congtant properties within ~20%, and nonideal gas
solutions sddom have deviations larger than these.
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We try to make cdculations come out in round numbers;, so in many problems the feed
concentrations are 2 molesliter, conversions are 90%, reactor volumes 100 liters, and feed
temperatures 300 or 400 K. We further assume that all heets of reaction and heat capacities
are independent of temperature, pressure, and compostion. We sometimes even assume
the ided gas constant R=2 cal/mole K, just because it makes it easier to remember than
1.98.. . .

We can then work out many numericd answers without even usng a cdculator, d-
though severd problems digtributed throughout the course will be assgned where computer
solutions and graphics are required. Some problems (the most interesting ones) cannot be
worked so simply, and we mugt resort to numerica solutions. There are computer problems
intergpersed  throughout the text, and your indructor will tel you exactly what programs
and methods you should use to solve them.

The “gamée’ is thus to make chemicals that can be sold for high prices from inexpensve raw
materids. This involves finding a chemicd reactor sysem that will do this better than the
competition, finding chegp and abundant raw materids, finding a good and rdiable market
for the product, and disposing of byproducts.

A working chemica engineer needs continuous information on prices, markets, and
processes on which to base cdculations and estimations. A readily accessble source is
Chemical and Engineering News, a weekly magazine published by the American Chemica
Society that contains the latest gossp in chemistry and chemicd enginering and some
information about trends. Much more relisble are Chemical Marketing Reporter and
Chemical Weekly. These magazines provide considerable and religble information on prices
and makets for industria chemicds Table I-3 ligds the top 50 chemicas in the country
from Chemical and Engineering News and a list of wholesde prices of chemicas in August
1995 taken from a many-page list in Chemical Marketing Reporter. Some of these are listed
in Teble 14.

TABLE 1-4
Commodity Chemical prices

Chemical Description Price Pricel/lb
crudeoil $15-26/barrel
sweet light 22/barrel $0.076
heavy sour 18/barrel 0.056
diesel fuel 0.05% S 0.59/gal 0.083
gasoline unleaded regular 0.62/gal 0.087
propane fuel 0.38/gal 0.078
methane 2.0/MMBtu 0.046
coal 1.6/ MMBtu 0.020
oxygen 0.015
hydrogen
co
chlorine 200/ton 010

Continued



Sources 13

TABLE 1-4
Continued
Chemical Description Price Price/lb
NaGH 50% liquid 315/ton $0.16
beads 031
ammonia 230/ton 012
nitric acid 125/ton 011
sulfuric acid 75/ton 0.038
phosgene 0.76
ethane . 0.68
propane 0.76
butanes 0.76
isobutane 0.90
naphtha 0.75/gal 013
cyclohexane 1.33/gal 0.20
benzene 1 l/gd 0.15
toluene 0.92/gal 0.13
cumene 022
ethylbenzene 0.25
xylenes 013
P-Xylene 019
methanol 0.083
ethanol fuel grade 022
acetic acid 0.38
ethylene oxide 0.56
propylene oxide 064
ethylene glycol polyester 034
maleic anhydride 047
tetrahydrofuran 135
acetone 04
phenol 0.36
formaldehyde 018
ethylene 0.26
propylene 0.19
isobutylene 031
butadiene 021
styrene 031
acetylene 0.50
polyethylene low density 0.56
linear low density 0.47
high density 047
polystyrene 0.45
polypropylene 043
PET beads 0.70
adipic acid 0.72
cyclohexanone 0.73
caprolactam 0.96
toluene diisocyanate 095
terephthalic acid 032
aspirin 36
ibuprofin 1
insulin 100,000
methamphetamine
tetrahydrocanabinol

These are average wholesde prices on Gulf Coast in Spring 1997. Do not use any of them for serious caculations.
Recent prices, producers, and Uses of these chemicals can be found at htip://www.chemexpo.com/news/PROFILE htm
#menu and  hup://www.chemweek. com/marketplace.price_trak.html.
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Findly, the practicing engineer needs to remain continuoudy informed about tech-
nologies and processes, both existing and new. Here one needs to find relevant books,
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want to refer to these sources for more detail on the material presented here. Some of these are simply
interesting books on technology which the student may find interesting for general reading.

Allen, G., and Bevington, J. C., eds., Comprehensive Polymer Science, Pergamon 1989.

Aris, Rutherford, Elementary Chemical Reactor Analysis, Prentice Hall, 1969.

Aris, Rutherford, Introduction to the Analysis of Chemical Reactors, Prentice Hall, 1965.

Bailey, T. J,, and Ollis, D., Biochemical Engineering, 2nd ed., McGraw-Hill, 1987.

Biesenherger, J. A., and Sebastian, D. H., Principles of Polymerization Engineering, Wiley 1983.

Boudart, Michel, The Kinetics of Chemical Processes, Prentice Hall, 1968.

Butt, John B., Reaction Kinetics and Reactor Design, Prentice Hall, 1980.

Carberry, James J., Chemical and Catalytic Reaction Engineering, McGraw-Hill, 1976.

Clark, Alfred, The Theory of Adsorption and Catalysis, Academic Press, 1970.

Cooper, C. D., and Alley, F. C., Air Pollution Control, 2nd ed., Waveland Press, 1994.

Crowl, Daniel A., and Louvar, Joseph, Chemical Process Safety: Fundamentals with Applications,
Prentice Hall, 1990.

Davidson, J. F., and Harrison, D., Fluidization, Academic Press, 1985.

Denbigh, Kenneth G., Chemical Reactor Theory, Cambridge Press, 1965.

Doraiswamy, L. K., and Sharma, M. M., Heterogeneous Reactions, Volume [: Gus-Solid and Solid-
Solid Reactions, John Wiley, 1984.

Doraiswamy, L. K., and Sharma, M. M., Heterogeneous Reactions, Volume ZZ: Fluid-Fluid-Solid
Reactions, John Wiley, 1984.

Doraiswamy, L. K., and Sharma, M. M., Heterogeneous Reactions, Volume III: Analysis, Examples,
and Reactor Design, John Wiley, 1984.

Dotson, N. A., Galvan, R., Lawrence, R. L., and Tirrell, M. V., Polymerization Process Modeling,
VCH 1996.

Florman, Samuel C., The Existential Pleasures of Engineering, St. Martin's Press, 1976.

Florman, Samuel C., Blaming Technology: The Irrational Searchfor Scapegoats, St. Martin's Press,
1981.

Froment, Gilbert F., and Bischoff, Kenneth B., Chemical Reactor Analysis and Design, 2nd Ed.,
Wiley, 1990.

Fogler, H. Scott, Elements of Chemical Reaction Engineering, 2nd Ed., Prentice Hall, 1992.

Gardiner, William C. J., Combustion Chemistry, Springer Verlag, 1984.

Gates, Bruce C., Katzer, James R., and Schuit, G. C. A., Chemistry of Catalytic Processes, McGraw-
Hill, 1979.

Gates, Bruce C., Catalytic Chemistry, Wiley, 1992.

Goran, Morris, The Sory of Fritz Haber, University of Oklahoma Press, 1967.

Gupta, S. K., and Kumar, A., Reaction Engineering of Step-Growth Polymerization, Plenum, 1987.

Heaton, A., The Chemical Industry, Blackie Academic and Professional, 2nd ed., 1986.



References 15

Hill, Charles G. Jr., An Introduction to Chemical Engineering Kinetics and Reactor Design, Wiley,
1977.

Hougen, 0. A., and Watson, K. M., Chemical Process Principles, Volume Ill, Wiley, 1947

Hounshell, David A., and Smith, John Kenley, Science and Corporate Srategy: DuPont R & D,
1902-1980, Cambridge University Press, 1988.

Frank-Kamenetskii, D. A., Diffusion and Heat Exchange in Chemical Kinetics, Princeton University
Press, 1955.

Kletz, Trevor A., What Went Wrong? Case studies of Process Plant Disasters, Gulf Publishing, 1985.

Kirk-Othmer, Encyclopedia of Chemical Technology.

Kunii, Daizo, and Levenspiel, Octave, Fluidization Engineering, Wiley, 1962.

Laidler, Keith J., Chemical Kinetics, 3rd ed. Harper and Row, 1987.

Lee, Hong H., Heterogeneous Reactor Design, Butterworths, 1985.

Lewis, B., and von Elbe, G., Combustion, Flames, and Explosions of Gases, Academic Press, 1987.

Levenspiel, Octave, Chemical Reaction Engineering, Wiley, 1962.

Levenspiel, Octave, The Chemical Reactor Minibook, OSU Book Stores, 1979.

Levenspiel, Octave, The Chemical Reactor Omnibook, OSU Book Stores, 1984.

Lowrance, William W., Of Acceptable Risk: Science and the Determination of Safety, William
Kaufmann Inc., 1976.

McKetta, John J., Encyclopedia of Chemical Processing and Design, Marcel Dekker, 1987.

Meyer, Robert A., Handbook of Chemical Production Processes, McGraw-Hill, 1986.

Odian, G., Principles of Polymerization, 3rd ed., Wiley 1991.

Peterson,, E. E., Chemical Reaction Analysis, Prentice Hall, 1965.

Petroski, Henry, Design Paradigms. Case Histories of Error and Judgment in Engineering, Cam-
bridge University Press, 1994.

Petroski, Henry, The Pencil: A History of Design and Circumstances, Knopf, 1990.

Petroski, Henry, The Engineer Is Human: The Role of Failure in Successful Design, St. Martin's
Press, 1985.

Petroski, Henry, Invention by Design: How Engineers Get from Thought to Thing, Harvard University
Press, 1996.

Pilling, Michael J., and Seakins, Paul W., Reaction Kinetics, Oxford, 1995.

Ramachandran, P. A, and Chaudai, R. V. Three-Phase Catalytic Reactors, Gordon and Breach, 1983.

Remmp, P, and Merrill, E. W., Polymer Synthesis, Huthig and Wepf, 1991.

Sampson, Anthony, The Seven Sisters, The 100 Year Battlefor the World's Oil Supply, Viking, 1975,
Bantum 1991.

Sandler, H. J, and Lukiewicz, E. T., Practical Process Engineering, Ximix, 1993.

Satterfield, Charles N., Heterogeneous Catalysis in Practice, McGraw-Hill, 1980.

Smith, J. M., Chemical Engineering Kinetics 3rd edition, McGraw-Hill, 198 1.

Spitz, Peter H., Petrochemicals. The Rise of an Industry, Wiley, 1988.

Thomas, J. M., and Thomas, W. J., Introduction to the Principles of Heterogeneous Catalysis,
Academic Press, 1967.

Ullman’s Encyclopedia of Chemical Technology, VCH, 1987.

Unger, Stephen H., Controlling Technology: Ethics and the Responsible Engineer, Wiley, 1994.

Valentas, Kenneth J,, Levine, Leon, and Clark, J. P., Food Processing Operations and Scale-Up,
Marcell Dekker, 199 1.

Warnatz, J., Maas, U., and Dibble, R. W., Combustion, Springer Verlag, 1996.

Wei, J., Russel, T. W. F., and Swartzlander, M. W., The Sructure of the Chemical Process Industries,
McGraw-Hill, 1979.

Westerterp, K. R., van Swaaij, W. P. M., and Beenackers, A. A. C. M., Chemical Reactor Design and
Operation, Wiley, 1993.

Yergen, Daniel, The Prize, Simon and Schuster, 1991.



16

Introduction

11

12

1.3

From what you now know about chemical reactions, guess the (1) major uses and (2) reaction
processes that will produce the following chemicals starting only from natural gas (CH4 and
C,Hy), air, water, and salt.

(@) co;

(b) Hy;

(¢) CH;0H;

(d) ethylene;

(e) Cly and NaOH;
(f) phosgene;
(8) urea;

(h) toluene;

(i) HCHO;

() C;HsOH;

(k) vinyl chloride;
(1) acetic acid.

Throughout this course we will be examining reactions such as these. The objective of the
chemicd industry is to produce high-purity molecules in large quantities as cheaply as possible.
Many of your guesses will probably not be as effective as those currently practiced, and almost
all processes use catalysts to increase the reaction rates and especidly to increase the rate of
the desired reaction rate and thus provide a high selectivity to the desired product.

Write out the chemical formulas for the organic chemicals shown in Table I-2. What are the
IUPAC names of these chemicals?

There are several books that describe chemical processes, and these are excellent and painless
places to begin learning about how a particular chemical is made. One of the best of these
is Kirk-Othmer, Encyclopedia of Chemical Technology, an excellent multivolume set. Choose
one of the following chemicals and describe one or more processes and reactors by which it is
currently made.

Some bioprocesses:
citric acid
lysine
fructose
ethanol

Some microelectronic and ceramic precursors and materials:

silicon

SiHy

SiCly

GaAs

AsHj;

TiC coatings

TiOy pigment

cement

Some polymers and adhesives
silicones
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epoxy glue
urethane varnish
latex paint
polycarbonate plastics
Your instructor will specify the length of the writeup (<1 page each is suggested) and the number

of items required. He or she may suggest additional topics or alow you to choose some that
interest you.

1.4 From the list of wholesale prices from Chemical Marketing Reporter, caculate the value of

15

1.6

the ingredients in a bottle of aspirin or ilbuprofen (whichever bottle you have in your medicine
cabinet). How much per bottle is costs in processing, packaging, distribution, retail markup,
and advertising? Which of these is largest?

From the list of wholesale prices from Table I-4 caculate the wholesale price differences per
mole of the following processes:

(a) propane to propylene;

(b) ethylene to polyethylene;

(c) cyclohexane to benzene;

(d) ethylbenzene to styrene;

(e) styrene to polystyrene;

(f) propane to acetone.

All costs in a process obviously have to be less than these differences.

Our ancestors made vinegar by aerobic bacterial fermentation of acohol, which is derived from
sugar, while it is now made by carbonylation of methanol, which is derived by reaction of
synthesis gas, which is obtained by steam reforming of methane.

(a) Write out these reactions.

(b) Compare the industrial acetic acid price per pound with its price (in dilute water solution)
in the grocery store.

1.7 Our ancestors made acohol by anaerobic fermentation of sugar, while industrial ethanol is

1.8

1.9

made by hydration of ethylene, which is obtained by dehydrogenation of ethane.
(a) Write out these reactions.

(b) Compare the industrial price per pound of ethanol with its price (in dilute water solution)
in the grocery store after subtracting taxes.

Ethane costs $0.05/1b, and ethylene sells for $0.1 8/1b. A typica ethylene plant produces 1 hillion
pounds/year.

(8 What are the annual sales?

(b) If we had a perfect process, what must be the cost of producing ethylene if we want a profit
of 10% of sales?

(¢) The actual process produces about 0.8 moles of ethylene per mole of ethane fed (the yield
of the process is 80%). What is the cash flow of the process? What must be the cost of
producing ethylene if we want a profit of 10% of sales?

What are price differences in manufacturing the following chemicals? Use prices in Table |-4
and assume that any O,, H,, or CO reactants are free and any H, produced has no value.
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(@ methanol from methane;

(b) acetic acid from methane;

(c) formadehyde from methane;

(d) cumene from benzene and propane;

(e) acetone and phenol from cumene;

(f) ethylene from ethane;

(g) ethylene glycol from ethane;

(h) benzene from cyclohexane; .

(i) PET from ethylene glycol and terephthalic acid;
(j) PET from ethane and xylenes;

(k) polystyrene from ethylene and benzene.

What must be the cost per pound of manufacturing each of these chemicals if we need to make
a profit ot 10% of sales, and al processes have 80% yield?

Most chemical processes involve multiple stages. What must be the relative costs of each stage
for the following processes assuming the prices in the table?

(a) ethane to ethylene glycol;

(b) acetone and phenol from cyclohexane and propane;

(c) caprolactam from benzene and methane (to produce ammonia);
(d) acetic acid from methane.

Note that the prices of chemical intermediates are in fact determined by the costs of the individual
prices.

Shown in Figure I-I are formulas of some organic chemicals that are produced by the chemical
and pharmaceutical industries. Some of these are molecules that you eat or use every day and
some of these you redly do not want to be near. From your previous courses in organic chemistry
and biochemistry and by discussing with fellow students, name the compounds.
1. sucrose
2. glucose
3. fructose
4. fat
5. soap
6. detergent
7. vitamin C (ascorbic acid)
8. 2,4,5-T (Agent Orange)
9. dioxin
10. DDT
11. ibuprofen
12. aspirin
13. Tylenol (acetaminophen)
14. Contac (phenylpropanolamine)
15. Vaium (diazepam)
16. amphetamine
17 methamphetamine
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18. Roundup (glyphosphate)
19. PCB

20. chlorophyll
21. citronella
22. morphine
23. heroin

24. thdidomide
2.5, penicillin
26. glycerin
27. caffeine
28. citric acid

The following problems relate to the molecules in the figure.
(& How does one convert salicylic acid to aspirin?
(b) How does one convert morphine to heroin?

(c) Phenyl acetone is a harmless chemical, yet it is a controlled substance. What can it be easily
converted into? How would you run this reaction? [Do not try part b or ¢ at home.]

(d) What is the reaction by which sucrose is converted into fructose and glucose? This reaction
occurs in your stomach.

(e) What is the reaction by which glucose is converted into fructose? It is probably easier to
visudize this reaction if the molecules are opened up into linear chains. The production of

high-fructose corn syrup in soft drink sweetener is a major chemical process using enzyme
catalysts.

(f) Thalidomide has one chiral center. One isomer is a tranquilizer, while the other causes
serious birth defects. What are these isomers?

(9) What is the reaction that converts fat into soap?
(h) Detergents are made by reacting a-olefins with sulfuric acid. What are the reactions?

(i) Agent Orange is a fairly harmless herbicide that was used as a defoliant in the Vietnam
War, and dioxin is a minor but very troublesome byproduct of manufacturing Agent Orange.
What is the reaction that converts Agent Orange into dioxin?

(j) Why was PCB a popular heat transfer fluid and transformer oil?
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REACTION RATES, THE
BATCH REACTOR, AND
THE -REAL WORLD

n the previous chapter we discussed some topics that chemica engineers need to know

about chemicd reections and chemica reectors. In this chapter we will begin to define

quantities, formulate and solve massbalance equations, and consider some examples.
We will then completely change topics and summarize some of the maor reactors in the
petroleum and chemica industries.

We will consider only the batch reactor in this chapter. This is a type of reactor that does
not scde up wel a al, and continuous reactors dominate the chemica industry. However,
dudents are usudly introduced to resctions and kinetics in physicd chemistry courses
through the batch reactor (one might conclude from chemistry courses that the batch reactor
is the only one possble); so we will quickly summarize it here. As we will see in the next
chapter, the equations and their solutions for the batch reactor are in fact identica to the plug
flow tubular resctor, which is one of our favorite continuous reectors, so we will not need
to repeat dl these definitions and derivations in the section on the plug flow tubular reector.

In padld with these definitions and equations and their solutions, we will describe
in this chapter some examples of important processes in the chemicd engineering industry.
This materid will initidly be completely disconnected from the equations, but eventudly
(by Chapter 12) we hope students will be able to rdate the complexities of industrid practice
to the smplicity of these basic eguations.

Much of this chapter will be a review for those who have had courses in chemica
kinetics. In this chapter we will dso review some aspects of thermodynamics that are
important in considering chemicd reactors. For students who have not had courses in
kingtics and in the thermodynamics of chemicd reections, this chapter will serve as an
introduction to those topics. This chapter will aso introduce the notation we will use
throughout the book.

CHEMICAL REACTIONS

We firg describe our representation of chemica reactions. Consider the isomerization
reection of cyclopropane to propylene,

21
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cyclo-CsHg — C3Hg
or in symbols

A — =\

Propylene will not sgnificantly transform back to cyclopropane, and we cdl this reaction
irreversible. The irrevershble first-order reaction

A— B

is the most used example in chemica kinetics, and we will use it throughout this book as
the prototype of a “Imple’ reaction. However, the ring opening of cyclopropane to form
propylene (which has aolutely no indudrid dgnificance) is one of only a handful of
irreversble isomerization reactions of the type A — B.

Next condder the motion of the double bond in butylenes

trans-2-C;~ — cis-2-C3=
cis-2-CF= — trans-2-C3~
1-C= — trans-2-C3~

is0-C;~ — trans-2-C2=

[Throughout this book we will refer to chemicds and processes by their common
names and by chemicd symbols. We believe thet it is essentid for chemica engineers to
be literate in dl the designations used by organic chemists and by customers. One of the
important skills of a successful engineer is the ability to ded with colleegues in their own
langueage, rather than being confined to one set of units and notation. Examples of names
and symbols are butylenes versus butenes, and syrene versus phenylethene. (What is the
common name of polymerized chloroethene? Answer: PVC) Students unfamiliar with
particular notations may want to review them from organic chemidry texts. The materid
in those courses redly is important, in spite of what you probably thought when you were
taking them.]

The above reactions al have one reactant and one product, and we write them as

A—~>B

However, the reactions of butylenes will al proceed among each other and are described
as reversible; so0 there are 12 reactions among the four butylenes.
We write each of these as

AZB
sgnifying thet the process involves both A — B and B ~—~ A. We can write the complete st
of butylene isomerization reactions as shown in Figure 2-1. Since each of these molecules
can isomerize to dl the others, this is a set of 12 chemicd reections.
Next condder the formation of nitric oxide from ar

1 1
—2-N2 + 502 — NO
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Figure 2-I The 12 reactionsamong 4

isomers of butylenes. —_
-

XK M
s~ =

This is an extremey important reaction to which we will refer throughout this book. It is
responsible for dl NO, formation in the atmosphere (the brown color of the air over large
cities) as wel as nitric acid and acid rain. This reaction only occurs in high-temperature
combustion processes and in lightning bolts, and it occurs in automobile engines by free-
radica chain reaction steps, which will be the subject of Chapter 10. It is removed from
the automobile exhaust in the automotive catdytic converter, which will be considered in
Chapter 7.
The above reection can aso be written as

N2 + 02 — 2NO
We could generdize these reections as
1 1
~A+-B
R R
or
A+B—-2C

with A = N,, B = O,, and C = NO. The coefficients of the chemica symboals in a reaction
are termed stoic&metric coefficients, and it is evident that one can multiply dl of them by
a congant and ill preserve mass conservetion.

We need to distinguish between stoichiometric coefficients of reactants and products.

For this we move dl terms to the left with gppropriate signs, so that the preceding reaction
becomes

—A—-—B+2C=0
Further, snce the dphabet is limited, we will increese our capacity for naming chemicas
by naming a species j as A;, so that this reaction is
—A1—A+2A3=0

with A} = N, A, = O,, and A; = NO. In this notation the generalized single reaction
becomes
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N
ZvjAj =0
Jj=1

The quantity v; is the stoichiometric coefficient of species j, and by convention v; < O for
areactant and v; > 0 for a product.

All reactions must stisfy mass conservation. The resction A — B must be an
isomerization reaction because the molecular weights of A and B must be identica. Also,
one should add to these relations the reguirements that the number of atoms of each dement
must be consarved, but this is usudly intuitively obvious for most reection systems. We do
this whenever we baance a chemica equation.

High-fructose corn syrup

There is @ least one important reversble isomerization reaction in chemicd engineering, the
converson of glucose into fructose. All soft drinks are essentidly sugar water with a smal
amount of flavoring added (usudly synthetic), and you like to drink them bascaly because
they taste sweet. The naturd sugar in sugar cane and sugar beets is badcaly sucrose, a
dissccharide condgting of one molecule of glucose and one molecule of fructose. Plants
form these molecules as food reserves for themsdves, and we harvest the plants and extract
sucrose in water solution from them. We have bred strains of cane and beets that produce
much more sucrose than they would by naturd sdlection.

Sucrose is rapidly dissociated into glucose and fructose by the enzymes in your mouth
and in your stomach, and your taste receptors sense sweetness. A problem (for Coca Cola)
is that fructose tadtes five times as sweet as glucose; so 40% of the sucrose they purchase
is wasted compared to pure fructose. A problem for you is that both sugars have the same
cdories, and the soft drink companies want to advertise lower caories for an acceptable
sweetness.

Within the past 20 years chemica engineers figured out how to run the reection to
convert glucose into fructose

glucose 2 fructose
which when drawn out looks as shown in Figure 2-2.

H 0 Figure 2-2 Isomerization reaction that converts
\C’/ CH.OH ducose into fndee An ewme cams ifis rex
I I 2 tion to run selectively near room temperature. This
H-C—=0H C= process, the largest bioprocess in the chemicd indus-
I =0 try, meakes highfructose com syrup for the  beverage
HO-A-H —> HO=C—=H industry.
-« '
H -IA - OH H~C—OH
H-C—-OH H-A-OH

| |
CH,0H CH,OH
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The equilibrium in this isomerization reaction is 58% fructose and 42% glucose. An enzyme
was discovered caled glucose isomerase, which isomerizes the molecule by exchanging
the end adehyde group with the neighboring OH group to convert glucose into fructose.
This enzyme cannot isomerize any other bonds in these molecules. This is fortunate because
only this isomer tastes sweet and is digestible, S0 nho manmade catalysts could hope to be
successful in this process.

The high-fructose corn syrup (HFCS) industry produces -10 million tons of fructose
from glucose annudly (how many pounds do you purchase per year?), and this is the mgor
industrid  bioengineering processes today, a least in volume

This process could not work without finding an effective and chegp way to run this
biologicd reaction and to separate fructose from glucose (sucrose contains 50% glucose).
These were accomplished by finding improved drains of the enzyme, by finding ways to
immobilize and sabilize the enzyme on solid beads to keep them in the reactor, and by
finding adsorbents to separate fructose from glucose.

These are accomplished in large fermenters in chemica plants, mogtly in the Midwest.
The chegpest feedstock is starch rather than sugar (other enzymes convert sarch to glucose),
and corn from the Midwest is the chegpest source of starch.

Artificial sweeteners have aso been developed to give the taste of sweetness without
the cdories. These chemicas have sweetness many times that of sugar; so they sdl for high
prices as low-cdorie sweeteners. Many atificiad flavors have adso been developed to replace
natural biologica flavors. In dl cases we search for processes that convert inexpensive raw
materids into chemicds tha taste or smdl like naturd chemicds, ether by producing the
same chemica syntheticdly or by producing a different chemicd that can replace the naturd
chemicd.

In this book we will consder mostly the simpler chemica reaction processes in the
petroleum and commodity chemicds industries because they are more “centrd” to chemicd
engineering. However, the same principles and drategies goply in the pharmaceuticd and
food indudtries, and students may need these principles for these or other gpplications later
in their careers.

MULTIPLE REACTIONS

Every chemicd process of practica interest, such as the isomerization of butylenes written
previoudy, forms severa products (some undesired) and involves multiple reactions.
Consder next the reaction system

N> + O, — 2NO

2NO + Oy = 2NO,

In NO, smog formation (NO, is a mixture of NO, N»O, NO,, N»Oy4, and N,0s) the NO is
produced by reaction of N; and O; a the high temperatures of combustion in automobiles
and fossl fud power plants, and NO, and the other NO, species are produced by subsequent
low-temperature oxidation of NO in air. NO is colorless, but NO, absorbs visble radiaion
and produces brown haze. We write these reections as a s&t of two reactions among four
Species,

— A — Ay +24; =0

—24A3—- A, +2A,=0
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where Ay is N, A, is O,, ec. This is a smplification of dl the possible reactions involving
N and O atoms, since we have not included stable molecules such as N,0O, N»O;, NOs,
and N,Os.

We can generdize this notation to any set of reactions as

N
ZU,jAjzo i=1,2,...,R
Jj=1

as a st of R reactionsamong S species, with j(= 1 to S) the index of chemicd secies
and i(= 1to R) the index of the reaction. Thus we cdl v;; the stoichiometric coefficient
of species j in reaction i. We will use this standard notation throughout this book, and we
suggest that you adways give the is and js these meanings and never reverse them.

REACTION RATES

We next need to describe the rates of transformations of chemica species among each
other. For this we use the symbol r for a single reaction and r; for the ith reaction in a
multiple reaction system. Reaction rates are basicdly empiricd expressons that describe
the dependence of the rate of transformation on the parameters in the system.

Rate of a single irreversible reaction

It is found by experiment that rates dmost dways have power-law dependences on the
dendties (such as concentration, dendty on a surface, or partia pressure) of chemicd
species. For example, our first example of the homogeneous reaction of cyclopropane to
propylene exhibits a rate of decompostion that can be written as

r = k [cyclopropane]
while the homogeneous NQO, formation from NO and oxygen has a rate
r = k[NOJ*[0,]
In these expressions we write the rate as a podtive quantity, designated by lower-case r,
with dimendons of amount converted per unit volume per unit time.
We usudly use the number of gram moles N; of species j in a reactor of volume V to

describe the amount of that species For densty we will usudly use concentration (moles
per volume),

which is usualy expressed in moles per liter (one liter equals one cubic decimeter or dm®
in S units). This unit is egpecidly useful for dendties of gpecies in liquid solution, but we
can dso use it for gaseous and solid solutions. For symbols of concentration we use the
following notetions for species A

C4 = [Al = [cyclopropane]
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or for species j

G =T[4l

In gases the most used quantity for the density of species j is the partid pressure P
This can be related to concentration and mole fraction y; through the relations

and
Pj = yjP = CjRT
where P isthe total pressure and N is the totd number of moles in the system. In this equation
we assume ided gases (PV = NRT) to relate partia pressure to concentration, while for
nonideal gases (not considered here) we would need an equation of state to describe the
densty of each chemica species
For liquid solutions we could use

N;
2 N;
where x; is the mole fraction of spedies j in liquid solution. However, we will use only the
concentretion, C; = N; / V, throughout this text.

For an irreversible reaction we can frequently describe the rate to a good approxima:
tion as

Xj=

where m; is the order of the reaction with respect to the jth species and the product extends
over dl species in the reaction with m; = O for species that do not affect the rate of reaction.
If the rate is proportiona to the concentration of a species raised to a power (m;), we say
that this form of the rate expresson is described by “power-law kinetics” This empirica
function is frequently used to describe reaction rates, but it frequently is not accurate,
especidly with surface or enzyme-catdyzed reactions, which we will consder later.
Severd dternate definitions of the reection rate are used in different texts. In our
notation we will dways write a chemicd reection as an equation and then define the rae

of that reaction as the postive rate of change for that particular stoichiometry. Consider the
reaction

2A - B+ 3C, r= k[A]

In an dternate definition of reaction rates, one writes a rate as the rate offormation
of each species. In that notation one would define ¥4, rg, and r¢, with the definitions

ra = —2k[A]F = -2
rg= +k[A] = r
rc = +3k[AY = +3r



28

Reaction Rates, the Batch Reactor, and the Real World

These rates are the rates of production of species A, B, and C (rj = v;r); so these rates are
written as negative quantities for reactants and postive quantities for products. This notation
quickly becomes cumbersome for complex reaction stoichiometry, and the notation is not
directly usable for multiple reaction systems.

We will condder the rate r as a single postive quantity describing the rate of a
particular reaction. Note thet the rate can now only be defined after we write the chemica
reection. In our two ways of writing the NO formation reaction previoudy, the rate would
be smdler by a factor of two when the stoichiometric coefficients are multiplied by a factor
of two.

Rates of reversible reactions

If the reaction is revershble, we frequently find that we can write the rate as a difference
between the rate of the forward reaction r¢ and the reverse (or back) reaction ry,

R R

iy

r=ri=ry= ki ch;nfj - kb_H]Cj >
j= Jj=

where m¢; and my; are the orders of the forward and reverse (or back) reactions with respect
to theith species, and ks and &y, are the rate coefficient of the forward and reverse reactions.

Rates of multiple reactions

We dso need to describe the rates of multiple-reaction systems. We do this in the same way
as for single reactions with each of the i reactions in the set of R reactions being described
by arate r;, rate coefficient k;, order of the forward reaction my;; with respect to species j,
€etc.

We repeat that the procedure we fallow is first to write the reaction steps with a
consstent stoichiometry and then to express the rate of each reaction to be consistent with
that stoichiometry. Thus, if we wrote a reaction step by multiplying each stoichiometric
coefficient by two, the rate of that reaction would be smdler by a factor of two, and if we
wrote the reaction as its reverse, the forward and reverse rates would be switched.

For a multiple-reaction system with reversible reactions, we can describe each of the
R reactions through a reection rate r;,

R R
m; Mpij
ri=rfi-rbi:kfillcj ”—-kbiHCj
j=1 Jj=1

with symbols having corresponding definitions to those used for sngle reections.

This looks like a maze of notation, but for most examples this notation meredy
formdizes what are usudly smple and intuitively obvious expressions. However, we need
this forma notation for Stuaions where intuition fals us, as is the case for mogt industid
reaction processes. Whenever areaction is irreversible, we use k and m; as rate coefficient
and order, respectively, omitting the subscript f.
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APPROXIMATE REACTIONS

Condder the hydrolysis or sgponification of an ester (ethyl acetate) into an acohol (ethanol)
and an acid (acetic acid),
CH3;COOC,Hs + H,O 2 CH3;COOH + C;Hs;OH
This reaction and its reverse teke place readily in basc agueous solution. We write this
reaction as
A+B2C+D
Next consder the addition of water to an olefin to form an acohol,

RCH = CH; + H,0 & RCH,CH,OH
which can be written as

A+B22C

In many dStudions we carry out these reections in dilute agueous solutions, where
there is a large excess of water. The concentration of pure liquid water is 55 molesliter,
and the concentration of water in liquid agueous solutions is nearly congtant even when
the above solutes are added up to farly high concentrations. The rates of these forward
reactions are

r = k[CH3;COOC,H;5][H;0]

and

r = k[RCH = CH2][H20]
respectively. However, since the change of the concentration of water [H,O] is usudly
immeasurably smdl whenever waer is a solvent, we may smplify these reections as
CH;CO0OC;Hs — CH3COOH + C,HsOH, r = k[CH3;COOC;Hs]
and

RCH = CH; - RCH,CH,0H, r = k[RCH = CHy]

These reactions do not satisfy total mass conservation because the mole of water is omitted
as a reactant. We have dso redefined a new rate coefficient as k = k[H, O] by grouping the
nearly congtant [H,O] with k. After grouping the concentration of the solvent [H,O] into
the rate coefficient, we say that we have a pseudo-firs-order rate expression.

It is farly common to write reactions in this fashion omitting H,O from the chemica
equation and the rate; so these reactions become of the type

A—-> C+D, r=kCyu
and

A — C, r =kCy

respectively. Thus, besdes isomerization, there are in fact a number of reections that we

write gpproximetely as A = B or A — products, so our use of these smple rate expressons
is in fact appropriae for a large number of reection systems.
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Reaction rate expressons are dways empirica, which means tha we use whatever
expression gives an accurate enough description of the problem at hand. No reactions are as
smple as these expressions predict if we need them to be correct to many decima places.
Further, dl reaction sysems in fact involve multiple reections, and there is no such thing
as a truly irreversible reaction if we could measure dl species to sufficient accuracy. If we
need a product with impurities at the parts per billion (ppb) leve, then dl reections are in
fact reversble and involve many reections.

Chemica engineers get paid to make whatever approximations are reasonable to find
answers & the level of sophistication required for the problem at hand. If this were easy,
our sdaries would be lower.

RATE COEFFICIENTS

We next condgder the ks in the above expressons. We will generdly cdl these the rate
coefficients (the coefficient of the concentration dependences in r). They are sometimes
cdled rate constants; they are independent of concentrations, but rate coefficients are dmost
aways grong functions of temperature.

It is found empiricdly that these coefficients frequently depend on temperature as

K(T) = koe /%7

where E is cdled the activation energy for the reaction and &, is cdled (unimeginatively)
the pre-exponential factor.

This relation is credited to Svante Arrhenius and is cdled the Arrhenius temperature
dependence. Arrhenius was mainly concerned with thermodynamics and chemicd equilib-
rium. Some time later Michad Polanyi and Eugene Wigner showed that smple molecular
arguments lead to this temperature dependence, and this form of the rae is frequently caled
the Polanyi-Wigner relation. They described chemical reactions as the process of crossing
a potential energy surface between reactants and products (see Figure 2-3), where Ef and

|
|

!

energy Ey energy

reaction coordinate —» reaction coordinate —

Figure Z-3 Plot of energy of reactants and products in a chemical reaction versus the reaction coordinate,
The activation energy for the forward reaction isE;, for the back reaction £}, and the heat of the reactionis
A Hg = Ef= E,. The curve at the left is for an endothermic reaction (E¢ > E,,). while the curve at the right

is for an exothermic reaction (E; < Ep).
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Ey, are the energy barriers for forward and reverse reactions, A Hp is the hest of the reaction
to be discussed later, and the horizontd scde is caled the reaction coordinate, an ill-defined
digance that molecules must travel in converting between reactants and products. Polanyi
and Wigner first showed from datistical mechanics that the rates should be described by
expressions of the form as given in the boxed eguation by a Boltzmann factor, exp( —E / R T),
which is the probability of crossng a potentid energy barrier between reactant and product
molecules. In fact, it is very rare ever to find reaction-rate coefficients that are not described
with fair accuracy by expressons of this form.

This functiond form of k(T) predicts a very strong dependence of reaction rates on
temperature, and this fact is centrd in describing the complexities of chemica reactions, as
we will see throughout this book.

¢ Example 2-1 How much does a reaction rate with an activation energy of 15,000 cal/mole
% vary when the temperature is incressed from 300 to 3 10 K? From 300 to 400 K?

The ratio of the rate of this reaction a 3 10 K to that at 300 K,
kg e /R exp[—15,000/(2 x 310)]

kyo e E/RL  exp[—15,000/(2 x 300)] ~ 2.4
(We use the gpproximation of R = 2 cal/mole K). Between 300 and 400 K this
ratio is very large,

kao e E/RT _exp[—15,000/(2 x 400)]

ks  e~E/RT: ~ exp[—15,000/(2 x 300)]
This shows that for this activetion energy an increese of temperature by 10 K
approximately doubles the rate and an increase of 100 K increases it by more than
a factor of 500.

=517

This example shows why the temperature is so important in chemica resections. For
many nonreecting Stuations a 10 K increase in T is indgnificant, but for our example it
would decrease by a factor of two the size of the reactor required for a given conversion. A
decrease in the temperature by 100 K would change the rate so much that it would appear to
be zero, and an increase by this amount would make the rate so fagt that the process would
be difficult or impossble to handle

Let us condder findly the units of k. Badscdly, we choose units to make the rete (in
moles liter-t time-i) dimengonaly correct. For r = kCY%, k has units of liter"~ | mole!~ »
time~!, which gives k(time~1) for n = 1 and k(liters/mole time) for p = 2. The units of k
for some common orders of reections are shown in Table 2-I.

ELEMENTARY REACTIONS

We emphasize again tha rate expressions are basicdly empirical representations of the
dependence of rates of reaction on concentrations and temperature, r(C; , T). From the
preceding examples and from intuition one can guess the order of a reaction from its
stoichiometry. The forward rates gppear to be proportiona to the concentrations of reactant
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TABLE 2-I

Units of Reaction-Rate Coefficients

Order Units of k

1 time~!

0 moles liter-l time~!
2 liter mole~! time~!

3 liter2 mole =2 time~}
05 moled5 liter-0.5 time~!
n (liter/mole)"~ ! time~!

raised to powers mg; equa to their stoichiometric coefficients, while the backward rates
appear to be proportional to the concentrations of products raised to the powers my,; of their
goichiometric coefficients, or, more formdly,

mg; = —Vj, vi <0
me; =0, vi> 0
My = Vj, vi >0
mp; = 0, vi < 0

This st of redions between resction orders and stoichiometric coefficients defines what
we cdl an elementary reaction, one whose kinetics are consstent with stoichiometry. We
laer will consder another redtriction on an eementary reaction that is frequently used by
chemigts, namely, that the reaction as written adso describes the mechanism by which the
process occurs. We will describe complex reactions as a sequence of dementary steps by
which we will mean tha the molecular collisons among reactant molecules cause chemica
transformations to occur in a sngle step a the molecular leve.

We note again that there is an arbitrariness in writing a reaction because dl these
v; coefficients can be multiplied by a congtant without changing the nature of the reaction
or violating mass conservation. Thus, for NO decomposition, written previoudy as two
different resction equations, we would be tempted to write ether r = k[NO]'? or
r = k[NOJ'. However, one of these must be incorrect, and in some stuations neither
equaion correctly describes the experimentaly observed raes. Only in some simple
Stuations are reactions described by elementary kinetics.

On a molecular level, reactions occur by collisons between molecules, and the rate
is usudly proportiond to the dengty of each reacting molecule. We will return to the
subject of reaction mechanisms and eementary reactions in Chapter 4. Here we define
elementary reactions more smply and loosdly as reections whose kingtics “agree with’
their doichiometry. This reationship between goichiometry and kindics is sometimes
cdled the Law of Mass Action, dthough it is by no means a fundamentd law of nature, and
it is frequently invdid.

STOICHIOMETRY

Molecules are lost and formed by reaction, and mass conservation requires that amounts

of species are related. In a closed (batch) system the change in the numbers of moles of i
molecular species N; are related by resction stoichiometry.
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For our NO decomposition example NO — %Nz + %02, from an O atom baance we
see that

1
ENNO + No, = congtant

while an N atom baance gives

1
3 Nno + Ny, = condant
and subtracting these, we obtain

Nn, — Ng, = congtant
in a cdosed system. The soichiometry of the molecules requires that the moles of these
species are related by these relations.
Subtracting the initia vaues (subscript 0), we obtain relations such as
NNO - NNOO =] 2NN20 ZNN2
or
ANno = —2ANN,
In generd, for any single reaction we can write

Ni = Njo _

Vi

dl j

and we can write S — 1 independent combinations of these reaions among S chemica
species in a reaction to relate the change in number of moles of al species to each other.
There is therefore dways a single composition variable that describes the relaionship

among al species in a sngle reaction. In the preceding equation we defined x as the raion
between the N; s,

Nj = NjO +vix
and we will cal the quartity x the number of moles extent.

For smple problems we most commonly use one of the reactants as the concentration
varidble to work with and label that species A to use C4 as the vaiable representing
composition changes during reection. We aso make the stoichiometric coefficient of that
species v, equa to — 1.

Ancther way of representing a single reaction is fractional conversion X, a dimen-
sionless quantity going from O with no reaction to 1 when reaction is complete. We define

X through the rdation
Ng = Npo(l = X)
Tomake 0 < X < 1 we also have to choose species A as the limiting reactant so that this

reactant disappears and X agpproaches unity when the reaction is complete. We can then
define dl species through the relation

Vi

= NpoX
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Recdl our NO decomposition example, NO — 1N, + 10,. Sating with Nyg =
Nno, initidly, and al other species absent, we can relate moles of dl species through the
relaion

Nno = Nnoo(1 = X)
Ny, = 3 NnooX + Niyo

No2 = lNNOOX + Now

For multiple reactions we need-a variable to describe each reaction. Further, we cannot
in generd find a single key reectant to call species A in the definition of X. However, it is
graightforward to use the number of moles extent x; for each of the R reections. Thus we
can define the change in the number of moles of species j through the reletion

R
Nj - Njo + Zvij)(,‘
i=1
To summarize, we can dways find a single concentration variable that describes the
change in dl species for a dngle reection, and for R smultaneous reactions there must
be R independent varidbles to describe concentration changes. For a single reaction, this
problem is smple (use either Cy or X), but for a multiple-reaction system one must st up
the notation quite carefully in terms of a suitably chosen st of R concentrations or x; S.

REACTION RATES NEAR EQUILIBRIUM

In thermodynamics we learned how to describe the compostion of molecules in chemica
equilibrium. For the generdized single reaction

S
Z VjAj =0
Jj=1

it can be shown that the free energy change in a sysem of chemicdly interacting species is
relaed to the chemical potentids u; of each species through the relaionship
s s
AG :ZU]'GJ'Z Vil

j=1 j=1
where G is the Gibbs free energy per mole of species j and AG is the Gibbs free energy
change per mole in the reaction. We cal u; = G; (actudly 9G/d N;, the partid molar free
energy) the chemical potential of species j. The chemical potentiadd of species | is relaed
to its chemical potentid in the standard dtate (the state in which the activity a; of species j
is unity) by the relaion

K = pj + RT Ing;

At chemica equilibrium a congant temperature and pressure the Gibbs free energy
of the sysem is a minimum and AG = 0. Therefore, we have



Reaction Rates Near Equilibrium 35

s s )
Z viu; =0= Z vju;’ + Z v;RT Ing;
j=1 j=1 j=1
a chemicd equilibrium. In this expression g; is the activity of species j, which is a measure
of the amount of a species defined such that a; = 1 in the standard state where p; = u?.
For gases the standard stete is usualy defined as the ided-ges state a 1 bar (1 bar=1.023
am), while for liquids it may be ether the pure materid or the materid in a solution a a
concentration of unity. The definitions of standard state and activity are somewhat arbitrary,
but they are uniqudy related by the definition of unit activity in the dandard sate. Once
the standard dtete is defined, the Stuation is well defined.

Next, dividing the preceding equation by RT and teking exponentids on both sides,
we obtain

vl R
oo (-2 %7 ) =11
]:

Since we define 3 vj,u;’ = AGy, the Gibbs free energy change of the reection in the
standard state, we obtain

R AGy
Vi — - =K
jl;llajj - ( RT ) h

where Kq is the equilibrium condant as defined by this equation. [We note in passing
that this notation is mideading in tha the “equilibrium congant” is condant only for
fixed temperature, and it usudly varies srongly with temperature. To be consgent with
our definition of the “rae coefficent,” we should use “equilibrium coefficient” for the
equilibrium congtant, but the former designation has become the accepted one]

We define the standard dtate of a liquid as a¢; = 1 and for gases as an ideal gas pressure
of 1 bar, P; = 1. For ided liquid solutions (activity coefficients of unity), we write a; = C;;
0 a chemicd equilibrium

AGy R
Keq = €Xp (_ RTR> = ; ICJIIJJ
j=

and for gases

AGy R
Keq = exp (‘ RTR> =1 Pjvj

j=1

where the difference between these K.ys is that they are defined from y;s a C; = 1 and
P; = 1, respectively. In these expressions K.q is dimendonless, while P; has dimensions
this equation is il correct because we implicitly write each partid pressure as P; / 1 and
C; / 1, which are dimensionless.
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We can now return to our reection sysem and examine the Stuation near chemica
equilibrium. For a reversble reaction we have

mg My
r=r n= kfl_[reactantscj I - kbnproductsc' =0
because the rate is zero a chemica equilibrium. Rearranging this equation, we obtain
ke _ILG™ _
ko T CJ"n Y

my;—me;
C- J J

R
L

1
Since we just noted that

AGy v
Keq = exp (— RT ) =[1¢/

we can immediately identify terms in these eguaions,

ke
Keg=—
eq kb
and

Vj = mbj - Ms;

a equilibrium. There is an apparent problem in the preceding equations in that Kq is di-
mensionless, while &; and k;, can have different dimensions if the orders of forward and back
reections are not identica. However, as noted, we implicitly divide al concentrations by
the standard date values of 1 molelliter, so that dl these expressons become dimensionless.,

From the preceding equations it can be seen that the rate coefficients and the equilib-
rium congant are related. Recal from thermodynamics that

AGY = AH, T AS}

where AHE is the standard state enthalpy change and A Sy is the standard state entropy

change in the reaction. Both AHg and A Sy are only weskly dependent on temperature. We
can therefore write

Keq = exp(=AGY/RT) = exp(ASS/R) exp(—AHg/RT)

ke expl—(Er — Ey/RT]
ky koo
Therefore, we can identify
Ef - Eb = AH;
and
kfo

— = exp(AS}/R
o = SXp(AS/R)

[While AG and AGy can have very different values, depending on T and P, AHg and
A Hy ae frequently nearly independent of T and P, and we will use A Hg from now on to

designate the heat of a reaction in any state. We will therefore frequently omit the superscript
o ONn AHR.]

These relationships require that reactions be dementary, and it is dways true that
near equilibrium al reactions obey dementary kinetics. However, we caution once again
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that in generd kinetics are empiricaly determined. These arguments show thet near
equilibrium the kinetics of reaections must be condgent with thermodynamic equilibrium
requirements.

Note dso that the description of a reection as irreversble smply means that the
equilibrium congant is so large that r; >> p,. The notion of an irreversible reaction is an
operationd one, assuming that the reverse reaction is aufficiently smal compared to the
forward reaction o that it can be neglected. It is frequently a good approximation to assume
a reaction to be irreversible when AGR « 0.

Returning to the energy diagrams of the previous figure, we see thet the difference
between E; and E,, is the energy difference between reactants and products, which is the
heat of the reaction A Hy. The hest of reaction is given by the relaion

AHg =} v H;
where H; is the heat of formation of species j. We necessarily described the energy scde
rather loosdly, but it can be identified with the enthapy difference A Hy in a reaction system
a congant pressure, an expresson smilar to that derived from classcad thermodynamics.

These relations can be used to edimate rate parameters for a back resection in
a reversble reection if we know the rate parameters of the forward resction and the
equilibrium properties AGR and A Hp.

We emphasize severd cautions about the relationships between kinetics and thermo-
dynamic equilibrium. Firgt, the relaions given apply only for a reaction that is close to
equilibrium, and what is “closs” is not dways easy to specify. A second caution is that
kinetics describes the rate with which a reection approaches thermodynamic equilibrium,
and this rate cannot be predicted from its deviation from the equilibrium compostion.

A fundamentd principle of reaction engineering is that we may be ade to find a
auitable catalyst that will accdlerate a desired resction while leaving others unchanged or
an inhibitor that will dow reection rates. We note the following important points about the
relations between thermodynamics and kinetics:

1. Thermodynamic equilibrium requires that we cannot go from one sde of the equilibrium
composition to the other in a single process.

2. Kinetics predicts the rates of reactions and which reactions will go rapidly or dowly
towards  equilibrium.

One never should try to make a process violate the Second Law of Thermodynamics, but
one should never assume that AGy done predicts what will happen in a chemica reactor.

REACTOR MASS BALANCES

We need reaction-rate expressons to insert into species mass-balance equations for a
particular resctor. These are the equations from which we can obtain compostions and
other quantities that we need to describe a chemicd process. In introductory chemistry
courses gudents are introduced to fird-order irreversible resctions in the batch reac-
tor, and the impression is sometimes left that this is the only mass baance that is im-

portant in chemicd reections. In practicd dtuations the mass badance becomes more
complicated.
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We will write dl reactor mass and heat baances as

accumulaion = flow in — flow out + generation by reaction

an expresson we will see many times in mass and energy balances throughout this book.
We remark before proceeding that equations such as

dCs _
== kG,

and its integrated form

CA = CAOe—kt

aise from a very special situation requiring both a single first-order irreversible reaction
and a constant-volume isothermal batch reactor. This example is dmogt trivial, dthough
we will use it frequently as a comparison with more interesting and accurate examples. The
assumption of firg-order kinetics is a smple firg guess for kinetics and a good darting
point before more eaborate calculations.

We note before proceeding that we must formulate and solve many mass-balance
equations. We grongly encourage the student not to memorize anything except the basic
defining relations. We sress that you should be adle to derive every equation from these
definitions as needed. This is because (1) only by being able to do this will you understand
the principles of the subject: and (2) we need to make many different gpproximations, and
remembering the wrong equation is disastrous.

THE BATCH REACTOR

A batch reactor is defined as a closed spatidly uniform system which has concentration
parameters that are specified at time zero. It might look as illudtrated in Figure 2-4. This
requires that the system either be dirred rapidly (the propdler in Fig. 24) or started out

spatidly uniform so that tirring is not necessary. Composition and temperature are therefore
independent of pogtion in the reactor, so that the number of moles of species j in the system
N; is a function of time aone, Since the system is closed (no flow in or out), we can write
smply that the change in the total number of moles of species j in the reactor is equd to the
gtoichiometric coefficient v; multiplied by the rate multiplied by the volume of the reactor,

Figure 2-4. Sketch of a uniform closed container for running chemical
reactions, which we cdl a bach rescor.

L Gi(t)

A
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[accumulation] = [generation by reection]
or

dN;
—L = VV]'I‘
dt

for a single reaction or

dN;
gti = V3 vijri

for multiple reactions. These are smple integral mass balances on species | integrated
over the entire reactor of volume V in a closed batch reactor for a single reaction and for
multiple reections, respectively.

The number of moles of species j in a batch reactor is smply the reactor volume Vv
times the concentration

so the above equation becomes
awvey)  dc dv
o a G =V

If the reactor is a congtant volume, then we can divide each term by V to yidd

dC;
d—t] = er(Cj)

which is usudly thought of as the “mass bdance for a single reaction in a batch reactor,”
dthough it is only vdid if the volume of the reector does not change, as we will discuss
later.

The first-order irreversible reaction
Let us immediately apply this equation to the firg-order irreversible reaction

A = B, r=kCy
The mass-balance equation on species A in a constant-density batch reactor is

dCy
—= = yr= —kC
at A A
snce vy = 1 We need an initid condition to solve a first-order differential equation,

and for this system we assume tha the reactor is charged initidly with reactant A to give
Csp= Cyo @ t = 0. The variables can be separated

dcC
A= kar
Ca
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and integrated from C4= Cyoat t=0to Cpat 1t = ¢

“ac f
A
—_— = —k dt
I Ca J
Cao t=0
to give
C
In—2 = —kt
. CAO
or

Cq = CAoe_kt

The above two smple equations are those you will use mogt often in this course.

The solution of C4(r) for the first-order irreversble reaction is plotted in Figure
2-5. For a first-order irreversible reaction C, decreases from Cy, at £ = 010 Cyo/e a
t =1k and to Cyuo/e? @ t = 2/k. For these kinetics doubling the reaction time increases

the converson by a factor of 10.

Example 2-2 The reaction A — B has k = 0.01 sec™!. For C4, = 2.0 moleslliter, what
time is required for 90% converson in a constant-volume batch reactor? For 99%? For

99.9%"?

Smple gpplication of the preceding eguation for 90% converson (C, = 0.2)
yidds
1 Ca 1. Cao 1 2
t=—-1In =+ =——1In—=1001In 10
P N S L YRy
= 100 x 2.303 = 230 sec

For 99% conversion (C4 = 0.02), we obtain

t:a—i)—lln100=100x2x2.303=460 sec

For 99.9% conversion (C4 = 0.002), we obtain

= ﬁ In 1000 = 100 x 3 x 2.303 = 690 sec

These problems are easy! Note that the reactor residence time (proportiona to
reactor Sze) increases markedly as the required conversion increases. Note aso
that for this example (first-order kinetics) we did not need even to specify Cuo
because the equetion involves only the ratio C4,/Ca.

We can use this solution for any firgt-order irreversible reection

A — products, r=kCy
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Figure 25 Plotsof C,(t) and Cp(t) versus kt for the first-order irreversible reaction A— B,r= kCxin a

batch reactor.

where “products’ could be B, 2B, B2, B + C, or any other combination of product species.
This is vaid as long as the density of the fluid does not change sgnificantly with composition,
and this is a good gpproximation whenever the fluid is a liquid or a gas in which the volume
is kept condant as the pressure changes so that there is a negligible change in number of

moles as the reaction proceeds.

Second-order irreversible reaction
For second-order kinetics

A — products, 1= kC3

we obtain
d& = —kC/24
dt
and separate variables to yied
d—C;é = —kdt
CA

With C4 = Cy @ t = 0, this equation can be integrated to give

fu-]

Cao

111
_k CA CAo

After rearanging and solving for C4(f), the expresson becomes

or
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CAo

Chm — 20
A 14 Caokt

We could dso write the above reaction as

2A - 2B, r=kC}

which looks like the standard form we suggested with m4 = —va. However, these are
exactly the same reactions except by the latter definition the rate coefficient k in this
expresson is % of that above because vy, = -2 This emphasizes tha dl Soichiometric
coefficients can be multiplied or divided by an abitrary constant, but the rate expresson
must be consistent with the stoichiometry chosen. The reaction and the corresponding rate
must be consistent, and we recommend that one aways write them out together as

co-—)uuu’ ]

so0 that the reaction and the rate are defined together.

Example 2-3 The reaction A — B obeys second-order kinetics with k = 0.01 liter
molel sec~!. The initid concentration is Cs, = 2 molesliter. What time is required for
90% conversion in a batch reactor? For 99%? For 99.9%?

Application of the equation yields
1 1
c= (Lo IV L (L DY 0 x5-05)
k\Cs Cao 0.01\02 2
= 450 sec = 7.5 min
for 90% conversion,

r= (L 1Y _ 10050 - 05) = 4950 sec = 1.38 1
001 L0.02 ~ 2

for 99% converson, and

1 1 1
= 0—0—1 ('0—@ - 5) = 100(500 — 0.5) == 49,950 sec = 13.9 h

for 99.9% conversion. Once we have an equation for the solution, we can frequently
solve the problem even without a hand caculator.

The nth-order irreversible reaction
For the nth-order irreversible reaction
A — products,  r=kC}
we obtain
dCy

i —kCK
dt




Figure 2-6 Plot of reactant concentrationC 4 versus dimension-

1)kc§;‘ ¢ for the nth-order imeversble reections A —
products, r = kC’j\. The expression is indeterminate for p =1.

less time (n
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We now separate the equation to yield

C," dCy = -kdt
This can be integrated
Cya t
/ c" dCA:-—f kdt
Cao 0
to obtain |
L (e —Cut)="H
Tnt 1l

wi

C(t) = Chofl + (n — l)kCZglt]]/““”)

This equation is vaid for any irreversible reaction of order r, but it cannot be used for p = 1
because the expresson becomes indeterminate.

The concentrations of species A can be plotted for an irreversible nth-order reaction
versus a dimensonless time scde nglkt (is this dimendonless?) as shown in Figure 2-6.

Low-order and negative-order reactions

The gtuetion for n < 1 can be handled by this expresson, but it reguires modification a
high conversons. For n = 0O, the mass-baance eguation is
dCy
dt
which when integrated from Cy4, a ¢ = O yidds

=-k

Ca= Cyo kt
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However, C, = O a ¢ = C,,/k and the concentration becomes negative for longer times.
Therefore, this expresson must be modified to become

Ca = Cyo = kt, I < Cao/k

CA = 0, t= CAo/k
Similar expressons must be used for any orders zero or fewer because reactant concentra-
tions go to zero a finite time and can never be negetive.

In fact, any kinetics of this type must be an approximation of a more complicated rate

expression. We will show later that‘catalytic reactions frequently obey expressons such as
kKCy
A - pl'OdUCtS, r = m

where k and K are temperature-dependent coefficients. In fact, K is an adsorption—
desorption equilibrium constant, as we will condder in Chapter 7. Note that whenever
KC, >> 1, this expresson becomes r = K, to give zeroth-order kinetics. However, as
Ca — 0, the rate becomes approximately

r %kKCA

and the reaction approaches first-order kinetics so that the solution for C4(¢) in a batch
reector varies smoothly for al times.
Smilarly the reaction
kKC,
A — products, r_ m
obeys negative-order kinetics,
_ Kk
y = FC:
if KC4>> 1, but again approaches first-order kinetics,

r= kKCA
ifKCs<< 1
We will encounter similar rate expressions of this type when we condder surface

or enzyme-catayzed resctions in Chapter 7. These rate expressions are caled Langmuir-
Hinshdwood and Michaelis-Menten kinetics, respectively.
These rates versus time would be plotted as shown in Figure 2-7.

Bimolecular reactions
Condgder next a bimolecular reaction

A+ B — 3C, r=kC,Cp
The mass bdance on A is
dcC,
dt
which cannot be solved without diminating Ce , We showed previoudy that the number of
moles of al species in a batch reactor are related by the relation

= —kC4Cp
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Figure2-7 Plots of Ca versust for an irreversible reaction for
n=0, % and 1. Thekineticsfor al reactions must approach first
order a the reactat concentration gpproaches zero to be condgent
with equilibrium requirements.

const

or
Cio—C;
Vj
for a congant-density system. Therefore, for this reaction the loss in A is equd to the loss
in B, which is equdl to 1 the gain in C, or in symbols

= const

1
Ca=Cao= Cp=Cpo= 3(Cco = Cc)
Therefore, we can immediately solve for the concentration of B,

CB = CBo - CAo + CA
Subsdtitution of Cp in terms of C, yields
dCy _
CA(CBO - CAo + CA) B
If Cao = Cpoa £ =0, then C, = Cy a al times and this expression is identicd to the
expression for a second-order reaction

-kdt

dCA _ 2
d‘t -_— “"‘kCA
This equaion can be integrated to yidd
CAo
Calt) - ————
a®) - 1 + Cpokt
and we can find Cp (¢) = Ca(t) and Cc(t) by subdtitution of C,(¢) into the preceding

relations.

We could dso solve this equation in terms of the fractional converson X by expressing
both C4 and Cp in terms of X. We can write C4 = Cao( 1 ~ X), which gives dC4 =
—Cao dX. If C4q = Cp,, then the mass balance becomes
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dx
- Cao - = —kC% = kCE (1 - X)
0 that
dx
- kCao(1 ~ X)2

This equation can be integrated to give X(t) = kCaot/(1 + kCyot) and subgtituted back
into Cp = Cg= Cpyo(l = X) and Cc = CaoX tofind Cx(2), C,(t), and Cp(z). However,
for most smple reaction systems it is just as convenient (and there is less chance of a
mathematical error) to work directly in concentration units.

Reversible reactions

The next more complex rate expression is the reversble reection

AZB, r = kaA""kbCB
IfCqy =Cyoand Cp = 0atr =0, we have

t

cA e

/ 4 = —-/dt = -t
kiCy — kp(Cao — Ca)

Cao 0

{Infk;Cy = kp(Cpo — Ca)] — Infke Cyol}

- ke + ky
Rearranging and solving for C4(¢), we obtain
kg
Ca(t) =Cao|1- 1—e—<kf+kh>f)
A(?) A ( pa +kb( )

We can proceed to examples of increasing complexity. For example,

A2 2B, 1= kCa—kCh
can be written as a function of C4 done from the rdation Cp = 2(C40 — C4). Subdtitution
gives the integrd
c
o /" dC,
B P keCa — 4ky(Cao =~ Ca)?
Ao

which mugt be solved by factoring the denominator of the integrand and solving by partid
fractions.

# Example 24 Solve the preceding example by partid fractions to find C4 o

You have seen patid fraction solutions to integra equations in math courses. We
will find many dtuations where rate equations can only be integrated by partia
fractions, so it is worth reviewing this procedure. The solutions are smple but they
require some dgebraic manipulaion. The integrand of the previous integrd can
be written as
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dcCy dx dx n dx
ki Ca=4kp(Cao—Ca)? = (x —xDX=~x) =Xx—X x—x

where x; and x; are the roots of the polynomia k;C4 — ku(Cao — C4)?. This gives

Ca Ca Ca
t = / dCy _ / dx + /‘ dx
kiCay = 4ky(Cao ~ Ca)? ) x—x X —x
Ao Ao Cao
CA - X1 CA — X3
=1In —~In
Cao— Cao—x2

It is obvious from this example why we quickly lose interest in solving mass-baance
equations when the kinetics become high order and reversble However, for any sngle
reaction the mass-baance eguation is always separable and soluble as

C
tz_/“ dc,
r(Cy)

Cho

Snce C4 = Cyo(l = X), we can dso write this in terms of the fractiond conversion X,

X

e fax
= “‘°/r(X)

0

Since r(Cy) or r(X) is usudly a polynomid in C4 or X, one can solve this andyticdly
for + (CA) or t(X) by factoring the denominator of the integrand and solving the resulting
patid fractions for C,(t) or X(t). This can dways be done, but the solution is frequently
neither smple nor indructive.

One can dways solve these problems numerically for paticular vaues of Ca, and
k, and we will do this for many dStuations However, it is gill frequently desirable to
have andyticd expressons for C4(¢) because we can then solve this expresson by just
subgtituting particular parameters into the equation. In any numerica solution one has to
solve the differentid equation again for each set of parameters.

Another reason for searching for andyticd solutions is that we can only solve numer-
icaly a problem that is wel posed mathematically. We must program a vaid mathematical
expression of the problem on the computer or the answers may be nonsense. The need for
proper descriptions of the equations, initid and boundary conditions, and soichiometric
relaions among the varidbles is the same whether one is interested in an andyticd or a
numericd  solution.

VARIABLE DENSITY

The previous examples are dl smple problems to integrate for C,4(¢) or at least for ¢ (CA).
We assumed that the dendty was congant (the volume in the equations). This would be
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true in any batch reector where the volume is held congtant, but not in a congtant-pressure
reaction with gases if the number of moles changes with the reection.

Batch reactors are usualy operated at constant volume because it is easy to construct
a congtant-volume closed container (as long as the pressure does not increase enough to
burst the vessd). However, in flow reactors the dengty frequently changes as the reaction
proceeds, even though the reactor volume is congtant, and we need to be able to handle this
Stugtion.

For reactions such as A — B and A + B — 2C with ided gases the density clearly
does not change as the reaction proceeds if P and T remain condant. It is frequently aso
a good gpproximation with reections among gases with changing numbers of moles if the
reactants are diluted by an inert solvent. Congtant density is aso a good approximation
for mogt liquid solutions because the density of a liquid solution usudly does not change
much as the reection proceeds. As noted previoudy, the concentration of liquid water is
-55 moleslliter, and in dmost any agueous reection the reactant will be diluted by many
moles of water per mole of reactants or products.

An important Stuation in which we must be concerned with varidble density is with
nonideal gases or in which one of the reactants or products condenses or evaporates. For
example, the hydration of ethylene

CHy + H,O > C,HsOH

involves gases and liquids a typica temperatures and pressures. These systems can be very
complex to describe because any gases are usudly very far from ided and because they
involve both phase and reaction equilibrium congderations in addition to chemical reaction
rates. We will not consider these complicated Stuations until Chapter 12.

If the volume V of a batch reactor depends on conversion or time, then the derivations
of al of the previous equations are incorrect. We could find V(C4) and integrate the mass-
balance equation as before, but it is usudly more convenient to use a different varigble such
as the fractiond conversion X. We findly write C4 = N / V and then subdtitute for N4 (X)
and V(X) to find C4(X).

Consider the reaction

A—>3B, r=kCA

in a condant-pressure batch reactor. This is a dStuation with fird-order kinetics but with
3 moles of product formed for every mole of reactant decomposed. We assume that we
gat with N4, moles of pure A. If al species are ided gases at condtant pressure at
initid volume V,,, then a completion the volume of the reactor will be 3V,. When the
reaction has proceeded to a converson X, the number of moles of A and B are given by
the reldions

Nig = Ng(l = X)
N = 3N X
YN = Nyo(l +2X)

and the volume V occupied by this number of moles will be
v = V(1 + 2X)
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To solve the batch-reactor mass-bdance equation, we write

Cy = Na _ ]XAQII_—X)._ 1-x
VvV~ Vo(1+2X) = Cao 1+2x
%0 that we have written C4 as a function of X and congtants.
For this problem the equation dC,4/dt = —kC, is not appropriate, and we must solve
the equation
1-x
d__d]\_t(ﬂ =-VkCy= V(1 + ZX)kCAOI-}-—X
Since dNy = =Ny, dX, this mass-baance equation on species A can be converted to

X _ 4 =X0+2x)

dt 1+2x = k(1 ~ X)
This equaion can be separated to yield
% g
1-x !
and integrated from X = 0 a t= 0 to give
X X
. / dx 1 dX
] Xy "k 1-x
X=0 X=0
! In(1 = X)
= —— In(l =
k
This equation can be solved for X(t),
X(t)=1-e™
Fndly, subdtituting back into C4(X), we obtain
1-x e—kr e—kr
(0 = Cagme =T = oty = S g w

Next consder the preceding as an nth-order irreversible reection

A —> mB, r=kCj
The mass bdance is
dNy

= —-VkC%}
dt A

or

dX n—1 1
— = kC (1= X1+ (m = DX]™

and this equation can be separated to yield

t dX

1 fx[l + (m - X!
Cken? 1 =-X)
0

This equation can be solved for t(X) or t (C4) by partid fractions, but the solution is not
particularly smple to solve explicitly for X (z) or C4(?).




Reaction Rates, the Batch Reactor, and the Real World

For the reversible reaction
A+B2C, r= kCsCg—kCc
among idedl gases if Cyo = Cpo and Cg, = O, the subditution of C;s in terms of X yields

1 - X)?
r=ke 1210( Tyy2
1-3X)

which again can be integrated for X(t) and substituted back to find C,4, Cg, and Cc.

—kpCpo——=
1-1x

Example 2-5 Find the converson versus time for the reaction

A 3B, r=kC;
n a congtant-pressure batch reactor assuming A and B are idedl gases starting with pure A
it Cyo.

The number of moles of A and B are found by setting up the mole teble

Species Moles initially Moles

4 NA(J NAo(l - X)
3 0 3N g0 X

otal moles Nao N1 +2X)
volume Vo Vo(l +2X)

Therefore, the concentrations are

c _&_NAO(I—X) _c 1-X
ATV TV a+2x) T fr42x
and
_ Np _ 3x
Ce = Vo CA°1+2>‘(’
In a congtant-pressure batch reactor the mass balance on A becomes
dN dX _ 2
_A — —Npgpo— = —I‘V_ _kCAV
dt dt

1-x)°
:'*Ci°(TIE§) Vo(1 +2X)

0 that

This equation can be separated to yield

X
1 1+2x

‘= % | o X
0

which mugt be integrated by patid fractions to give
3 X
1-X
This eguation cannot be inverted to find X(t) explicitly, and so we can only find
C, (¢t ) numerically.

1= +2 In(1 = X)




Chemical Reactors 51

Figure 2-8 A “flow sheet” of possi- batch
ble reactor configurations and modes

of operation.
semibatch
CSTR _ _— steady state
flow  ——> partially mixed
PFTR T transient

CHEMICAL REACTORS

The chemicd reactor is the “unit” in which chemica reactions occur. Reactors can be
operated in batch (no mass flow into or out of the reactor) or flow modes. Flow reactors
operate between limits of completely unmixed contents (the plug-flow tubular reactor or
PFTR) and completely mixed contents (the continuous stirred tank reactor or CSTR). A flow
reector may be operated in steady state (no variables vary with time) or transient modes.
The properties of continuous flow reactors will be the main subject of this course, and an
dternate title of this book could be “Continuous Chemica Reactors” The next two chapters
will ded with the characteristics of these reactors operated isothermaly. We can categorize
chemicd reactors as shown in Figure 2-8.

We will define these descriptions of reactors later, with the steady-state PFTR and CSTR
being the most considered reactors in this course.

Example 2-6 Consider the stuation where the reactants at congtant density are fed
continuoudy into a pipe of length L insgead of a tank of volume V as in the batch
resctor. The reactants react as they flow down the tube with a speed u, and we assume
that they flow as a plug without mixing or developing the laminar flow profile. Show
that the converson of the reactants is exactly the same in these very different reactor
configurations.

A molecule flowing with a speed u has traveled a distance 7z dfter it has flowed in
the resctor for time
Z
t=—
U
and the time T it requires to flow down the reactor is

L
T=—
U

as sketched in Figure 2-9. Therefore, the increment of time dr to travel a distance
dz is given by

d
dt:—E
u
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dv 7 u=L Figure 2-9 Sketch show-
/ u= 1 T ing correspondence between
\ / | time in a batch reactor and
| —dv o in & dact e !
position a in a plug-flow tubu
D/ 0— q]l’ lﬁ—’ lar reactor. The mass-balance
' equations describe both reac-
z=0 z=2z z=L tors for the constant-density
| »! situations.
[ L >
\'
batch tubular
reactor reactor

and the PFTR equation we will solve mogt often is

dc; dc;

d—l’j = u—zj = U]'r(Cj)
We can therefore replace dt by dz/u in dl of the preceding differentid equations
for the mass baance in the batch reactor and use these eguations to describe
reactions during flow through a pipe This reactor is caled the plug-flow tubular
reactor, which is the most important continuous reactor encountered in the chemica
industry.

The preceding example shows that dl the previous equations for the batch reactor

can be immediatdy transformed into the plug-flow tubular reactor smply by replacing
dt — dz/u in the differentid equation or by replacing ¢ — L/u in the integrated equation.

We do not have to solve these equations again for this very important flow reactor! It

is important to note, however, that this transformation ¢+ — z/u is only vdid if the velocity

in the tube is congtant. This requires that the tube diameter be constant and that there be no

change in the fluid density as it moves down the tube because of pressure drops, temperature
changes, or changes in the number of moles due to reection.

Example 2-7 The reaction A — B with k = 0.01 sec™! takes place in a continuous-
plug-flow tubular reactor What resdence time in the tube is required for 90% converson?
For 99%7? For 99.9%?

Smple gpplication of the eguation given previoudy yidds
B 11 Cao 1
T e, ool

for 90% converson

In 10 = 100 x 2.303 = 230 sec

T=O_l6iln100:100X2X2'303:460 sec

for 99% converson, and

1
T = m In 1000 = 100 x 3 x 2.303 = 690 sec

for 99.9% conversion.
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Flow-reactor problems are just as ssmple as batch-reactor problems. In fact, they are
the same mathematical problem even though the reactor configuration and operation are
totdly different.

THERMODYNAMICS AND REACTORS

A chemicd reaction cannot be made to produce a converson beyond that of chemica
equilibrium, AG = 0, where r = 0, as we discussed previoudy. This is an application of
the Second-Law of Thermodynamics.

Chemica reactors can liberate or absorb very large amounts of energy, and the
handling of this energy is a mgor concern in reaction engineering. This topic is an gpplication
of the Fird Law of Thermodynamics, which says that mechanicd and thermd energy is
conserved in any process. When we describe a chemica reaction, we designate its rate, but
we should also be very concerned about the hest of the reaction; so we need to specify A Hy
and AGy, for every reaction.

S R R

vA=0, r=k[]C7" -k T[] C™, AH, AGy
i=1 j=l j=1

Table 2-2 lists some important chemica reactions dong with their sandard state enthapies

and free energies of reaction, dl in kJ/mole.

These ae dl indudridly important reactions that we will discuss throughout this
book in the text and in homework problems. The student might want to try to identify the
type of reaction represented by each equation and why it is important.

These vaues of A Hy are sandard state enthapies of reaction (all gases in ided-gas
dates) evauated a 1 am and 298 K. All values of A Hy are in kilgjoules per mole of the
firs gpeciesin the equation. When A Hj is negative, the reection liberates heat, and we say
it is exothermic, while, when A Hy is positive, the reaction absorbs heat, and we say it is
endothermic. As Table 2-2 indicates, some reactions such as isomerizations do not absorb
or liberate much hest, while dehydrogenation reactions are fairly endothermic and oxidation
reections are fairly exothermic. Note, for example, that combustion or tota oxidation of
ethane is highly exothermic, while partia oxidation of methane to synthesis gas (CO + Hj)
or ethylene (C,Hy) ae only dightly exothermic.

Smple examination of A Hg of a reaction immediady tels us how much heat will
be absorbed or liberated in the reaction. This is the amount of heat @ that must be added
or extracted to maintain the reactor isothermd. (This heat is exactly the enthdpy change in
any flow reactor or in a batch reactor & constant pressure, and it is close to this for other
conditions.)

ADIABATIC REACTOR TEMPERATURE

It is dso important to edimate the temperature increase or decrease in a reactor in which
no heat is added or removed, which is called an adiabatic reactor. From the First Law of
Thermodynamics, we can construct a thermodynamic cycle to estimae the AT in going
from reactants a temperature Ty to products a temperature Ty, as shown in Figure 2-10.
Assume that reaction occurs at T, with heat of reaction A Hgi per mole of a key reactant that
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TABLE 2-2
Standard State Enthalpy and Free Energy Changes for Some Important Reactions Discussed
in This Book. All values are in kJ/mole of the first species listed.

Reaction AHZ, 298 AG$, 298
NO — IN; + 302 -90.37 -86.69
2NO = N; + 0, —180.75 -173.4
N2+ 0, = 2NO +180.75 +173.4
2NO + Oy — 2NO, -114.14 -70.785

trans 2-C4 =—> cis-2-C4 =,
1 = Cq4 == trans-2-C4 =

CH4 4 20; = CO, + 2H,0 -802.32 -800.78
CH4 + H,O — CO + 3H, $206.15 +142.12
CH; + 307 - CO+2H, -35.677 -86.475
CHg - CoHy + H +136.95 +101.01
CoHg + 10, - CoHy + Ho0 -209.75 -255.17
CyHy + 302 = 2C0Oy + 2H20 -929.45 -919.69
CoHy + 10, - CH4O -218.47 -199.75
C;H4 + H;0O — C,H50H -28.987 -7.8529
CO + 2H; - CH3;0H -90.642 -24.317
co + 10, » CO, -282.99 -257.12
CO+H,0—> CO,+Hy -41.163 -28.522
Hy + 10, > K0 -241.83 -228.59
IN2 +3H; > NH3 -45.857 -16.33

NH3 4 302 - NO + 3H,0 22651 239.87
NH; + 20, = N, + 3H,0 -316.88 -326.56

is irreverdble and goes to completion. The heat evolved Q is zero in an adigbatic process,
and this requires that N moles of product are produced per mole of this reactant and then
heated to temperature T .

T T
0
Q = / Nreactantscp,reactants dT + AHR + / Nproductscp,products dT = 0
Tl To

where C products IS the average heat capecity per mole of product. We note that “products’
means dl soecies in the find mixture including unreected resctants and inerts. If we

assume that A Hg and C,, are both independent of temperature (something seldom allowed
in thermodynamics courses but dmost aways assumed in this courss), then AHg is
independent of T, and we can write

Q= AH]? + Nproductscp,products(TZ -T)=0
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T, | ] T,
Q=0 .
T Q=0
SCpprod dT SCpprod dT
T -
1 I Cpreact dT
AH?Y AH
208K - R, 298 T, ¢ R
| [ i I
reactants products reactants products

reaction coordinate reaction coordinate

Figure 2-10 Energy diagram illustrating the temperature change in a reaction in which no heat is exchanged with the surroundings, a Stuation
cdled an adighatic reactor.

and AT becomes

—AHg
ATadiabatic =T - I =
N Cp,producls

Example 2-8 Suppose the room you are in now actudly contains 9.5% CHy. [You could
not detect the presence of CHj in ar unless the naturd gas contained a mercaptan odorizer.]
If someone turned on the light switch and created a spark, what would be the temperature
and pressure in the room before the windows and walls burst?

The methane combustion reaction is

CH4 + 20, — COy + 2H,0

and this reaction has a heet of reaction of — 192 kcal/mole of methane. We assume
thet there are 4 moles of N, per mole of O, (air actudly contains 21% Q,, but
20% makes the cdculation a bit smpler). This compostion is the stoichiometric
mixture of CHy in air to CO, and H;0. For a basis of 1 mole of CHj, there are 2
moles of (O, and 8 moles of N, before reaction. After reaction there are 1 mole of
CO;, 2 molesof H,0, and 8 moles of N, for total of 11 moles of product per mole
of methane reacted.

If we assume the heat capecity C, is equa to % R (a reasonable approximation
for amdl molecules such as N, a moderate temperatures), this predicts an adiabatic
reaction temperature of

—AHg 192 kcal/mole
ATd' batic — = = 2500 K
adiabatic NCP (11)(%)R
From the idedl-gas law PV = NRT we have
P, T, 2500+ 300
—_ == —— = 9O &
P T, 300 m
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This problem actudly should be caculaed for AU = O rather than AH = 0 for
a congtant-volume process, and a these temperatures there are many additiona
products because CO2 and H,O will dissociate sSgnificantly at this temperature.
However, the find result would not make much difference, especidly if you were
in the room.

Recompute the find temperature and pressure if the methane were 5% in ar.

This mixture has 1/2 the stoichiometric amount of CH4, so the products will be 1

mole of CO», 2 males of H,O, 2 moles of Oy remaining, and 16 moles of N, for a
totd of 21 moles. The find temperature rise will therefore be approximady haf

of tha above, but you will ill leave the room very quickly.

Recompute the fina temperature and pressure if the methane were 3% in air.

A mixture of methane in air is flanmable only between 5 and 15%; S0 no reaction
occurs and the temperature and pressure are unchanged. You might ask the person
who turned on the lights to open the window because the room seems a hit stuffy.
We will discuss combustion processes and explosions more in Chapter 10.

We usudly etimae the adiabatic temperature changes for exothermic reections
by assuming A Hg evauated at 298 K and C, for air a 298 K. These are calculated
with gtoichiometric reactant mixtures assuming complete reaction. Even mildly exother-
mic reections have adiabatic temperature rises much above 100 K, and totd combustion
processes for stoichiometric mixtures in air have adigbatic temperatures above 2000 K.
These are not accurate cadculations for high finad temperatures because properties vary with
temperature and because of other reactions that will occur a high temperatures. Note that
large N produces a smdler AT, and thus AT will be larger for pure O, ingead of ar
and smdler if the reactant mixture is diluted with an inert. While these cadculdions give
only approximate find temperatures because we assumed congtant heat capacities, they
indicate the size of the theema hazard of exothermic chemicd reections from a very smple
cdculdion.

For reections in liquid solution we write an enthdpy baance on a 1 liter volume of
the liquid

T
Q = AHR(CAO - CA) +fpcp dT =0
T

where now each term has units of caoriesliter. If this reaction goes to completion, C4 = 0
and the equation becomes

—AHp
pCp

T=T,+

CAO
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Example 2-9 A reaction with a heat of reaction of -25 kcal/mole takes place in agque-
ous SOlUtion with a reactant concentration of 2 molesliter and 7, =50°C. Wha is the
temperature if this reaction goes to completion in an adiabatic reactor? What is the find
temperature?

The specific heat of water is 1 cal/cm?® K or 1000 cal/liter K. Therefore, the fina
adiabatic temperature is

25900
= - = = 100°
T =50+ 1600 50 +50 00°C

Anyone designing a reactor (and indeed anyone working near one) should be very
aware of the heat absorbed or liberated in the chemica reactor and should be especidly aware
of the adiabetic temperature predicted. This heat must be released whenever a chemica
reaction occurs, and this temperature will be atained if this hest is not removed.

The chemicd reactor is the most hazardous unit in any chemicd plant because
most accidents occur by uncontrolled reaction, either within the reector or after resctants
have escaped the reactor and perhaps reacted with oxygen in air. Obvioudy no resector or
piping can withstand the temperatures and pressures of tota combustion unless designed
specifically for these conditions. We will consder the energy baance and temperature
vaiations in continuous reectors in more detail in Chapters 5 and 6, while flames and
explosons will be conddered in Chapter 10.

Thus we see why it is essentid to condder the energy baance very carefully in
desgning chemicad reectors. The isotherma reactor assumption, while a good arting
point for estimating reactor performance (the next two chapters), is sddom adequate for
red reactors, and neglect of hesat release and possible temperature increases can have very
dangerous  consequences.

EQUILIBRIUM

No reactor can produce yields of products beyond those predicted by chemica equilibrium,
and the second caculdion anyone should peform on a process (after caculating the
adiabatic temperature for safety condderations) is the equilibrium compostion.

We discussed thermodynamic equilibrium previoudy in reating kinetics to reversble
reections. One should dways edimae these quantities and keep them in mind before
performing more detailed design of reectors and separation units. We dso note that one
mugt condder dl chemica reections that may occur for a given feed, not just the one
desired.

To obtain the equilibrium converson for a single reaction, we need to solve the
equation

J
for the rlevant activities a;. For gases we usudly define AG® with a standard state (a; = 1)
as the ideal gas at 1 am; so the above expression becomes

R
a = exp(~AG}/RT)= Keg
=1
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R .
‘ lP,.’ = exp(—AGR/RT)

j: .

We need to determine AGy, a the temperature of the caculation. This is obtained from the

van't Hoff eguation

d(-AGg/RT) AHy dlnKy
dT - RT? 4T
which relaes equilibrium composition to temperature. This equation can be integrated from
298 K to any temperature T to yidd

T

In Kr= In Ko +/
298

A Hg

RT2 dT

The enthdpy change of reaction varies with temperature as
T
AHp=Y viH;=Y v | Hijoos + / Cpi(T)dT
298
where Hy; yog is the heat of formation of species j a 298 K. The varidion of Hy; with T is
determined by the variaion of C,; with T, as caculated by this integrd.

It is a good gpproximation for estimations to ignore the C,; term so that Ky is given
gpproximately by the expression

AH 1 1
In K = In K= S50 (2 )

While A Hp does not vary srongly with T, AGy and K., are strong functions of T. This is
illustrated in Figure 2+ 1, which shows tha AGyp, varies by orders of magnitude from 298
to 1000 K. Note aso that K., €ither increases or decreases, depending on the sign of A Hp.
Endothermic reactions have favorable equilibrium compostions a high temperatures, while
exothermic reections have favorable equilibrium compostions a low temperatures. You
probably learned of these effects through Le Chatalier’s Principle, which states that, if a
reaction liberates heet, its equilibrium converson is more favorable & low temperature, and
if a reaction causes an increase in the number of moles, its equilibrium is more favorable at
low pressure (and the converse situations). While these equations permit you to caculate
these effects, this smple principle permits you to check the sign of the change expected.
For multiple reactions we have smultaneous equilibrium equations

R .o
I aj‘.’” = exp(—AG%,;/RT) = K;, i=1,2,...,R
j=1

which is a sst of R polynomiads that must be solved smultaneoudy, as is consdered in
thermodynamics  courses.

Three commonly used sets of units for describing densities of fluids are partid pressure



Chemical Equilibrium 59

(P;), mole frection (x;), and concentration (C;). For these units the standard dtate is defined
as unit activity a;, which istypicdly P; = 1 am and 298 K, or x; = 1 for pure liquid a 1

am and 298 K, or C; = 1 mole/liter at 298 K, respectively. Students have seen the first two
of these for gases and liquids in thermodynamics. We will use concentration units wherever
possible in this course, and the natural standard state would be a 1 molar solution. However,

data are usudly not available in this sandard state, and therefore to cadculate equilibrium
composition & any temperature and pressure, one usudly does the cdculation with P; or
x;j and then converts to C; .

As zfinal remark on the importance and use of thermodynamics in chemica reectors,
we note that the preceding equations no longer need be solved in practice because thermo-
dynamics computer programs and databases dlow one to compute al these quantities by
samply listing the molecules and conditions into the computer programs. The data in Table 2-
2 were cdculated usng CHEMEQ from Sandler's thermodynamics text, and sophisticated
chemica process programs such as ASPEN contain databases for most of the complex
molecules and conditions that one might encounter in industrid practice.

The varidions in Ky with temperature are shown in Figure 2-1 1 for the reactions in
Table 2-2. These should be sraight lines when plotted as log K7 versus 1/ T if A Hy is
independent of temperature, and the curves show that this approximation is accurate for dl
these reaction systems.

T (K) T (K)
2000 . 1000800 500 400 300 2000 1000800 500 400 300
I T 1 T | ] T 1 T T T
5 C2HG+ 20, C2H4+H20
L 2NO+0, < 2NO,
10 2 2 1%L CH,+20,«
1010 CO+H,02 CO,+H, CpH, +30, 2 200, +2
CO+2H,# CH,0H 1020 B Hy+1/20, = H,0
10° CyH,+1/20, == C,H,0
CO+1/20, < CO,
Keq 1001 Keg 1010 NH,+5/40, 4 3/2H,0+NO
CH,OH & HCHO+H, NH, +3/40, 2 3/4H,0+1/2N,
105
10°
1010 CoHge C,H,+H,)
jo15|  NerOperaNO 1070
C,H,+H,0 2 C,HOH  trans-C,Hg = cis2-C,H
CH,+1/20, 2 CO+2H, Zavem s 4 o
10720 1 1 1 | ] | 10720 ! ! \
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Figue 2-11 Plots of equilibrium constant K versus temperature for several chemical reactions we will consider in this text.
All these reactions give nearly straight lines when plotted aslog K7 versusl/ T'. Exothermic reactions have large K7 at low T,
while endothermic reections have lage Ky a high T.
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PETROLEUM REFINING

Next, before we proceed to consider flow reactors, we will completely change topics and
discuss two examples: the refining of petroleum and the production of polyester. Our first
purpose is to describe these reactions and the reactors that are used in order to acquaint
Sudents with these very important processes.

Our second purpose in discussing these processes is to indicate that the reactions
and reactors used for these processes have amost mind-boggling complexity. The chemica
engineer is in charge of designing and operating these processes, and we must be aware
of this complexity and see through-it to discover the principles by which these processes
operate (and to fix them if they are not operating satisfactorily).

The following sections will be purely descriptive with no equations except for the
chemicd reections, and even the chemicd reections liged will be highly smplified. As we
proceed through this course, the principles by which these reactors are operated will become
clearer, such that by the find chapter we will have considered most of these reactors and
the principles of their operation in more detall.

Energy sources

The processng of crude oil into gasoling, other fuds, and chemicas has dways been the
breed-and-butter employer of chemica engineers. The discipline of chemicd engineering
had its origins in producing fuels and chemicals, and these tasks remain the dominant topic
of the chemicd engineer.

The energy sources we use are listed in Table 2-3.

The widespread use of cod sarted the Indudtrid Revolution, and in the nineteenth
century wood and then cod were the mgor energy and chemicd sources, while whae ail
was our energy source for lighting as lamps replaced candles. Then in the late nineteenth
and early twentieth century petroleum replaced dl of these. Now naturd ges is becoming
very important, and cod may someday see a revivd.

Renewable energy sources such as trees and plants have aways had a niche market in
energy and chemicds In fact, dl energy except nuclear energy is ultimately derived from
solar energy in some form or other.

TABLE 2-3
Energy Sources and the Times When They Were Important

Energy source Years dominant
solar, wind, and water always

wood always

animal fat <1900

whale oil 1700-1900

coal >1700

crude oil > 1880

natural gas > 1950

nuclear energy >1950

shde ol >1970

tar sands >1970
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Energy for lighting has an interesting history as compared to energy for power and
for chemicds. Campfires usng solid fue were replaced by candles and then by lamps that
burned liquid oil from animd fas and then whae oil to produce portable light sources. As
whae oil was depleted (as were the whaes), lamps supplied by pipeline distribution systems
were developed for large cities. These were fuded first by “town gas’ (a mixture of CO and
H,), and then these didtribution networks were replaced by today’s natura gas lines. Now
these same pipdine digribution systems are used moglly for heating. Findly, the generation
of dectricity from cod, hydrodectricity, and nucler fud has made the eectric light the
only sgnificant source of lighting. Power and eectricity generaion have become topics in
mechanical engineering rather than in chemica engineering, dthough al but nudear power
require combustion and control of resultant pollution, which mechanica engineers are not
equipped to handle (in the opinion of chemicd engineers).

It was discovered in the late nineteenth century that coad can be incompletdy burned
to yied a gas condging primarily of CO and Hj, and many people were undoubtedly
asphyxiated and killed by explosons before these processes were harnessed successfully.
We will see later that the use of a CO + H; mixture (now cadled synthess gas) for the
production of chemicds has had an important role in chemica synthess (it was very
important for explosves and synthetic fuels in both World Wars), and it is now one of the
most promising routes to convert natura gas and cod into liquid diessl fud and methanal.
We will describe these processes in more detal in later chapters.

Cracking

Initidly the petroleum (tar) that oozed from the ground in esstern Pennsylvania could
be burned as easily as whde oil and animd fats, dthough much of it was too heavy to

bum without processng. Processing was done initidly by pyrolyzing the oil in retorts and
extracting the volatile components when the oil molecules cracked into smaller ones, leaving
tar a the bottom. (Many people were killed as this process evolved before they learned about

the volaility and flammability of the various hydrocarbon fractions produced.) Retorts
(batch reactors) were soon replaced by continuous cracking units (dills), in which the crude
oil was passed through heated tubes. One problem in these processes is that some of the
hydrocarbon is cracked down to methane, which cannot be liquefied easily. A much more
serious problem was that some also turns to tar and coke, a black solid mass (mess) that

coats and eventudly plugs the tube furnace.

Reections in hydrocarbon cracking may be represented as

hydrocarbons — smaller hydrocarbons + coke

The hydrocarbons in crude oil are akanes, olefins aromatics, polyaromatics, and
organic compounds containing S, N, O, and heavy metas. Since there are many isomers
of dl of these types of molecules, the reactions implied by the preceding equations rapidly
goproach infinity. A representative reaction of these might be the cracking of hexadecane
(number 3 hesting ail) into octane and octene (components in gasoling),

n—C16H34 —> l’l—Cngg + n—CgH15
and

n—CgHsy — 16C, + 17H,
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These reactions are dl very endothermic, and heat must be supplied to the retorts or
tube furnaces, not only to heat the reactants to a temperature of 600 to 1000°C where they
will react & an acceptable rate, but dso to provide the heat of the reactions, which is severd
times the sendble heat.

Sometime in the early twentieth century it was found that if the sted tubes in the
furnace had certain kinds of dirt in them, the cracking reections were faster and they
produced less methane and coke. These clays were acting as catalysts, and they were
soon made syntheticaly by precipitating slica and dumina solutions into duminosilicate
cracking catalysts. The tube furnace also evolved into a more efficient reactor, which per-

forms fluidized catalytic cracking (FCC), which is now the workhorse reactor in petroleum
refining.

Petroleum refinery

A modern petroleum refinery in the United States processes between 100,000 and 500,000
barrels/day of crude ail. The incoming crude is first desdted and then passed through an
amospheric pressure didillation column that separates it into fractions, as shown in Figure
2-12.

The dreams from didillation are classified roughly by boiling point, with names and
bailing ranges shown in Figure 2-12. The lightes are the overheads from the didillation
column, which ae the lowest-molecular-weight components. Then come the low-boailing
liquids, which are cdled naphtha; these compounds range from C; to C;q and have the
gopropriate vapor pressure for gasoling, dthough their octane rating would be low. Next
comes gas oil with 8 to 16 carbons, which is gppropriate for diesd fue and heeting fud.
Findly come the bottoms from the didillation column, and this fraction is usudly separated

again by vacuum didillation into a component that will boil and one that will decompose
(crack) before bailing.

ases
light alkanes ;
> i etrochemicals C,-C
< 400" G alkylation p 2-Cg
naphtha . .
crude - asoline C:-C
o 200-500" reforming 9 5-\Vg
gas ol 4 diesel fuel Cg-C
450-550" FCC 8 12
_ heating oil Ci0-C 15
heavy ol hydro- .
SE50° | processing lubricants Cy4-C o
‘ coke C

oo

Figure2-12 Quditative flow sheet of reactants, reactors, and products in petroleum refining.
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Crude ails vary greatly in bailing range and types of molecular structures. The best
now comes only from the Middle East and is mostly naphtha that needs little refining. The
worst now comes from the United States, is very high molecular weight, and conssts largely
of polyaromatic compounds containing S, N, and heavy metds, paticulaly V and Ni. The
C:H ratio of these ranges aso varies from perhaps 1:3 for light fractions to 1: 1 for vacuum
resdud oil.

The task of the refinery is to turn crude oil into vauable products. The demands for
products vary greatly with region and with season. The Gulf Coast needs more petrochemical
feedstocks, while the Upper Midwest needs more hedating fud. Gasoline accounts for
agoproximately one-hdf of the totd petroleum used in the United States, but demand for
gasoline is highest in the spring and summer vacation season.

These fractions from primary didtillation are sent to reactors to crack them further
and isomerize them into products with more vaue, such as gasoline and petrochemicals.
The refinery is a massive blending syssem in which streams into and out of reectors are
recycled and blended into products with the desired properties and amounts.

There are badcdly four types of reactors in refining. Huidized cadytic cracking
reactors process perhaps 30% of dl the crude, the gas ail fraction. The heavier fraction
must have hydrogen added, and these processes are caled hydroprocessing. Gasoline must
have certain isomers for octane rating, and this is done in cataytic reforming. Some products
have too low a molecular weight and must be recombined into larger molecules, a process
that is cdled alkylation. We lig these reactor units in Table 2-4.

Catalytic cracking

This is the primary chemica process in the refinery. The heavy gas oil stream is cracked into
smaller hydrocarbons suitable for gasoline. The empty tube furnace was firgt replaced with
tubes filled with duminosilicate catdys pelets. Then it was found that the tubes could be
replaced by a series of tanks with interstage heating to maintain the desired temperature. In
al cases it was necessary to bum the coke out of the reactor by periodicaly shutting down
and replacing the feed by ar, a complicated and expensive process that lowers the capacity
of the reactor.

The problems in fixed bed cracking reactors are (1) hest must be supplied to heat
the reactants to the desired temperature and overcome the endothermicities of the cracking
reections, and (2) the reactor must be shut down periodicaly for coke remova. Both of
these problems were overcome by the development in the 1940s and 1950s of a fluidized

TABLE 2-4
The Four Major Reactors in Petroleum Refining

Reactor Feed Products T(°C) P (atm)

catalytic cracking ges oil lower-boiling akanes 550 2

hydroprocessing heavy oil lower-boiling alkanes 500 20-10
and aromatics

catalytic reforming naphtha high octane, aromatics 450 10-30

akylation olefins, branched alkanes, 0 1

alkanes akyl aromatics
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bed system that replaces the need to shut down to remove coke from the catays. This
process is called fluidized catalytic cracking, or FCC.

The FCC reactor is redly two reactors with solid catdyst pelets cycled between them.
The vaporized gas ail is fed dong with fresh catdys to the firgt, cdled the reactor, and the
spent catalyst is separated from the products in a cyclone and sent to the regenerator, where
ar (now sometimes O;) is added to oxidize the carbon. The flows of reactants, products,
air, and catays are indicated in Figure 2-13. The reactor cracks the hydrocarbon and forms
coke on the catdyd. Then in the regenerator the coke is burned off and the catalys is sent
back into the reactor.

The “magic’ of FCC is that the reactor-regenerator combination solves both the
hest management and coking problems smultaneoudy. Burning off the coke is strongly
exothermic, and this reaction in the regenerator supplies the heat (carried with the hot
regenerated catalyst particles) for the endothermic cracking reactions in the reactor.

Typicad operating conditions of these components of the FCC reactor are indicated
in Table 2-5. The resdence time in the regenerator is longer than in the reactor, and it is
therefore condderably larger.

Many reector-regenerator configurations have been developed with quite different
shapes as this technology has evolved and FCC units have become larger. A modem FCC
reector resembles the Space Shuttle (but one hopes it stays on the ground) in sze, tank
configurations, and engineering complexity. The FCC reactor is without question the most
complex and important equipment in chemica enginesring.

Heavy oil processing

The “bottom of the barre” contains heavy, smely compounds that have polyarometic rings
and that contain up to severa percent of S and N in aromatic rings and in dde chains
aulfides and amines. This fraction will not bail beow temperatures where the molecules
begin to crack, and it is caled “resdud” oil or “vacuum resd” if it boils at reduced pressure.
This fraction dso contains perhgps 0.1% of heavy metas tied up as porphyrin rings in the
polyaromatics. All these species are severe poisons to either FCC or catdytic reforming

Figure 2-13 Sketch of a fluidized cat- co. < — products
. . P2
al& cracking reactor (FCC) for cracking ‘ spent I
heavy petroleum fractionsinto the boiling B
range needed for gasoline. catalyst
regenerator reactor

air

gas
oil
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TABLE 2-5
Operating Conditions of the FCC Reactor

Reactor Regenerator
feed gas oil ar
products alkanes, olefins, Ha COy
temperature 550°C 650°C
pressure 2 atm 2 atm
gas residence time <1 sec several sec
catalyst residence time <1 sec several sec
flow pattern - PFTR (riser) CSTR
heat absorbed generated

cadyss, but fortunately the lighter naphtha and gas il feeds to these reectors contain
negligible S, N, and metas.

The other problem with this petroleum fraction is that it is deficient in hydrogen. We
need C:H = 7:16 for 2,2 3-trimethylbutane (TMB), but this ratio is greater than 1:1 for
many heavy feeds. Therefore, we need to add hydrogen in the refining process, and we
could describe them genericdly as the reaction

n
(CH), + EHZ — (CHz),

and the need to add H, to obtain usable products gives the prefix “hydro” to process names
such as hydroprocessing, hydrotreating, hydrocracking, hydrorefining, hydrodesulfuriza-
tion, etc.

These cracking and H-addition processes dso require catalysts, and a major engi-
neering achievement of the 1970s was the development of hydroprocessng cataysts, in
particular “cobdt molybdate’ on dumina cadysts. The active catdysts are metd sulfides,
which are resigtant to sulfur poisoning. One of the mgor tasks was the design of porous
pellet cadysts with wide pore sructures that are not rapidly poisoned by heavy metds.

Modern processes operate with fixed beds with a20: 1 to 50: 1 H,:HC ratio a pressures
typicdly 50 am at 550°C. Since the reactants must be operated below their boiling points,
the catalys is a solid, and the H, is a gas, dl these reectors involve three phases in which
the catays is dationary, the gas moves upward through the reactor, and the liquid fraction
flows down the reector. This reactor type is cdled a trickle bed, and it is a very important
chemicd engineering unit in refining heavy crude feeddocks and turning them into the
molecular weight suitable for gasoline The flow of gas and liquid through a trickle bed
reactor is shown in Figure 2-14.

Catalytic reforming

The cataytic cracking and hydroprocessing reectors produce a large fraction of hydrocar-
bons with a molecular weight suitable for gasoling, Cs to Cy. However, these products have
a low octane number. In the spark ignition engine some isomers ignite appropriately, while
some tend to ignite before the piston has reached the top of the cylinder, and this causes the
engine to knock. We will discuss hydrocarbon combustion reactions in Chapter 10 because
they are free-radical chain reactions. Highly branched akanes and arométics are superior in
this to linear dkanes, and hydrocarbons are compared by their octane number. The molecule
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J———» products  Figure 2-14 Sketch of a trickle bed reactor used for
heavy (gas) hydroprocessing of the residual oil fraction of crude oil

oil 1 l into tde boiling range usd for gesoline and diesdl fuel.

L o]
(liquid) OOOOO(O%
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o]

2,2,3-trimethyl butane is arbitrarily given an octane number of 100, and n-heptane is given
an octane number of 0. [For unknown reasons, the molecule 2,2,3-trimethy! butane is caled
“isooctane’ even though it is actudly a heptane)

An arbitrary mixture of hydrocarbons is compared to a mixture of these two com-
pounds, with its octane number that equal to the appropriate mixture of these standard
compounds. Some molecules and their octane ratings are indicated in Table 2-6. Aromatics
have a high octane number (toluene is 120), and some compounds such as tetraethyl
leed have a strong octane enhancement when added to other mixtures (blending octane
number). Oxygenates such as ethanol and ethers (MTBE) have fairly high octane numbers
and supposedly produce less pollution, either done or blended with hydrocarbons.

The products from the catalytic cracker and from the hydroprocessor contain too
many linear isomers and cydic diphdics, and the isomerization of these linear adkanes to
branched akanes and dehydrogenation of cyclics to aromatics would enhance the octane
enormoudy. In the 1950s it was found that a catayst condsting of Pt on y — Al,O3 would
amost miraculoudy achieve very large octane enhancements without cracking products
undesirably. This process is cdled catalytic reforming, because it “reforms’ the skeleton of
molecules without cracking C-C bonds into smaler molecules. Reforming aso produces
high yields of aromatics that have high octane and are needed as petrochemica feedstocks.

This process is dmilar to cadytic cracking in some ways. Because of the higher
pressure required, it uses fixed beds rather than fluidized beds that are now used for cataytic

TABLE 2-6
Octane Ratings of Hydrocarbons

Molecule Research octane number (RON)
n-heptane 0O (defined)
2,2,3-trimethylbutane 100 (defined)

toluene 120

benzene 110

2-methylhexane 42

ethanol 106

methanol 118

methyl-t-butyl ether (MTBE) 135
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cracking. However, now we want primarily to isomerize rather than crack the hydrocarbons
because the naphtha feed has the desired molecular weight. Therefore, in catdytic reforming
the temperature is lower and H, is added to suppress coke formation, and thus regeneration
needs to be done much less frequently.

Modern cadytic reformers operate as either fixed beds in series, in which reactants
flow through severd tanks filled with catdyst, or as moving beds, in which catdyst flows
dowly down a tube as the resctants move up. A mgor concern is the minimization of the
formation of cracking products such as coke that poison the catdyst. Catdyds inevitably
deactivate by coke formation, and this must be burned off by reacting with ar. In fixed-
bed reectors this is done by varying the flow through the tanks such that one reactor is
periodicaly in “swing” where the coke is burned off. In the moving-bed reactors some of
the caidyd is continuoudy withdrawn from the bottom and the carbon is oxidized before
it is reinsarted in the top of the reactor.

Reactions in cataytic reforming can be represented as |

n-C;Hig — 2, 2, 3-trimethylbutane
n_C’]H]ﬁ — toluene + 3H2

n-C;H; — 7c + 8H,

These can dso be written as shown in Figure 2-15.

The firgt reection is the isomerization from a zero-octane molecule to an alkane with
100 octane; the second is the dehydrocyclization of heptane to toluene with 120 octane,
while the third is the undesred formation of coke. To reduce the rate of cracking and
coke formation, the reector is run with a high partia pressure of H, that promotes the
reverse reactions, especidly the coke remova reaction. Modem cataytic reforming reactors
operate at 500 to 550°C in typicdly a 20: 1 mole excess of H, a pressures of 20-50 atm.
These reactions are fairly endothermic, and interstage heating between fixed-bed reectors
or periodic withdrawa and hesting of feed are used to maintain the desired temperatures
as reaction proceeds. These reactors are sketched in Figure 2-16.

Al kylation

The find refinery reactor on our lig joins back together molecules that were cracked too
much in the previous processes. The process can be thought of as adding an akyl group to
an alkane or aromatic, and the process is therefore caled alkylation.

Figure 2-15 Reactions in catalytic reforming of
nheptane to 2,2,3-trimethylbutane and  toluene.

NN\
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products Figure 2-16 Several reactor configurations
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An important akylation reection is the combination of propylene to isobutane,

C3H6 + - C4H10 —> 2,2,3-TMB

which makes a 100-octane molecule. Another important akylation reaction is the addition
of propylene to benzene to make isopropyl benzene,

C3H6 + C6H6 —> C6H5C3H7

This molecule is cdled cumene, and it is eesly oxidized to acetone and phenol, both
important  commodity chemicals,

CeH5C3H; — (CH3).CO + C¢HsO0H

Alkylation of benzene and ethylene produces ethyl benzene, which is dehydrogenated
to styrene for polystyrene.

Alkylation is an asociation reaction that is exothermic. Therefore, it has a favorable
equilibrium only a low temperatures. The process is catdyzed by liquid acids of solid
AICly, and modern akylation reactors use sulfuric acid or liquid HF as catalysts operaing
a 0°C in a refrigerated reactor that is stirred rapidly to dissolve and creste bubbles of the
hydrocarbons in the acid.

Picture a reector that is a very large kitchen blender with pipes coming in and out.
The many tons of liquid HF in adkylation processes in refineries represent significant hedth
hazards if the reector ever lesks, and condderable research and engineering are being
devoted to replace HF by safer catalysts.

POLYESTER FROM REFINERY PRODUCTS AND NATURAL GAS

The larget-volume organic chemicd is ethylene, an intermediate building block in many
chemicds and polymers. Polyethylene is the largest of these uses, and polyedter is a very
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important polymer for fabrics that uses ethylene in its synthess. In this section we will
describe the processes by which components of natural gas and crude oil are turned into
these products. Natural gas sdlls for about $0.10/1b, while dothing sdlis for aout $20/1b,
and the job of the chemicd engineer is to turn these reactants into products as efficiently
and chegply as posshle. [What is the price per pound of gasoline if one gdlon weighs
8 pounds?|

However, in contrast to fuels, petrochemicas intermediates must be produced at
extremely high purities. For example, CO a ppm levels will poison polyethylene cataydts,
and acetylene in ethylene a this level will produce a crosdinked polymer that will have
unstisfactory properties. Therefore, the chemica engineer must produce these intermedi-
ates with extremely high purities, and this requires both careful atention to minor reector
products and to efficient separation of them from the desired product. These factors are dso
important in the economics of petrochemicds.

A flow sheet of the steps in forming polyester is as follows:

ethane — ehylene — ethylene oxide — ethylene glyco —
polyethylene  terephthaate
crude — naphtha — xylenes — p-xylene — terephthdic acid —

In gick notation we write these reactions as shown in Figure 2-17. We described the steps
by which crude il is converted into aromatics such as p-xylene previoudy. Here we discuss
the production of ethylene glycal from ethane.

Naurd ges is primaily methane, but it contans 5-10% of naturd ges liquids,
primarily ethane, propane, and butane. These are avalable a essentidly the cost of natura
gas heeting except for the cost of condensng these less volatile components from methane.
Naturd ges liquids are a mgor source of chemicds, adong with petroleum, and we will
describe a number of similar examples in this book.

Ethylene from ethane

Ethylene is made primarily by steam cracking of ethane and higher dkanes. These akanes
undergo dehydrogenation and cracking reections. A higher-molecular-weight fraction of
akanes, C4 to C5, is cdled ngphtha, which in steam cracking reects as

Figure2-17 Reaction seps to prepare poly- OH
ethylene terephthalate from "ethane and CHg —> = —> N7 —> E
0

naphtha.

OH
thyl
EXié/eene ethylene;\k
glycol 0 0

n

COOH / polyethylene terephthalate
—Q—Q

COOH
octane p-xylene  terephthalic
acid
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nephtha — olefins + H, + smdler dkanes
When ethane is used as a feedstock, the mgor reaction is smple dehydrogenation,

C2H6 b d C2H4 + Hz
In modern steam cracking processes usng ethane as a feedstock approximately 80%
ethylene sdectivity is dtaned a gpproximady 40% ethane converson. This resction is
highly endothermic, and more than 25 kcal/mole of ethane converted must be supplied in
the reactor.

Equilibrium in the reactions shown is unfavorable except a high temperatures, and
modem plants operate at temperatures of 850-900°C. At these temperatures reaction tekes
place homogeneoudy, but it is far from dementay and proceeds by a chain reaction
involving many freeradica intermediates, which we will consder in Chapter 10. Reaction
is roughly first order in ethane

r = k[C,Hg]

Infree radicad reactions many products are formed in smal quantities such as propylene,
methane, butadiene, acetylene, and benzene. A mgor cogt of an olefin plant is the separation
of these byproducts from ethylene and aso separation of unreacted ethane, which is recycled
and fed back to the reactor.

Ancther mgor cogt in producing ethylene results from the formation of carbon on the
walls of the reactor. This occurs through reections such as

CHy — 2C; + 2H,

dthough ethane and al hydrocarbons can adso decompose to carbon. Carbon formation
from pure alkane feed would plug the reector very quickly, and in dlefin plants a large
excess of water is added to suppress the cracking of large hydrocarbons into smaler ones.
The process is called steam cracking because water is added to suppress coke formation.
Water does not react directly with the hydrocarbon, but it reacts with carbon in the reaction

C; + H,0 — CO + H,

a process cdled steam gasification. The addition of steam reduces the rate of coke formation
such that the tubes of the reactor only dowly develop sgnificant pressure drops because
of carbon buildup. In an olefin plant the process must be shut down approximately once a
month for a day or so while air is blown through the tubes to oxidize the carbon,

C +0;— cO,

a very exothermic gas-solid reection.

Steam-cracking reactors typically consst of severa ded tubes, perhgps 100 m long
and 4 in. in diameter in a tube furnace with reactants and steam fed through the severd
tubes in pardld. The ceramic lined furnace is heated by burning naturd ges a the walls
to heat the tubes to 900°C by radiation. The reector is fed by ethane and steam in a ratio
of 1:1to 1:3 a just above atmospheric pressure. The residence time in a typica reactor is
goproximately 1 sec, and each tube produces gpproximately 100 tong/day of ethylene. We
will return to olefins and steam cracking in Chapter 4.
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Polyethylene
Ethylene is used to produce many products, the largest volume of which is polyethylene (PE)

nCoHy — (CHy)2,

which is produced by free-radicd homogeneous reactions (low-densty PE) and dso by a
titanium catayst (high-density PE). We will condder these processes further in Chapter 11.

Ethanol -

Ethylene dso readily reacts with H,O to make ethanal,

C,Hy + H,O - C,HsOH

in liquid acids such as sulfuric acid a temperatures up to 200°C. The water molecule can
be thought of as adding across the double bond.

This is the most economica process to produce ethanol, but laws prohibit drinking
“synthetic’ ethanol; so beverages are made much more expensvely by fermentation of
sugar or carbohydrates. Recent laws dso mandate the addition of 10% ethanol in gasoline in
cities during the winter, supposedly to reduce pollution. However, grain processors lobbied
to require “renewable resources’; so fermentation is required to produce this fue acohal.

Ethylene glycol

Ethylene glycol (EG) has two OH groups, s0 it will polymerize as a linear polymer in
polyesters, polyurethanes, or polyethers. Ethylene glycol is dso waer soluble and has a
low mdting point; so it is used in antifreeze.

Ethylene glycol was formerly made by adding water to acetylene,

CyH, + 2H20 — HOC,H4OH

which can be thought of as adding two water molecules across the triple bond in acetylene.
However, acetylene is expensive to produce, and EG is now made from ethylene in a
two-stage process using an ethylene oxide intermediate.

Ethylene oxide

Ethylene oxide was formerly made in a two-stage process by first adding HOC1 to ethylene
and then removing HCl. However, in the 1960s Scientific Design, Union Carbide, and
Shell QOil developed a one-step direct oxidation process that has largely replaced the old
chlorohydrin  process.

To make ethylene glycol, ethylene is firg oxidized to ethylene oxide (EO)

1
CH, + 502 - C,H,0
which is then reacted with water in acid to form EG,

C,H,0 + H,0 - HOC,H,OH
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Ethylene can be oxidized to EO over a slver-on-dumina catdys in l-in-diameter
tubes gpproximately 20 ft long. A modem EO plant produces 200 tong/day, with a typica
reactor consisting of 1000 tubes with an EO sdectivity of 80% with a 4:1 C,H4:0, rdio
a goproximatedly 50% converson of Oz. EO formation is mildly excothermic, while the
competing complete combugtion reaction

C,H,; + 30, — 2CO, + 2H,0

is extremely exothermic. The sdlectivity decreases rapidly if the temperature increases above
250°C, and hest release will then incresse strongly (end catastrophicaly). Therefore, it is
essentid to thermodtat the tubes in a configuration that looks like a large heat exchanger in
which boailing organic hydrocarbon on the shdl sde circulates to a heat exchanger, where it
condenses to carry the heat generated on the shell side to a steam generator. An EO reactor
configuration is shown in Figure 2-18.

We will consider ethylene oxide reectors in more detall in later chapters, because the
cooling of these reactors is a mgor design consderation.

Polyethylene terephthalate

The mogt important polyester is polyethylene terephthaate (PET), which has many uses,
from fabrics to milk bottles. The polymerization reaction between ethylene glycal (EG) and
terephthdic acid (TPA),

EG + TPA — PET + H,0

is carried out in a multistage reactor.
The bifunctiond acid is terephthdic acid (TPA), which is made by oxidizing para-
xylene in the reaction

CH;3CeH4CH; + 30, — HOOCCgH4COOH + 2H,0

This is another partid oxidation process that is usudly caried out in severd reactors in
series with both air and HNQO; as oxidants. The student might guess that this reaction is
far from the only one, and much CO, COQ,, dcohols, adehydes, and other acids are aso
produced that must be separated from the TPA before it is reacted to form PET.

para-Xylene is a product of petroleum refining, paticularly in the catalytic reformer
that produces ortho, meta, andparu isomers in nearly equa amounts. Only theparu isomer
is ussful for other then fud, and the mixture of xylenes is isomerized into primaily para
xylene in a reector filled with a zeolite, cdled ZSMS.

Hy H0

H0 —> | Cola

A

—> HOC,H,OH

CoHg

Figure2-18 How shest of process to produce ethylene glycol from ethane.

CoH,
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i Example 2-11 The monomers for nylon are ether the amino acid HyN—(CH,)sCOOH,
which forms the polymer cdled Nylon 6 (Sx carbon aoms in the backbone) or two
monomers adipic acid HOOC—(CH,)4COOH and hexamethylene diamine H,N-
(CH;)6NH,, which form the polymer caled Nylon 66 (Six carbon atoms in the backbone
of each of the monomers). It is possble to make the 6-carbon atom monomers very easily
with high purity, but the production of nylons with five, seven, or other carbons would be

very difficult. Why?

Cyclohexane. It can be prepared with high purity by didillation of a mixture of
dkanes from petroleum refining or by reduction of benzene.

Cyclohexane can be partialy oxidized by just atacking one C-C bond to open
the ring with functiond groups on each end of the six-carbon chain to produce the
six-carbon amino acid or adipic acid. Sketch the intermediates to these products
dating with cyclohexanone.

‘WHAT SHOULD | DO WHEN | DON'T HAVE REACTION RATES?”

Unfortunately, there are no tables of chemica reection rates in this book, and you won't
find them in other books ether. It would be very useful of we could construct tables of rates
such as

Reaction Preexponential Activation energy Orders Range of validity

and then lig al the important reections we may be interested in running. We would then just

look up the reection, find the rate that is applicable for the conditions a which we want to
operate, insert these equations into the mass and energy baances, and solve them to predict
performance. While you can find useful data tables in any text on thermodynamics, hesat
and mass transfer, or separations, reection-rate data do not exist for most technologicdly

intereting  processes.

In thermodynamics the properties of pure materiads are given to five dgnificant figures,
and correlations for mixtures are frequently accurate to better than 1%. Diffusivities of many
binary sysems are known to within a few percent, and, even for complex mixtures, they
are probably available to within 5%. Mass and heat transfer texts give corrdations that are
usualy good to a few percent, depending on the mixture and conditions. Separation process
efficiencies can be computed to smilar accuracies usng empirica corrdaions and notions
of equilibrium dages.

However, in reaction engineering we cannot even begin to do this. If someone clams
to have a generd correaion of reaction rates, the prudent engineer should be suspicious.
The mgor problem is that most interesting reaction systems involve multiple reactions, and
one would have to somehow ligt rates of forming many products from severa reectants, so
we would need a lot of data in tables to cover a process. Second, most interesting reactions
are catalytic, ether on a solid surface or by an enzyme. Different catdyst systems behave
quite differently with different catdyst formulations, and they are notorioudy sendtive to
trace impurities, which can poison the catalyst or promote one rate over the others. Catalytic
reaction rates aso do not usudly obey smple power-law rate expressions (such as r = kCy),
and one frequently finds that effective parameters such as orders and activation energies
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vary with conditions. Catdytic processes dso exhibit deactivation, and al properties will
typicdly vary with the time the processes have been in operation, and a mgor engineering
question is how long will be required before the process must be shut down to reectivate or
replace the catayd.

This is the fun (and frudration) of chemicd reection engineering. While thermody-
namics, mass and heet transfer, and separations can be sad to be “finished” subjects for
many engineering applications, we have to reexamine every new reaction sysem from
firg principles. You can find data and congtruct process flowsheets for separation units
using sophigticated computer programs such as ASPEN, but for the chemicd reectors in
a process these programs are not much help unless you give the program the kinetics or
assume equilibrium  yidds

These complications show why we emphasize smple and quditaive problems in
this course. In reector engineering the third decima place is dmos dways meaningless,
and even the second decima place is frequently suspect. Our answers may be in error by
severa orders of magnitude through no fault of our own, as in our example of the temperature
dependence of reaction rates. We must be suspicious of our calculations and make estimates
with several approximations to place bounds on what may happen. Whenever a chemicd
process goes badly wrong, we are blamed. This is why chemicd resction engineers must be
clever people. The chemicd reector is the least understood and the most complex “unit” of
any chemica process, and its operation usualy dominates the overal operation and controls
the economics of most chemical processes.

REACTION-RATE DATA

We condder next the acquigition of data on the kinetics of a chemica reection. We want
rate expressons »(C;, T) which we can insert into the relevant mass baance to predict
reector performance. The methods of acquiring these data, in order of increasing difficulty
and expense, are

1. Literature vaues. If the process is smple and wel known, there may be rate expressions
in the literature that can be used.

2. Edimations. If one can find a process smilar to the one of interest, then rates can be
edimated from these data For example, if one finds a reactor for which a specified
converson is obtained with a specified reactant compostion and temperature, then one
may guess the orders of the reaction with respect to each species (guess first order) and
proceed to formulate a reasonable rate expression.

3. Theoretica rate cdculaions. Statigticd mechanics permits one in principle to compute
reection-rate expressons from firgt principles if one knows the “potential energy surface’
over which the reaction occurs, and quantum mechanics permits one to cdculate this
potential energy surface. In Chapter 4 we condder briefly the theory of reection rates
from which reaction rates would be cadculated. In prectice, these are sddom smple
cdculations to perform, and one needs to find a colleegue who is an accomplished
datigticd mechanic or quantum mechanic to do these caculdions, and even then
condderable computer time and codts are usudly involved.
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4. Kinegtics measurements. When detailed literature data are not available and when one
badly needs accurate kinetics, then the only recourse is to obtain kinetic data in the
laboratory.

Reaction chemistry

Firgt one tries to find out what reactions should be expected with the given reactants and
process conditions. Here one must know enough chemistry to decide what reactions can
occur. If one is not very experienced in the chemistry of the process in question, one
mugt examine the relevant literature or ask experts (organic chemids for organic reections,
polymer chemigs for polymer reactions, materid scientists for solids reactions, etc.).

Once one has formulated a lig of possble reactions, one should then look up the
relevant free energies AG$ in order to cdculate the equilibrium composition for the desired
feed and temperature. If AG% is sufficiently negative, that reection should be expected
to be irreversible. If the equilibium congant is sufficiently smdl so that eguilibrium
product concentretions are small for the conditions used, then that reaction can be neglected
compared to others.

Batch-reactor data

Reection kinetics are most easily and inexpensvely obtained in a smal batch reector. With
liquids this is frequently just a mixture of liquids in a beeker or flask placed on a hot plate
or in a themodatted weter or sand bath. With gases the experiment would involve filling
a container with gases and hesting appropriately. One starts the process at t = 0 with Cj,
and records C; (t) .

The mog difficult aspect of these experiments is finding a suitable method of andyzing
the compodtion of the reactor versus time. Gas and liquid chromatography are by far the
most used techniques for analyzing chemica compostion. Spectroscopic methods (IR,
visble, UV, NMR, ESR, etc.) can be used in some dtuations, and mass spectrometry is
a versdtile but difficult technique. For reections in gases with a mole number change in
a congant-volume batch reactor, the converson can be determined by simply measuring
the pressure change as the resction occurs. All these techniques require cdibration of the
ingruments under the conditions and the compostion range of the experiment.

One measures C; (¢, T') for given C;, and then finds a suitable method of andyzing
these data to find a suitable rate expresson that will fit them. For liquid solutions the
typicad method is to obtain isothermal batch-reactor deta with different C;o8 and continues
to gather these data as a function of temperature to find a complete rate expresson. For a
smple irreversible reaction we expect that the rate should be describable as

R N
r(Cj, T) = k(T) 1‘[1 o/
j=

Thus we expect the rate to be given by a power dependence on the concentrations
and an exponentidd dependence on temperature ki (T) = ke E/RT. This form of the
rate expresson is not aways accurate, epecidly for cataytic and enzyme reactions
for which Langmuir-Hinshdwood and Michaelis-Menten expressions are required to fit
experimenta  data
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Assuming that we have an irreversble reaction with a single reactant and power-law
kingtics, r = kC7,, the concentration in a constant-volume isotherma batch reactor is given
by integrating the expresson

dCy
—= = —kC}
dt 4
to obtain
1
—n+1 (€M = €t =kt
forn # 1.
For second-order kinetics, the integrated rate expression is

1 1

T =kt

CA CAo

s0 that a plot of 1/C4 versus ¢ should give a straight line whose dope is -k. For first-order
kinetics, the appropriate plot is one of In Cy versus ¢, and the dope of this plot is -k. [What
plot will give a graight line for haf-order kinetics?

One thus obtains a family of these isotherma lines from batch-reactor deta for a given
C 4, for different temperatures, as shown in the graphs of Figure 2-19 for n = 1, 2, and 1.

Temperature dependence
We expect that the dopes k from this graph should depend on T as
k(T) = k, exp(—E/RT)
Teking the logarithm of both sides, we obtain
In k= Ink £
= In -———
! ° T RT
so that aplot of In k versus 1/ T should give a straight line whose dope is -E/R, as shown

in Figure 2-20. If we extrgpolate this Arrhenius plot to I/T = 0 (T = ©¢), the vaue of
k is the preexponentid k,. We frequently plot these data on a bass of log,,, for which the
dopeis —E/2.303R.

Thus from this procedure we have the smplest method to andyze batch-reaction data
to obtain a rate expression r (CA, T) if the reaction is irreversble with a single reactant and
obeys power-law kinetics with the Arrhenius temperature dependence.

increasing T

1 1/2
InCp c

t t t
Figure 2-19 Plots of C4 versus time, which give straight lines for an nth-order
imeversble resction. The dopes of thee lines give the rate coefficient k
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Figure 2-20 Plot of log k (obtained from isothermal — In ko
reaction data in the previous figure) versus I/T. The dope
of this line is -E/R, and the intercept where I/'T =0 is
the pre-exponential factor k.

slope =-E/R
In k

If the reaction has multiple reactant species such as
A + B — products, r=kCyCp

then the orders with respect to C4 and to Cy can be obtained by using a large excess of one

component. In this example one might use Cp, >» Cy4, 0 that Cy remains nearly congant
in a batch-reactor experiment. Thus the rate would become r = (kCp,)Cy4, and a plot of
In C, versus  would have a dope —kCp,. One would then repeat this experiment with

Cuo > Cp, where aplot of Cp versus ¢ would have a dope of &kC 4.

Differential-reactor data

Another method to obtain kinetic data is to use a differentia reactor in which the concentra-
tion does not change much from the initia concentration Cy,. In this case the differentia
rate expresson
dCy _
T
can be written approximately as AC,/At. Taking logarithms, we obtain

ACy
In|[——)=Ink InC
H(At) nK+myinCy

0 that a plot of In (AC,/At) versusIn C4 has a dope of m, and an intercept of In Kk, as
shown in Figure 2-21. By plotting lines such as these versus temperature, the values of E
and k, can be obtained from differentid batch-reactor data.

kCm

Statistical analysis of data

The accuracy of data obtained by these methods must be anadyzed very caefully to
determine the dtetisticd confidence of rate parameters m;, E, and k, obtaned. One must
have data over a sufficient range of Qu, ¢, and T for accurate vadues, and data should be
andyzed by methods such as least-squares andysis to assess its accuracy.

This andyss assumes random error in data acquistion, and an equaly important
problem in any experiment is systematic error, in which messurements are inaccurate
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Figure 2-21 Differential reactor data analysis.

Increasing Plots of AC4/AT versus C4 on alog-log scale
10 T should give straight lines for fixed 7. The slope
of this line is the order my4, while the vaue of the
vertical scale where (4 = 1isthe rate coefficient
k.
ACp
— 1
At y
0.1 | \ \
' 0.1 1.0 10
Ca

because of measurement difficulties such as cdibration errors, meter zero errors, or smple
human error (writing down the wrong number). Statisticad analysis can never be subdtituted

for common sense and caution in acquiring and anadyzing reection-rate data to obtan
reaction-rate parameters.

Data acquisition

Obtaining kinetic data is very tedious, and it requires grest care to avoid both random
and systematic errors. For this reason, it is very common to assemble computer-based
data acquistion systems, frequently with smple persond computers equipped with data
acquistion andog-to-digita capabilities and graphics. These computers can be programmed
patiently to acquire the necessary data, make frequent cdibrations, vary parameters such
as temperature and concentration, andyze data datistics, and print out parameters.
However, since any process evauation is no better than the rate data fed into it,
the chemica engineer must dways be suspicious of the vdidity of rate data, whether
from the literature or obtained in house. A particular concern is the extrapolation of rates
obtained under one st of conditions to different operating conditions. Perhgps one must
process liquids a high temperatures and pressures, while lab data are easiest to acquire
in a glass flak a& amospheric pressures and lower temperaures. The prudent engineer

would want a least to spot check any rate expressons a actud operating conditions or
risk trouble.

Complications

Reaction systems are sldom (never) as smple as those implied by an expresson such as
r = kC}}. While the ideas presented show how data are generaly obtained, considerable

ingenuity is required for the complex reactions encountered in practice. Among these
complications  are:
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1. Red processes dmost dways involve multiple reections. This is the subject of
Chapter 4, where we will see that sdectivity to form a desired product is a crucid issue and
consequently there are many ks and orders that we need to know.

2. Red procesess frequently involve cadysts or enzymes, which usudly give rae
expressons much more complex than these.

3. Catdysts and enzymes dso can vay sgnificantly between batches and exhibit
activation and deectivation, so that reaction rates may be expected to vary with time. Thus
it is not unusua to find that a reaction activation energy increases with the time that a process
has been ongtream, which one might need to fit by assuming that E is a function of time.
As you might expect, problems such as these require careful consderation and caution. We
will consder catdytic reactions and their kinetics in Chapter 7.

4. It is frequently difficult to maintain reactors trictly isotherma because dl reactions
liberate or absorb considerable heat. These effects can be minimized by diluting reactants
and usng low temperatures, thus making reection rates sufficiently dow that the system can
be thermostatted accurately. However, kinetics under these conditions are not those desired
in a reactor, and one must be careful of the necessary extrapolation to operating conditions.
We will discuss heet effects in detail in Chapters 5 and 6.

5. Mogt reaction systems involve many smultaneous reections, and the andyss of
these systems can be very difficult or impossible. For a large s&t of reactions with unknown
kinetics, it is common smply to assume reections and rates (for example, with dl reections
first order) and make empirical fits of experimental data to these rate expressions. Such rate
expressons have little fundamenta significance, but empirica reection rates dlow one to
formulate models of the reactor behavior. Specid caution must be used in extrgpolating
these empirical rate expressions beyond the range of data from which they were obtained.
Many industria reaction processes such as in the petroleum refinery are andyzed through
such empiricad models. These are developed over long periods of time to fit plant behavior,
and eech large producer of a given process has carefully guarded empiricad models with
which to optimize plant performance for given feedstocks and customer product demands.

6. Kinglic data are frequently acquired in continuous reectors rather than batch
reactors. These data permit one to determine whether a process has come to steady dtate
and to examine activation and deactivation processes. These data are andyzed in a smilar
fashion to that discussed previoudy for the batch reactor, but now the process varigbles
such as reactant flow rate (mean reactor residence time) are varied, and the composition
will not be a function of time after the reactor has come to steady State. Steady-state reactors
can be used to obtain rates in a differentid mode by maintaining conversons smdl. In this
configuration it is particularly Sraightforward to vary parameters individudly to find rates.
One must of course wait until the reactor has come to steady state after any changes in feed
or process conditions.

Small steady-date reactors are frequently the next stage of scaleup of a process
from bach scde to full commercid scade. Consequently, it is common to follow batch
experiments in the laboratory with a laboratory-scae continuous-resctor process. This
permits one both to improve on batch kindic data and smultaneoudy to examine more
properties of the reection system that are involved in scding it up to commercid sze.
Continuous processes dmogt by definition use much more reactants because they run
continuoudy. One quickly goes from smal bottles of reactants to barrds in switching to
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SUMMARY

continuous reactors. Because of higher reactant costs and the fact that these reactors must
frequently be operated day and night, the costs of running continuous processes are much
higher than batch processes.

Batch reactors are frequently operated by chemists who are responsible for obtaining
the (boring) preiminary kinetic data on a process. Chemica engineers get involved when
a continuous process is being consdered because chemists do not understand anything
beyond batch reactors. Steady-state continuous reactors are the subject of the next chapter.

In this chapter we have defined some of the quantities we will need in consgdering chemica
reactors. All these concepts have been developed in previous courses that most of you
have taken, and none is particularly complicated. For students who may not have had these
courses or who have forgotten this materid, the development here should be adequate for
our Uses.

Then we switched topics completely to consder the chemicd reactors that have
dways dominated the chemicd engineering industries. Thee are extremey complicated
and appear to have little relation to the simple batch reactors that you have seen previoudy.

In the rest of this book we will gpply these ideas to increasingly complex Studtions,
s0 that by the last chapter you should have seen dl the ideas necessary to ded with these
reactions and reactors. More important, these ideas should permit you be able to understand
the even more complex reactions and reactors that you will have ded with to develop new
processes for future technologies.

2.1 [This is one of severa “descriptive” problems (no numbers) that will be assigned throughout
the course. You should be able to work these problems by just thinking about them, referring
to your old texts, and discussing them with classmates.]

Surfactants are fairly large molecules with molecular weights of 100-200 amu that make oil
particles soluble in water.

(a) What is the dructure of these molecules and what is the structure of the oil+surfactant+water
solution?

(b) Your great-grandmother made soap by cooking animal fat with wood ashes and water in
a large pot open to the air for severa days and then casting the product into bars. What
reactions was she carrying out in her multiphase batch reactor?

(c) In the early twentieth century companies such as Procter and Gamble began replacing the
reactants by olefins, NaOH, and phosphates to scale up grandma's process, to reduce raw
material costs and to attain better quality control so they could sell many specialty products
at high prices. Where does each of these raw materials come from?

(d) Carboxylic acids make too much foam, branched alkyl groups are not attacked by bacteria,
and the phosphate builders in soaps are nutrients in lakes, so in the mid-twentieth century
soaps have been largely replaced by detergents. What are detergents?

(e) Biodegradable detergents are made by reacting «-olefins with akaline sulfates. The g-
olefins can be made by polymerizing olefins, or forming large olefins from smaller ones
over a catalyst. Sketch how the successive reactions of ethylene with small a-olefins should
produce exclusively a-olefins.
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(f) Zeolites are crystalline synthetic clays that are porous and contain anionic groups in their
lattice. The largest use of zeolites industrially is in the soap and detergent business, where
a few percent of the Na salt of Zeolite A is added to most detergents. Why?

In ethanol production by fermentation of corn, hydrolyzed ground corn in a water suspension
containing 50% corn by weight is mixed with sufficient enzyme to produce ethanol by the
approximate reaction

CgH206 — 2CyHsOH + 2CO,

When the solution reaches 12% ethanol, the yeast dies and the reaction stops.

(a) How many bushels of corn are required to produce 500 tons of pure ethanol per day? Assume
1 bushel of corn weighs 56 Ib.

(b) The process requires 72 hours to go to completion. What size batch-reactor tank or tanks
are required for this process?

The onset of World War Il caused major expansion and technology innovation in the petroleum
and petrochemical industries, with major increases in demands for (1) branched aliphatic
and aromatic hydrocarbons, (2) high-purity toluene, (3) butadiene, and (4) nylon. What uses
produced each of these demands? [Some hints: The jet engine was important only after 1950,
rubber plantations were located in Malaysia, and cotton becomes weak and mildews when wet.]

You wish to design a plant to produce 100 tongday of ethylene glycol from ethane, ar, and water.
The plant has three reactor stages, ethane dehydrogenation, ethylene oxidation, and ethylene
oxide hydration.

(@) What are the reactions?

(b) Both dehydrogenation and hydration have nearly 100% selectivity (with recycle of unre-
acted reactants), but ethylene to ethylene oxide has only 70% selectivity with an old catalyst
and 90% selectivity with a new and expensive catalyst. How many tons/day of ethane do
we need to supply to this plant with each of these catalysts?

(c) Ethylene to EO has a heat of reaction of -25 kcalfmole, and the undesired byproducts are
exclusvely CO; and H;O. [You can look up the heat of combustion of ethylene] What is
the rate of heat removal in watts with the two catalysts?

(d) If all this heat is used to produce low-pressure steam (from 25°C at 1 atm), approximately
how many tons of steam per day can be produced?

(e) Could the heat from this reaction be used to provide heat in the other two reactions? Where
else could it be used?

(f) Sketch a flow diagram of this plant including reactors and separation units.

2.5 We want to hydrolyze 500 Ib per day of an ester a an initial concentration of 5 molar (the

ester has a molecular weight of 120) in aqueous basic solution in a batch process, and we need
product that is 99% hydrolyzed. In benchtop experiments in a flask we find that 50% of the
ester hydrolyzes in 15 min for initial ester concentrations of either 1 or 5 molar. We aso find
that, when we react for 8 h, all of the ester has hydrolyzed. It takes 1 h to empty the reactor and
refill and hesat it to start another batch.

(8 What size reactor will we need?

(b) What size reactor will we need if we can tolerate 90% conversion?
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2.6

(a) The previous process was found to have an activation energy of 12 kcal/mole, and we had
been operating at 40°C. What reactor volumes would we need if we can operate at 80°C?

(b) This hydrolysis reaction is exothermic with AH; = -8 kcal/mole. What must be the
average rate of cooling (in watts) during the reaction to maintain the reaction isothermal?

(c) If we started the batch reactor at 40°C but forgot to turn on the cooling, what would be the
final temperature if the reactor were adiabatic (and the vessel would withstand the pressure)?
Assume the heat capacity of the solution to be that of water, 1 cal/cm3 K.

(d) What cautions do you recommendations regarding operation a 80°C?

2.7 An aqueous ester hydrolysis reaction A — B + C has k = 0.02 min~! and an equilibrium

2.8

2.9

2.10

2.11

constant of 10 with all concentrations in moles/liter.

(a) Starting with Cy, = 1 molé/liter, and Cp, = C¢o, = 0, what is the equilibrium composition?
(b) What is the reverse rate constant in the above reaction?

(c) Find C4(¢), Cp(t), and Ce(t) in a batch reactor for these initial conditions.

(a) Sketch the steps, reactions, and flow sheet by which ethylene glycol is produced from ethane
by the direct oxidation process.

(b) Ethylene glycol was made by the chlorohydrin route until the 1960s, when Union Carbide
and Shell Oil developed the direct oxidation process. In the chlorohydrin process hypochlor-
ous acid, HOCI, is reacted with ethylene to produce ethylene chlorohydrin. Then HCI is
eliminated and the product is hydrated. Sketch these reactions and the flow sheet, starting
from NaCl, ethane, water, air, and electricity.

(c) If the HCI must be disposed of by reacting it with NaOH, how many pounds of salt must be
disposed of per pound of ethylene glycol produced, assuming al reaction steps have 100%
efficiency?

(d) Write out the ethane to ethylene glycol reactions in our standard notation, Y v;; A;j=0i=
L,2,.., R

Summarize the argument that all chemical energy sources are derived from solar energy. What
is the single chemical reaction and what is the catalyst by which all of this chemica energy is

produced? [Look it up in your biology text.] What is a reasonable definition of renewable and
nonrenewable energy sources? What is the major reaction by which CQO, is removed from and
added to the biologica cycle?

Before synthetic polymers were developed to produce fibers and sheets, your ancestors found
many natural sources of polymers for clothing, housing, and tools. Make a list of these divided
into soft materials and hard materials and into one-dimensional and two-dimensional polymers.
List the source, uses, and chemical composition for each. Don't forget violin bows, guitar
strings, writing surfaces, and wine jugs.

We have a process that reacts 67% CH, in O, at 10 atm to form syngas (A Hg = -8.5 kcal/mole
CHy).

(a) Estimate the adiabatic reactor temperature a completion if we produce 100% syngas with
a feed temperature of 400°C. Assume pC, = % R = 7 cal/mole K.

(b) Estimate the adiabatic reactor temperature if we suddenly begin producing 100% total
combustion products (A Hg = — 192 kcal/mole).




Problems 83

(c) What do we have to be concerned with regarding reactor construction materials and pressure
relief capabilities to design for this possibility?

2.12 We wish to produce B in the reaction system

2.13

214

A — B, r = kiCy
A > C, Ta = kaCy

A costs $1.20/1b, B sdlls for $2.50/1b, and C costs $0.50/Ib to dispose.

(a) What relation between the ks will give a positive cash flow if the reactor and operating
costs are ignored?

(b) What relation between the ks will give a 30% profit on sdes if the reactor and operating
costs are ignored?

Sterilization is a batch process by which bacteria and molds in food are killed by heat treatment.

A can of vegetables that originally contained 10,000 viable spores has 100 spores remaining
after heating for 10 min at 250°F. Assuming first-order kinetics, how long must this can be
heated at this temperature to reduce the probability of having a single spore to an average of 1
in 1 million cans?

Methanol is synthesized commercially from CO and Hz by the reaction
CO + 2H,; 2 CH;0H

over a Cu/ZnQ catalyst at -350°C at 50-100 atm. The standard-state thermodynamic data on
this reaction are AHg 53 = -90.64 kJ/mole and AGp 504 = -24.2 kJ/mole.

(@ What is the equilibrium conversion of a stoichiometric mixture of CO and H; to methanol
at 298 K at 1 atm?

(b) Assuming A H® independent of T, what are K., and the equilibrium conversion at 1 am
and 350°C?

(c) The actual value of K.q at 350°C is 1.94 x 104, How large is the error assuming constant
AH?

(d) At what pressure will the equilibrium conversion be 50% at 350°C?

215 A fluidized-bed catalytic cracker operates nearly adiabatically. In the reactor, al cracking

and dehydrogenation reactions are strongly endothermic, while in the regenerator, strongly
exothermic oxidation reactions occur. Set up an energy balance for the reactor and regenerator
assuming a highly simplified set of reactions
n—C16H38 —> n—Cngg + n—C3H16
n—CisHss — 16C + 19H,
C+ 02 — C02

(8 What fraction of the hydrocarbon must form coke for the overall reactor to be adiabatic?
Heats of formation of n—C,sHsg, n—~CgHjs, and n—-CgHj¢ are -89.23, -49.82, and -19.82
in kcal/mole, respectively, and A Hp of CO oxidation is -94.05 kcal/mole.

(b) Indicate how you would determine the energy balance for a catalytic cracker knowing the
feed and product composition of the reactor.
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2.16

2.17

(c) It isimportant that the temperature of the reactor and regenerator remain constant, indepen-
dent of reactions and conversions. How might the reactor be controlled to maintain constant
temperatures? There are many options.

The enthalpies of some hydrocarbon reactions are shown here:

Reaction A Hpg (kcal/mol)

CyHg — 2C + 3H) $20.2

CyHy — 2C, + 2Hp -12.5

CoHy — 2C, + Hy -54.5

CyHs 4+ Hy = C3Hg -7.5

2C,Hy — C4Hg -24.7

Estimate the final temperatures if a container of these gases at 25°C suddenly goes to complete
reaction. Use C, = 2 R. [One answer: ~ 8000°C!]

(8) What safety precaution is usualy taken in storing acetylene?

(b) How much excess H; would have to be used in a gas-phase ethylene hydrogenation process
to have the adiabatic temperature rise not exceed 300°C? List at least two reasons why
isobutane is a preferred diluent instead of H; to prevent thermal runaway in this reaction.

2.18 Polyurethanes are used for most plastic parts in automobiles such as bumpers and nonmetal

body panels. They are made from toluene diisocyanate and ethylene glycol. We are designing
a chemica plant that makes TDIC and need to evaluate the safety of the units. Phosgene is

made by reacting CO and Cl; in a 20 atm reactor with a residence time of 10 sec. Toluene is

nitrated by reacting with concentrated nitric acid solution at 140°C with a 1 min residence time,

and the agueous and organic phases are separated. The organic phase is distilled to separate

dinitrotoluene. The dinitrotoluene liquid is hydrogenated with H, at 5 atm at 120°C with a
liquid residence time of 20 sec. The product is reacted with phosgene in a vapor-phase reaction
at 150°C, T = 2 min, and the TDIC is digtilled. The TDIC is findly reacted with ethylene glycol
in a reaction injection molding process to form the bumper.

(a) This process consists of 5 reactors. Write down the reactions that occur in each.

(b) Sketch the flow sheet of the 5 reactors and 3 separation units with feeds of CO, Cl,, toluene,
H,, and ethylene glycol.

(c) The process is to produce 10 tons/h of polymer. Assume that each reactor produces 100%
conversion and that the nitration process produces equal amounts of the three nitrates. What
are the sizes of each of these reactors? Approximately how much chemical do they contain?

(d) These 8 units are al connected by valves that will close quickly to isolate al units in the
event of an upset of any kind. Describe the potential safety hazards of each unit and the
possible things that might go wrong. Include runaway reaction and dangers from venting
including chemical toxicity, fire, and explosion. Write ~1/4 page of text on each.

(e) Order the unitsin terms of decreasing hazard. Which units do you request not to be assigned
to?

2.19 How many pentene isomers exist? How many isomerization reactions would describe their

isomerizations?
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2.20 Nitric acid is made from methane by first reacting CH4 with H,O to form syngas. Water is added

to the CO + Hz mixture to form H, and CO, which is easily separated. Hydrogen is reacted
with N, from a liquid air plant. Ammonia is oxidized to NO over a Pt catalyst, and additional
air is added to form NO,, and the product is dissolved in water.

(a) Write out the reactions in this process.
(b) Sketch a flowsheet of a nitric acid plant.

2.21 Polyacrylonitrile is an important polymer for carpets and for vapor barrier films in food

packaging.
(@ Until approximately 1975 most acrylonitrile was made by reacting acetylene with HCN.

Acetylene is made by dehydrogenation of ethane. HCN is made by reacting CH4, NH3, and
air over a Pt catalyst. Write out these reactions.

(b) In the 1970s Sohio (now British Petroleum) discovered a process by which propylene and
NH; react over a bismuth molybdate catalyst in a process celled ammoxidation to make
acrylonitrile in one step in a fluidized bed reactor. Now nearly 100% of acrylonitrile is made
by this process. Write out this reaction.

2.22 Alpha olefins with typically 12 C atoms have wide use as detergents, polymer additives, and

2.23

many other chemicals. These aolefins (linear molecules with the double bond only at the
end carbon) can be made by the oligomerization (dimerization) of smaller olefins starting with
ethylene or by successive carbonylation of smaller a-olefins. Write out these reactions, showing
why they do not produce branched alkyls or double bonds at other than the end position.

An irreversible agueous reaction gave 90% conversion in a batch reactor at 40°C in 1) min and
required 3 min for this conversion at 50°C.

(& What is the activation energy for this reaction?

(b) At what temperature can 90% conversion be obtained at 1 minute?

(c) Find the rate coefficient assuming first order kinetics.

(d) Assuming first order kinetics, find the times for 99% conversion at 40 and at 50°C.

(e) Assuming first order kinetics, find the temperature to obtain 99% conversion in a time of 1
minute.

(f) Assuming second order kinetics, find the times for 99% conversion at 40 and at 50°C.

(g) Assuming second order kinetics, find the temperature to obtain 99% conversion in a time
of 1 minute.
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SINGLE REACTIONS IN
CONTINUOUS ISOTHERMAL
REACTORS .

CONTINUOUS REACTORS

n this chapter we condder the fundamentas of reaction in continuous isothermd

reactors. Mogt indudtrial reactors are operated in a continuous mode instead of batch

because continuous reactors produce more product with smaller equipment, require less
labor and maintenance, and frequently produce better quality control. Continuous processes
are more difficult to dart and stop than batch reactors, but they make product without
stopping to change batches and they require minimum labor.

Batch processes can be tailored to produce small amounts of product when needed.
Batch processes are aso idedl to measure rates and kinetics in order to design continuous
processes. Here one only wants to obtain information rapidly without generating too much
product that must be disposed of. In pharmaceuticals batch processes are sometimes desired
to assure qudity control: Each batich can be andyzed and certified (or discarded), while
contamination in a continuous processes will invariably leed to a lot of worthless product
before certifiable purity is restored. Food and beverages are ill made in batch processes
in many Stuaions because biologicd reactions are never exactly reproducible, and a batch
process is easier to “tune’ dightly to optimize each baich. Besdes, it is more romantic to
produce beer by “beechwood aging,” wine by stamping on grapes with bare feet, stesks by
charcod grilling, and similar batch processes.

We will devdop mass bdances in terms of mixing in the reactor. In one limit the
reector is girred sufficiently to mix the fluid completdly, and in the other limit the fluid
is completly unmixed. In any other gStuation the fluid is patidly mixed, and one cannot
specify the compostion without a detailed description of the fluid mechanics. We will
condder these “nonided” reactors in Chapter 8, but until then dl reactors will be assumed
to be ether completdly mixed or completly unmixed.

THE CONTINUOUS STIRRED TANK REACTOR

86

Here we condder the Stuation where mixing of fluids is sufficiently rgpid that the com-
position does not vary with postion in the reactor. This is a “dtirred-tank” or “backmix
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reactor,” which we will cdl the continuous girred-tank reactor or CSTR (Figure 3).
Our picture is that of a tank with a girring propeler that is fed and drained by pipes
containing reactants and products, respectivdy. In this dtuation the crucid festure is that
the composdtion is identical everywhere in the reactor and in the exit pipe Nothing is a
function of podtion except between the inlet pipe and the reactor entrance, where mixing
is assumed to occur ingantly!

The idea that the compodtion is identicad everywhere in the reactor and in the exit
pipe requires some thought. It might seem that, since the concentration changes ingantly
a the entrance where mixing occurs, reection occurs there and nothing else happens in the
reactor because nothing is changing. However, resction occurs throughout the resctor, but
mixing is S0 rapid that nothing appears to change with time or pogtion.

The “completdy mixed” limit is in fact rather easy to achieve with ordinary mixing
techniques. The gpproximation can be thought of in terms of “mixing time’ 7, versus
resdence time t of the fluid in the reactor. If

Tmix K T

then the reactor is totaly mixed to a good gpproximetion. Temperature veriations within
some large reactors dso produce enough natura convection to help ir the contents.
The approximation of a wel-mixed reector requires merdy that the region of variable
composition (and varidble rate) near the entrance be small compared to the volume of the
reactor.

Since the reactor is assumed to be uniform in composition everywhere, we can make
an integral mass balance on the number of moles N; of species j in a reactor of volume V.
This gives

[accumulation] = [flow in] — [flow out] + [generation]
or

dN;

= = Fe— Fj+Vyr

where F;, and F; are molar flow rates of species j (in molestime) in the inlet and outle,
respectively. Each term in this equation has dimensons of molesftime This equaion as
written is exact as long as the reactor is completely mixed. We will develop severd versons

Figure 3-I The continuous stirred
tank reactor (CSTR) of volume V with
inlet molar flow rate F;, and outlet mo-
lar flow rate F;

F]0=VOC]0 F =VC
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of this equation for different conditions, specificdly depending on (1) Seady-date versus
trandent conditions and (2) condant densty versus variable dengty.

It is evident that this eguation looks identical to the batch-reactor equation in the
previous chapter except for the flow terms Fj, and F;, which are of course zero in the batch
reector. In fact, the batch reactor and the CSTR share the characteristic that properties are
identicd everywhere in the reactor. However, the solutions in batch and CSTR are quite
different except for trandents, and, as we will see, the performance of the batch reector is
in fact much closer to the plug-flow tubular reactor than to the mixed reector.

We can relate N; and C; by the relation

We can dso relate the molar flow rates Fj, and F; of species j to the concentration by the
relationships

F}o = vocjo
and
Fj = ‘UCJ
respectively, where v, and v are the volumetric flow rates into and out of the reector.

For reactions among liquids and among gases where the total number of moles does
not change, the density of the sysem does not change with composition, and therefore
Vo = v. If we assume that V is congant and the density does not change with composition,
differentiation of N; yidds

aN; _ 4G
dt dt

If the dengty of the fluid is condant, then the volumetric flow rates in and out of the
reactor are equal, v = v,. The massbaance equaion then smplifies to become

V —L =y(Cjo—Cj) + Vyr

dc;
dt

Next we assume that compostions are independent of time (steady date) and set the time
derivative equd to zero to obtain

U(Cjo -Cj) + ijr =0
We cdl the volume divided by the volumetric flow rate the reactor residence time
1%
T=—
Y
[We caution that we have not yet proven that this is the true average resdence time, and
we will not do this until Chapter 8. Also, whenever v or V is a functions of converson, we
cannot treat T as a congant that is independent of conversion.]

With these gpproximations we write the steady-state mass baance on species j in the
CSTR as
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Cio—C; =—tyr

This will be the mogt used form of the massbaance equation in the CSTR in this book.
Students should either memorize this equation or preferably be able to derive it from an
integrd mass balance on the reactor. This equation requires three mgjor assumptions.

1. A deady date,
2. A dngle reection, and
3. No dendity change with reaction.

CONVERSION IN A CONSTANT-DENSITY CSTR

For a reactant species A (v, = — 1) the steady-state mass balance becomes
Cao = Ca=1r(Ca)

and we will now solve this equation for some smple rate expressons.

Irreversible reactions

Consider the nth-order irreversible reaction
A — products, r=kCsyn
For firg-order kinetics, n = 1, the mass baance becomes
Cao —Ca= tkCy
which can be rearranged to solve for Cy4

CAo
14kt

Cs=

and then solved explicitly for 1

CAo - CA
kCy

T =

Note that we smply had to solve an agebraic equation to find C4 (T ) or T (CA).

In a CSTR with any single reaction rate r(Cy4), we can dways solve explicitly for ©
as

CAo - CA
r(Ca)

T =

If this reaction is A — B, we can find Cpg by smply subdtituting from goichiometry,
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Caokt
CB:CAO“CAzﬁ

if Cgo = O.

Example 3 The reaction A — B, r = kC, occurs in CSTR with 90% conversion. If
k =0.5 min~!, C4, = 2 moles/liter, and v = 4 liter/min, what residence time and resctor
volume will be required?

From the preceding equaion we have

Cao—Csq _ Cyo—Cyp 20-02 18
r(Cy  kC, =05x02=01

The resctor volume is

= 18 min

T =

V =wvr =4 x 18 = 72 liters

Note that this problem is even easier than for a batch reactor because for the CSTR
we just have to solve an dgebraic equation rather than a differentid equation.
For second-order kinetics, r = kC%, the CSTR mass-baance equation becomes

CAo - CA = TkCi

s

i 0 we must solve a quadratic in C4 to obtain

.
_ =1+ (14 4k Cy)'?
- 2kr

Ca

Throughout this book the reaction we will focus on for many examples will be vaiations
of the preceding reaction: A — B, r = kC4, C4o = 2 molesliter, k = 0.5 min~!, y, = 4
liter/min. We will compare it for several reactors in this chapter, and in Chapters 5 and 6
we will examine it for nonisotherma reactors. Waich for it.

gég Example 3-2 The reaction A — B, r = kC3, occurs in CSTR with 90% conversion. If
 k = 05 liter molei min~!, C4, = 2 moleslliter, and y = 4 liter/min, what residence time
and reactor volume will be required?

From the above equation we have
= Cuo =~ Cy Cuo = Cy 20-0.2 1.8 — 9 min
r (Ca) = kC%: =05 x(0.2)? =002

The reactor volume is

V =v7 =4 x 90 = 360 liters
For nth-order kinetics in a CSTR we can eesily solve for 1
CAo - CA

T e
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but this equation becomes an nth-order polynomid,

rkC,’;+ Ca—Cy=0
and to solve for C4 we must find the proper root among the n roots of an nth-order
polynomid.

We took the 4+ sign on the sgquare root term for second-order kinetics because the
other root would give a negative concentration, which is physcaly unreesonable. This is
true for any reection with nth-order kinetics in an isothermd reector: There is only one red
root of the isotherma CSTR mass-bdance polynomid in the physicaly reasonable range
of compostions. We will later find solutions of smilar equations where multiple roots are
found in physicdly possble compostions. These are true multiple steedy dates that have
important consequences, especidly for girred reactors. However, for the nth-order reaction
in an isotherma CSTR there is only one physicdly significant root (0 < C4 < Cyo) to the
CSTR equdtion for agiven 1 .

Fractional conversion

As shown in the previous chapter, we can use another veriable, the fractional conversion
X. which we defined as
Ca= Cpo(l ~X)
as long as the system is @ condant dengity. In order for this variable to go from O to 1, it is
necessary that we base it in terms of a reactant A whose concentration is C4 (the limiting
reectant with v4 = -1). We can now write the mass-balance equation for the CSTR in
terms of X as
Cho = Ca = CpoX = ThCy(X)
and solve for X(t) rather than C,(t). For the first-order irreversible resction this equation
becomes
CaoX = thCyo(l — X)
which can be solved for t

t—-l X
Tkl-X
or for X,
kt
X(t) = ——
® 1+k7

From the definitions of C4 and Cp in teroms of X, we can use this X(r) to find the same
expressions as above for C4 (1),

kt CAo
Ca(t) = Cao(l = X) = Cao (1 1 +kt) - G
and for Cp (1), and
_ _ CAok‘L'
Cp(r) = CpoX = I_;"k?

which are the same answers we obtained by solving for C4 directly.
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We could continue to write dl these massbaance equations as X(r) ingtead of
C4(t), but the solutions are not paticularly instructive unless the rate expressions become
s0 complicated that it is cumbersome to write an expression in terms of one concentration
CA. For amplicity, we will use C4(t) rather than X(t) wherever possble.

Reversible reactions
Next consider the reaction

AZ B, r= kCys—kCp
Since from soichiometry Cp = Cpo + Cao — C4y, the rate can be written as

F=kCyq ~ kp(Cao+ Cpo — Cy)

and the solution with Cp, = O is

CAo - CA CAo - CA

1(Ca) = kCyp = kp(Cpo = Ca)

or
| + kyt
1+ ke + k)T
Note that as T — oo, this gives the equilibrium composition
Cp K
Ca ky
as required by thermodynamics. Also note that if k, = O, the expresson becomes that for
the irreversible first-order reaction as expected.
We can continue to consder more complex rate expressions for reversible reactions,
but these smply yidd more complicated polynomials r(C,) that have to be solved for
C4(1). In many studions it is preferable to write 7(C4) and to find C4 by trid and error

or by usng a computer program that finds roots of polynomids for known k¢, ky,, and feed
composition.

Ca(t) = Co

THE PLUG-FLOW TUBULAR REACTOR

The CSTR is completely mixed. The other limit where the fluid flow is smple is the plug-
flow tubular reactor, where the fluid is completely unmixed and flows down the tube as a
plug. Here we picture a pipe through which fluid flows without digperson and maintains
a congant velocity profile, adthough the actud geometry for the plug-flow approximation
may be much more complicated. Smple condderation shows that this Situgtion can never
exig exactly because a low flow raes the flow profile will be laminar (parabolic), while
a high flow raes turbulence in the tube causes considerable axia mixing. Neverthdess,
this is the limiting case of no mixing, and the smplicity of solutions in the limit of perfect
plug-flow makes it a very useful modd. In Chapter 8 we will consider the more complex
Stuations and show that the error in the plug-flow approximation is only a few percent.

We mugt develop a differentid mass balance of composition versus postion and then
solve the resulting differential equation for Ca(z) and C4(L) (Figure 3-2). We consider a
tube of length L with postion z going from O to L. The molar flow rate of species j is Fj,
a the inlet (z = 0), F;(z) & postion z, and F;(L) & the exit L.
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) _ _ . Figure3-2 The plugflow tubular reactor (PFTR).
F] (Z) - VCj - UAth The length of the reactor isL, the inlet molar flow
rate of speciesj is Fj,, and the outlet flow rate of
species j is Fj.

Z-—-b

We firg assume that the tube has congtant diameter D and dso that the dendty does
not vary with postion (either liquids or gases with no mole number change, pressure drop,
or temperature change with gases). In this case the linear velocity u# with which the fluid
flows through the tube is equd to the volumetric fiow rate v divided by the cross-sectiona

tube area A((A; =  D?/4 for a cylindrica tube),
v 4v
U= — =

A, nD?
a any postion.
A deady-date shell baance on species j in the dement of length dz between 7 and
z + dz yidds
Fi(2) — Fi(z+dz) + Adzvr =0
The molar flow rate of species j is rdlated to these quantities by the rdation
I:j = Atqu
Therefore, the mass balance on species j becomes
Au[C; (D) —Ci(z+ dz)]+ Atdzvr =0
We next make a Taylor series expansion of the difference in C; between z andz+dz
and let dz — 0, keeping only the lead term,
dC;
lim [C;(z) — Cj(z + )] == (——’) dz+---
erF)O[ ](Z) 7 dZ .

[We obtain the same result by just noting that this difference when divided by dz is smply
the definition of a derivative] Both A; and dz can be cancdled in each term; o the mass
balance on species j becomes

udcj =vr
dz ~—

which is the form of the PFTR eguation we will mog often use. Note agan thet this
expresson assumes

1. Pug flow,
2. Steady date,
3. Congant densty,
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4. Constant tube diameter, and
5. A dngle reaction.

This equation is not appropriate if al five of these conditions are not met. We can
relax the third and fourth redrictions for the PFTR by conddering the differentid element
of volume dV = A, dz raher than the differentid dement of length dz. The mass-baance
eguation & a position where the fluid has moved from volume V to volume V + d V then
becomes

F(\V) —"Fi(V+dV)+ dVvr=0
and teking the limit d V — 0 and dividing by d V, we obtain the expression
dF,
dv
This equation can dso be used in Stuations where the dendgity and tube cross section are
not congants. The equation

vjr

dFy

av
is described as the “fundamental equation” for the mass baance in a PFTR in the texts
by Levengpid and by Fogler (with var replaced by rs). However, this equation cannot
be smply modified to handle trandents, nor can it be used to consder other than perfect
plug flow, because for dl of these Stuaions we need eguations in which the postion z
is the dependent variable. Since Stuations such as laminar flow and disperson caused by
turbulence are very important in dl red tubular resctors, we prefer to use the constant-
cross-section, condant-dengty verson of this equation so that we can easly see how it
must be modified to handle these Studions.

=—ry

CONVERSION IN A CONSTANT-DENSITY PFTR

We now consider solutions to the preceding equation for simple kinetics. For reactant species
A(vg = ~ 1) the equation becomes

dCy
—2 — _r(C
“ I r(Ca)
For r = kC4 subditution yidds
dCyu
- = —kC
u dz A
and after separation we obtain the differentiad eguation
dCr __, 02
CA U

This equation must be integrated between z = O, where Cyq = Cy,, to posgtion z, where
Ca = Ca(2), to position L, where CA = Cy4(L),

ch_ /k
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This gives

Solving for Ca, we obtain

Ca(z) = Cape ™/
a z and

Ca(L) = Caoe™ " = Cppe™

atz = L.

. Example 3-3 The reaction A — B, r = kC4 occurs in PFTR with 90% conversion. If
= 0.5 min~!, Cysy = 2 moles/liter, and v = 4 liters/min, what residence time and reactor

From the previous equaion we have

_V_ L G120
=T T KT S T05 Moz

=21In 10 = 4.61 min

0 that

V= 9pr =4 x4.61 = 18.4liters

Note that this answer is totdly different than for this reaction and converson in a
3 CSTR and that the residence time and reactor volume required are considerably
‘ smdler in a PFTR than in a CSTR.

%

How long a 2 cm diameter tube would be required for this converson and what would be
. the flud veodity?

The length is the volume divided by the cross-sectiond area or

Av 4 x 184 x 10°

LGD2_ 7x2x2

= 5860 cm = 58.6 m

L
U - EEBE) = 1270 cm/min = 21 cm/sec
=1 = 461

Thus, while the PFTR reactor volume is much smdler than the CSTR for this
converson, the PFTR tube length may become impracticd, particulaly when
pumping cogts are considered.

Example 3-4 The reaction A —» B, r = kCi occurs in PFTR with 90% conversion. If
k = 05 liter mole~! min™!1, C 4, = 2 moles/liter, and v = 4 liter/min, what residence time
and reector volume will be required?



96

Single Reactions in Continuous Isothermal Reactors

From the previous equation we have

Cio

. fch 1/1 1 A AV

= - == =-—|-——-=}=9min
kCp k\Ci Ca) 0502 2

Ca

0 that

V =4 x 9= 36 liters

Comparison with batch reactor

We could proceed as before to write out the expressons for the irreversible reaction
A — products, r =kCj
for different values of n, but in fact we have aready worked these problems in the previous
chapter.
In a PFTR the time ¢ that a molecule has spent in the reactor is z/u, and the time for

the molecule to leave the reector is L /u, which is the totd time that a molecule has spent
in the reactor,

TPFTR = Ibatch

Therefore, to find the behavior of a PFTR for kinetics that we have solved in a batch reactor,

al we have to do is make the trandformation #yaeh — Tprrr. The SOlUtion for the nth-order
irreversible reaction from Chapter 2 is

Ca= Cpll + (n = DkCl;'7]"A™

(except for n = 1), where dl we did was replace 1 for the batch reactor by 1 for the PFTR.
We can write for the resdence time in a congtant-density, constant-cross-section PFTR

prrR = V/v = L/u
because, for constant reactor cross section A, we have V = AL and v = yA,.

The PFTR was in fact assumed to be in a steady state in which no parameters vary
with time (but they obvioudy vary with postion), wheress the batch reactor is assumed
to be gpatidly uniform and vary only with time. In the argument we switched to a moving
coordinate system in which we traveled down the reactor with the fluid velocity u, and in
that case we follow the change in reactant molecules undergoing reection as they move
down the tube This is identical to the Stuation in a batch reactor!

We can show this more formaly by writing dt — dz/u,

dCy  dCs _
""“a"t""" - U d_z = —r(CA)

which shows that the performance of batch reactor and PFTR are identica, with the reaction
time ¢ in a batch reactor corresponding to the residence time ¢ in a PFTR. Again, we note
that a PFTR “acts like’ a batch reactor, while a CSTR “looks like” a batch reactor.
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Example 3-5 Compare the reactor volumes necessary to attain the conversons in the
previous examples for first and second order irreversible reactions in a CSTR with a CSTR.

For a first-order irreversible reaction

Vestr = 72 liters
and

Vprrr = 184 liters
For a second-order irreversible reaction

VCSTR = 360 liters
and

Verrr = 36 liters

The PFTR is the dear “winner” in this comparison if resctor volume is the only
criterion. The choice is not that smple because of the costs of the reactors and
pumping costs.

COMPARISON BETWEEN BATCH, CSTR, AND PFTR

We have now developed mass badance equations for the three smple reactors in which
we can eadly caculate converson versus time fueh, resdence time 7, or postion L for
specified kinetics. For a first-order irreversible reaction with constant density we have solved
the mass baance equations to yield

C
L fac, 1 Cp 1. Ca
TPFTR = lbatch = - K ~C = - k n E__ p In c
A Ao A

Cao

Cao—Cy

kCy
Obvioudy, batch and PFTR will give the same converson, but the CSTR gives a lower
conversion for the same reaction time (batch) or residence time (continuous).

We can immediately see mgjor reactor design consderations between batch, CSTR,
and PFTR. Table 31 shows the fird of many dStudions where we are interested in the
design of a reactor. We may be interested in choosing minimum volume or many other
process variables in designing the best reactor for a given process.

In spite of the amplicity and continuous operation of the CSTR, it usudly requires a
longer residence time for a given converson. For firg-order kinetics at identica conversons
and volumetric flow rates, this ratio is

TCSTR =

stk VesTR Cao —Cy _ Cao/Ca~1 _ X
TPFIR VPrTR CA In(Cuo/Cs) In(Cpo/Ca) (A =X)In[l/(1—= X)]

We indicate this ratio for different vaues of fractiond converson in Table 3-2.
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TABLE 3

Comparisons of Possible Advantages (4) and Disadvantages (—) of Batch, CSTR,
and PFTR Reactors

Batch CSTR PFTR

reactor size for given conversion +
smplicity and  cost +
continuous operation -
large throughput

cleanout

on-line analysis .
product certification

S
Pttt
L4+ 1++1+

TABLE 3-2
Ratio of Residence Times and Reactor Volumes in CSTR and PFTR versus Conversion for a
First-Order Irreversible Reaction

X =(Cao  Cy)/Cao TCSTR/ TPFIR
0.0 1.0
05 144
09 391
095 6.34
0.99 215
0999 145

It is clear tha the CSTR quickly becomes extremdy large (large volume or large
residence time) compared to the PFTR for high conversions for these kinetics. It is ingtructive
to plot C4/C o Versus 1 to see how C, decreases in the two ided reactors (Figure 3-3).

The example in Figure 3-3 is for a first order irreversible reaction. We can generdize
this to say that the PFTR requires a smdler reactor volume for given conversion for any

1.0
Cg
- PFTR .
B
Ci CSTR
—  0.5F
CAO CA
CSTR
025k Ca
PFTR
| | |
0 1 2 3 4

kT

Figure3-3 Plotsof C4(r)andCs(7)in PFTR and CSTR for afirst-order irreversible reaction A — B, r = kCj.
By plotting versuskt, the graphs appear identical for any value of k.
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positive order kinetics, and the difference becomes larger as the order of the reaction
increases. For zeroth order kinetics the sizes required for a given converson are exactly
equd, and for negative order kinetics the CSTR requires a smdler volume than a PFTR
(or batch reactor). We will show later that this is not necessarily true in a nonisotherma
reector, where the CSTR can “win” over the PFTR in both smplicity and resdence time.

THE I/r PLOT

There is a graphicd condruction that shows the difference of residence times in different
types and combinaions of chemica reactors. We write the mass balance eguations as

Cao—Ca 1
- - Cho =
TCSTR = rCo) r(CA)( a0 = Ca)
ad
Ca {
TPFTR - —/ Cn dCy
CAo

The time 7 in a CSTR is the area under the rectangle of width (Cy, — CA) and height
1/r(C4), while the time 7 in a PFTR is the area under the curve 1/r(C4) from Cy4, to Ca.
Shown in Figure 34 are plots of r versus (Cy, — CA) for r = kC} for severd velues of the
order n. It is obvious tha r is a monotonicaly decreasing function of C4o — Cy4 if 1 > 0,
a horizontd line if n = 0, and increases with C4, — C4if n < 0. The 1/r plots cbvioudy
have reversed dopes.

Note that 1 /r goes to infinity as C4 — O for any kinetics because reaction rates must
go to zero when reactants have been consumed. This is equivadent to saying that the kinetics
of dl reactions must become postive order in the limit of any reactant disgppearing.

n=-1
0 n=0

4
l'0

0 Cho
Cao-Ca CaoCa

Figure 34 Plotsof r and1/r versusC4,— C4 for the nth-order irreversible reactions.



100 Single Reactions in Continuous Isothermal Reactors

Figure 35 Residencetimesin CSTR (shaded rectangle)
and PFTR (area under curve) from the I/r plot.

~ C
10 A

= TesTR

= PFTR

CaoCa

From these graphs of 1/r versus Cy, — C4 We can congtruct the residence times in
PFTR and CSTR, as shown in Figure 3-5.

In the CSTR the rectangle is drawn with a height equd to 1/r evaluatedat theproduct
converson, while in the PFTR the height varies from inlet to product converson. The CSTR
rectangle obvioudy has a larger area as long as 1 /r is a monotonically incressing function of
Cao — C4 (r monotonicaly decreasing), while aress are equa for » = 0, and the rectangle
hes a smdler area for n < 0.

This congtruction dso shows why the CSTR becomes much less efficient (requires
much larger volume) a high conversions. The I/r curve increases rapidly to cc as Cy4 — 0,
and therefore 1 in a CSTR becomes very large compared tO TpgrR.

Thus it is evident that a PFTR is dways the reactor of choice (smdler V) for grester
than zero-order kinetics in an isothermd reactor. The CSTR may 4till be favored for n > 0
for cost reasons as long as the conversion is not too high, but the isotherma PFTR is much
superior a high conversons whenever n > 0.

The question of choosing a PFTR or a CSTR will occur throughout this book. From
the preceding arguments it is clear that the PFTR usudly requires a smaler reactor volume
for a given converson, but even here the CSTR may be preferred because it may have lower
material cost (pipe is more expensive than a pot). We will later see other Stuations where a
CSTR is dealy preferred, for example, in some Studtions to maximize reaction sdectivity,
in most nonisothermd reactors, and in polymerization processes where plugging a tube
with overpolymerized solid polymer could be disastrous.

SEMIBATCH REACTORS

Semibatch reactors are commonly used for smal-volume chemica production. This reactor
type is frequently used for biologica reactions and for polymerization. In the batch reactor,
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we required that the system be closed, meaning that we nether add nor remove fluids &fter
t = 0, where we assumed we started the process. It is of course possible to add feed or
withdraw product continuoudy in a “batch” process, and we cdl this a semibatch reactor.
If the reector is spatidly uniform, the mass baance on species j can be written as

an,;

—dt— = jo — F} + ijr
and for reactant A this becomes

dN

—dt—A =Fp Fo=Vr
For a congtant-density, congtant volume reactor we can write

dc

V —-aié = UOCA() - UCA - Vr

Note that this is exactly the transgent CSTR equation we derived previoudy, and dimination
of the flow terms yields the batch reactor. Keeping dl these terms and alowing v,, v, V,
and C,, to vary with time yidds the semibatch reactor.
In this reactor species A may be added continuoudy but nothing removed to give
dac
v E'A" = 1,Ca0 = Vr
but now the volume V of the reactor contents increases linearly with time

V =V, + u,t
We therefore obtain

dCy
(Vo + o) _c—it_ = UoCso = (Vo + UoB)r{Ca)

This is a gmple firg-order differentia equation in €4 and ¢, but the equation is not separable
and must be solved numericaly.

Semibatch reactors are especialy important for bioresctions, where one wants to add
an enzyme continuoudy, and for multiplereaction sysems, where one wants to maximize
the sdlectivity to a specific product. For these processes we may want to place one reactant
(say, A) in the reactor initidly and add another reectant (say, B) continuoudy. This makes
C, large et dl times but kegps Cg smal. We will see the vaue of these concentrations on
sectivity and yied in multiplereaction sysems in the next chepter.

Semibatch processes are dso important in solids processing such as in foods and
microelectronics, where it is more practica to load the reactor with a batch of solids (bread
dough or dlicon wafers) and subject the solids to heat and gas or liquid reactants. The
processed solids are then withdrawn after a suitable time, and the reactor is reloaded.

VARIABLE-DENSITY REACTORS

Consider the reaction

A—3B, r=kC}

in a congtant-pressure reactor with A and B ideal gases and no diluents present. The dendty
of the fluid in the reactor clearly changes as the reection proceeds. At completion in a
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continuous reector, we make three moles of product for each mole of reactant fed into the
reactor so that the volumetric flow rate out of the reactor v would be three times the flow
rete into the reactor v,,

v = 3,

In a tubular reactor of congtant diameter the velocity # when the reaction has gone to
completion is three times tbe inlet velocity u,,

U = 3u,
We cdl this Stuation variable density, ‘and the previous equations clearly do not describe
this Stuation because v, 1, and u in these equations depend on the conversion.

For ided gases the mole densties do not change if the reaction produces more or less
moles of product than the reactants. However, the mass density of the gas mixture changes,
and this causes the volumetric flow rate and velocity of gases through the reactor to change
as the conversion increases.

For the batch reactor we saw in the previous chapter that by switching from C4 as
the compostion varigble to fractiond converson X, we could essly write the differentid
equation to be solved for compositions versus time. We prefer to use concentration units
whenever possible, but, if the densty is a function of composition, concentrations become
cumbersome variables, and we must switch to another designation of density such as the
fractiond converson X.

CSTR

For the CSTR we begin with the mass-balance equation we derived before we subgtitute
for concentration
dn;

W=Fjo"“F}+VUjr

which for reactant A in steady state becomes
Fyo— Fy = Vr=0
Now since the molar flow rate of A varies with converson as
Fi = Fao(1 = X)
we can write this mass-bdance equation as
Fao = Fy = Fa0X = Vr(X)
In steady state this equation can be rearranged to become

V=F X
= Aor(X)

While this equation is correct for the dteady-state CSTR with varidble densty, it does not

give a correct description of the trandent CSTR for variable density because N4 (meaning

the number of moles of species A in the reactor) is not given by the preceding expression
unless the dendity is condant.
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Note that in the preceding 3 equations we defined the converson X by the above
equation, and this requires that we mean the converson of reactant A. If there are multiple
reectants, we must be careful to define X in a condstent way, and for multiple reections we
use X to sgnify the conversion of reactant A (we will use X4 to make this clear), but we
would need additional Xs for each reactant.

Since the CSTR operates with the same conversion throughout the reactor, we can
describe the volumetric flow rate by the eguations

v = (1 + vX)
where v = ZJ. v;. Therefore, the resdence time in a variable-dendity reector is given by
the expression
\Y \Y Cao=Cy

T s vX)- r(Co

PFTR

For the PFTR we return to the original mass-baance equetion

Fi(z) — Fj(z +dz) = —Acdzvjr

Since A, dz = dV, the dement of reactor volume between z and z + dz, this equation for
reactant A can be written

dF, ,
dv =
Subglituting dFy = —Fa, dX, this becomes
dX
Fyo — = (X
which can be integrated to yied
[ dx
V=Fu| i
0

These expressons are gppropriate whether or not the dendty of the fluid varies with
conversion. The later is dso vdid if the cross section of the tube varies with z, Note the
smilarity (and difference) between the CSTR and PFTR expressions, the first being F,,
times X/r(X) and the second F,, timesthe integral of dX/r(X).

We will work out the solution to varigble-density reactors for a smple example where
the number of moles varies with conversion.

Example 3-6 Find expressions the reactor volume V for specified and feed flow rate Fy,
for the reaction

A->2B+C, r=kC;
among ided gases with no diluent in a CSTR and in a PFTR.
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This is most conveniently set up by considering a basis of Nyq moles of A and
writing expressions for N; in terms of X,

Nj = Nao(l = X)
NB = ZNAOX
Nc = NgoX

YN = Nygo(l1+2X)
This shows tha one mole of reactant is converted into three moles of product
when the reection goes to completion, X = 1. We write the volume change of
the fluid (not the volume of the reactor) as V = V,(1 + 2X) and the number of
moles of A in that volume as N4 = Njo(l = X). [Note that in the above Ny is
not the number of moles in the reactor and V is not the reactor volume but the

volume per mole] Therefore, from these relations we obtain C4 as a function of
the converson as

Nyo(l ~ X) 1-x
Vol +2X) = "1+2X
The reaction rate in terms of X is therefore

Ch =

1= X)?
kC?
Ao (14 2X)2
This expression can be inserted into the CSTR and PFTR mass-balance equations
to yidd

r=kC3=

X Fyo X(1 + 2X)?

\% = -
CSTR FAor(x,)\ kCL (1 - X)2
and

Fuo [ Q1 2X7
Ao +

= Fyo =

Vore = Fa / r(X) kcf,o/ T—x7 ¢
X=0 X=0
FAo

= = <4X 9—121n(1—X)+—2—> ~
kC2, 1-

These eguations are sgnificantly more complicated to solve than those for congant
density. If we specify the reactor volume and mugt caculate the conversion, for second-
order kinetics we have to solve a cubic polynomiad for the CSTR and a transcendenta
equation for the PFTR. In principle, the problems are smilar to the same problems with
congtant density, but the dgebra is more complicated. Because we want to illustrate the
principles of chemicd reactors in this book without becoming logt in the cdculations, we
will usudly assume congtant density in most of our development and in problems.

# Example 37 Find the reactor volume V required to obtain 90% conversion in the reaction

A—>nBB, r=kCA

among ided gases in a CSTR and in a PFTR with no diluent for ng = 2, 1, and % with
10 = 2 moleslliter, k = 0.5 min~!, and v, = 4 litermm. [Note tha this would involve a
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high-pressure reactor because a gas a 2 moleslliter gives Py = C4RT = 2 x 0.082 x 300 =
49 atm. We use these values because we have been usng variations of this problem for dl
examples]

For ng = 2 on abasis of N4, molesaof A, the expressions for N4 and Np in terms
of X are

Ny = Nyo(l1=X)
Np = 2N4oX

Na+ Ng = Ngyp(1+ X)
The volume occupied by these molesisV = V, (1 + X) and therefore
Npo(1 — X) 1-X
Ca=—"—"—_= '
ATV +X) - 1w
The reaction rate in terms of X is

1 -
f= kCy= kCpom——
14

This rate expresson can be insated into the CSTR and PFTR mass-balance
equetions to yied
X Fpo XA+X) v X1 + X)

Vestr = FAor

X) kCapl-X k1 - X
= 4090 +09 5 1368 liters
05 1-009 8.
ad 01
Fax Fa 14X
+
- F ;1 /
VerTR Ao/ ") kCa T XdX
X=0 X=0

- Bki[_x -2 In(1 = X)] = 296 liters

For ny = 1, the dengity does not change with conversion so that C4 = Cyo(1—=X)
and

V _ F X EAO X UO_X__
OIR = THN" kCal=X  k 1-X
= -4—% = 72 liters
0.50.1
axd
F dX F P 1
Ao Vo
=F = dX = 2 In ——
VermR = Fio (X))~ kCa f 1-X ko o1-X
X=0 X=0

= 8 |n 10 = 184 liters
For ng = 1/2, the expressions for N4, N, and V gve
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_ Nao(1=X) 1-x
V(1 =1x) = *1-Ix

A

Therefore, we obtain

X Fio X(1 = 1X)  wy X1 - 1X)
Vestr = FAor(X) = =

T kCyuo 1 - x  k1l-Xx
40.9(1 - 0.45) .
- " = 6 lit
0.5 109 39 b liters
and
Fax B, [ 1-1X
Ao 2
= - dx
o= [ =g [
X=0 X=0
= ;’—l‘;[— In(1 — X) + X] = 8(In 10 + 0.9) = 1238 liters

It is interesting to compare these reactor volumes:

ng Vestr Vermr
2 136.8 296
1 12 184
12 39.6 128

1 1
nB=0.5
0.81 Ng= fae2 0.8
06 0.6
X

04 0.4
02} PFTR 02 CSTR

0 | | | 0 1 | 1 | 1 i

0 5 10 15 20 25 30 -0 20 40 60 80 100 120 14
V (liters) V (liters)

Figure3-6 Plot of conversion versus reactor volume V for the reaction A - ng B, r =kCp, with idea gases’

forng =2, 1, and % The times are all close until the conversion becomes large, when the product dilutes the
reactant for ng = 2 and slows the reaction.

Note that V is larger than with no dendgty change if the reaction produces more
moles (ng = 2) because this dilutes the reactant, while V is smdler if the reaction
reduces the number of moles (np = 1).

It is dso interesting to compare the conversions versus reactor volumes for these
soichiometries, and these are shown in Figure 3-6.
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When the dengity varies with converson, the andogy between the batch reactor and
the PFTR (dt — dt) is no longer appropriate. In the batch reactor with ided gases, the
dengty varies with converson in a constant-pressure reector but not in a congtant-volume
reactor. In a flow reactor, the reactor volume is fixed, no matter what the dendty. In a flow
reector the volumetric flow rate changes with converson if there is a mole number change
with ided gases.

The congant-dendity gpproximation is frequently used even when it does not apply
exactly because is much smpler to solve the equations, and the errors are usudly not large.
The congant-dengity gpproximation can be used for the following stuations:

1. Equa moles of reactants and products,
2. Liquids,

3. Diluted gases, and

4. Ediméations,

The errors in assuming congant densty are frequently not large, and preliminary cacu-
ldions with congtant density are useful to check for numerica erors in more complex
caculations.

We note findly tha none of these formulations gives an accurae description of any
reector in which there is a pressure drop in gases flowing through the reactor, and we must
solve the continuity equation smultaneoudy with the species massbdance equdion to
describe that Stuation. Another rather complex type of problem involves nonideal gases
and gas mixtures because then only numericl solutions are possible. Since our primary
god in this course is to find smple approximate solutions to very complex problems, we
will not consider reactors with pressure drop or among nonideal gases here.

SPACE VELOCITY AND SPACE TIME

In a variable-dendty reactor the resdence time depends on the converson (and on the
sectivity in a multiplereaction system). Also, in any reactor involving gases, the dengty
is dso a function of reactor pressure and temperature, even if there is no change in number
of moles in the reaction. Therefore, we frequently base reactor performance on the number
of moles or mass of reactants processed per unit time, based on the molar or mass flow rates

| of the feed into the reactor. These feed variables can be kept congtant as reactor parameters
such as converson, T, and P are varied.

Whenever the dendgty of the fluid in the reactor varies as the reaction proceeds,
the reactor residence time t is not a smple independent variable to describe reactor
performance. Typicaly, we ill know the inlet variables such as v,, T;,, Fjo, and Cy, ad
these are independent of converson.

Snce the volumetric flow rete is a function of X, T, and P, the resdence time
V /v depends on these variables. Instead of using the reactor residence time T to describe
performance, an analogous quantity called the space time ST, defined as

ST = Y—

Vo
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is commonly used. Obvioudy, ST is equd to T in a constant-density reactor whenever
vV = v, (see Figure 3-7).

Ancther commonly used designation of this quantity is its inverse, cdled the space
velocity SV,

SV = Vo 1
TV ST

which can be regarded as the number of reactor volumes of feed processed per unit time at
the feed conditions. The use of the words space and velocity in these quantities is obscure,
but this nomenclature has become common throughout the chemica and petroleum industry.

Other complications are that the reactor feed may be prehested and the feed pressure
may vary, and thus the volumetric flow rate of gases will be functions of the reector
temperature and pressure at fixed mass flow rate. Therefore, the space velocity of gases
is frequently defined at standard conditions T = 25°C and P = 1 am.

The most common descriptions of these quantities in indudtry are the gas hourly space
veocity
[volume of gaseous feed processed per hour]

[volume of reector]

GHSV =

and the liquid hourly space velocity
_ [volume of liquid feed processed per hour]

LHSV =
[volume of reactor]
1400
1200 -
e HCN synthesis
1000 - ® syngas
NH. oxidation . steam reforming
800 = . e CH, coupling
T(OC) . automotive converter
600 |- Hy,CO synthesis o o C, dehydrogenation
maleic anhydride e e FCC
400 — CHZ0H o e  hydrogenation
EQOe® o  Fischer-Tropsch
200 1= e adipic acid
fermentatiol

Q_LumLuumLmeLLuud_uumLumem_LumLJ.umLLumLumm
106 104 102 100 102 104 106
T (sec)

Figure 3-7 Plot of nominal space times (or reactor residence times) required for several important industrial
reactors versus the nominal reactor temperatures. Times go from days (for fermentation) down to milliseconds
(for ammonia oxidation to form nitric acid). The low-temperature, long-time processes involve liquids, while the
high-temperature, short-time processes involve gases, usually at high pressures.
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Figure 3-8 Sketch of ided chemica reactors in C C
exies with Cyu,, the product from reactor n, which CA1 A2 ‘A3
is also the feed into reactor n +1. ¢ Ao 1 CAn

Tn

Both have units of h~!, and they can be regarded as the number of reactor volumes of
reactant processed per hour. They are usualy evaluated for the feed a 25°C and 1 am.

CHEMICAL REACTORS IN SERIES

Next we condder severd mixed chemical reactors in series. As sketched in Figure 3-8, the
feed to the first is C 4, the effluent from the first is C4;, which is the feed to the second, the
effluent from the second is C,,, which is the feed to the third, etc. The concentrations C4
from the nth reactor are obtained by solving each reactor mass balance successvely.

CSTRs in series

For firg-order kinetics with equa-volume CSTR reactors (and therefore for al s equd),
the mass baances on species A become

Cao = Car = Tir (Car)
Car = Cpz = 12r(Ch2)
Car — Caz =137 (Cy3)
CA,n~1 = Cypp = 7,7 (Can)

because each reactor operates a its product concentration. These equations can be solved
sequentidly to yied

CA()
Cap = —20
AT k)
Cor = Cai Cho
T k) = (L k(1 + k)
Cus - Ca Cao

(1 + kr3) = (L + kr)(1 +krp)(1 + kt3)
or for the nth reactor

Cam- Cho

(1+ k) = J[.(1+ kro)

Now if each reactor has the same residence time 7 (dl reactors have the same volume),
then the totd residence time T (bold) in the series of n equal-residence-time CSTRs is

Can =

T=) T =N1T
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Figure 3-9 Total residencetimefrom 1 /r plot for aseries of CSTR reactorsfor 1, 2, 3, 4, and n equal-volume
rectors. The totd resdence time (shaded ared) approaches that of a sngle PFTR for lage ».

and Cy,, the concentration from the nth reector is given in terms of C4, by the Smple
expression

CAo

Cpy = ——20
AT T kg

Let us examine the total volume and total residence time 7 to be expected for a given
converson in CSTRs in series compared to a PFTR or a single CSTR. On our graph of
IIr versus Cyo — C4 (Figure 3-9), we see that for n CSTRs in series with equa residence
times, we have n equd-area rectangles whose height is given by the intersection of the Iir
curve a the product concentration from that reactor, intersecting at the upper right corner
of each rectangle. Making al aress equd, we see that for a large number of CSTRs the area
(totdl ) gpproaches that of a sngle PFTR with the same 7.

This is generdly true: a series of mixed reectors has a performance closer to that of
the PFTR. Thus by using severa mixed reactors connected in series, we can gain some of
the desired characteristics of the CSTR (chegper and easer to maintain) while gpproaching
the performance of the PFTR without the volume pendty by usng severd smdler CSTRs
in series Of course the cost of severd smdler reectors is usualy greater than one large
reector, and this is another design Stuation where one must trade off totd reactor volume
and cost.

Example 3-8 The reaction A — B, r = kC, occursin n equd volume CSTRs in series,
each with residence time 1, with 90% overal converson. If k = 0.5 min~!, Cyo = 2
molesfliter, and v = 4 liters/min, what residence times and reactor volumes will be required
forn =1, 2, 3, and 4?

We rearrange the eguation for n equa volume CSTRs in series,
CAo

CAn - (1 + k.[n)n
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to yied
Ca

—— =0+kz,)™"
Cao (1+kty)

1/n
Tn=E(CAD) -1
k\Cy

or

Therefore, we have

Cao 1
.1 —1=—(10—-1C4 Cpo=C4 20-02 :
= -\ Cs ) ‘ = 18 min
nET e 0.3 kCn = 05x02

1/2
(CAO) _1= 613(101/2 - 1)=8.65 mm

1/3
=3r=> (CAO) 1= 61_5(101/3 - 1) = 6.92 min

4 (Ca\"* (PR .
T4 =41 = <CA> _1_0'5(10 1) = 6.22 min
For n = 1 we have the solution for a single CSTR, and 7 decreases with n to
approach the PFTR for which 7 = 4.61 min.

The reactor volumes are V = vt,, which are 72, 34.6,27.7, and 24.9 liters,
repectively. An infinite number of CSTRs in series would require the totd volume
of a PFTR, which is 4 x 4.61 = 184 liters to run this reaction to this conversion.

PFTR + CSTR

We have just seen that a combination of CSTRs gives a tota residence time that gpproaches

that of a PFTR. Next we consder a combination of reactors involving both CSTRs and
PFTRs as sketched in Figure 3-10.

For a PFTR followed by a CSTR we solve each reactor mass baance sequentidly to
find C42(C 4o, t). For first-order kinetics this gives

Figure 3-10 Combinations of CSTR and
PFTR reactorsin series.

Cao Caz
Y

To
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Cao _
Car= CarJ(1 + kry) = —20okn

1+ k1,
If we reverse the reactors for a CSTR followed by a PFTR, we obtain
- Ca
Cir = CaieF2 = P 17)
A2 Al 1+ k1

Thus, for two equal-volume reectors (11 = 1) with first-order kinetics the expressons are
identicd for both configurations.

With two equa-volume reactors, the overal converson in these two reectors is
independent of which reactor is first, but in generd it is a common strategy to use a CSTR
first where the conversion is low and then switch to a PFTR as the conversion becomes high
to minimize tota reactor volume. The totd residence time from CSTR+PFTR in seies is
indicated by the 1/ r plots in Figure 3- 1.

AUTOCATALYTIC  REACTIONS

Consider next the reaction

A — B, r= kCusCp

This doex't look much different than the rate expressons we have been usng previoudy
(maybe they are dl darting to look the same), but this is a very different reaction because
the rate of the forward reaction is enhanced by the concentration of a product. This reaction
could aso be written

A+ B — 2B, r=kCusCp
which correctly indicates the kinetics from the stoichiometry.

Note that the expression r = kC4Cp requires that the rate is zero if Cp = 0. If we
try to run this reaction in a batch or PFTR with no B in the feed, there will be no reaction,
while a CSTR operating a the product compostion gives no problem. We cdl this type of
reaction autocatdytic in that the product B acts as a catayst to promote the reaction.

Writing this rate as

r(Ca)- kCyCp = kCa(Cho + Cpo = Cy)

Figure 3-11 Reddence times from 1/r plc
for PFTR and CSTR in series.

v

—_— | —
—] -t

N .

CaoCa CaoCa
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we see that the rate is a parabola when r is plotted versus C, or X. Therefore, a 1/r versus

Cao — Ca plot is a hyperbola, as sketched in Figure 3-12. If the feed into a reactor is pure
A, Cgo = 0, then

r =kCs(Cao — Ch)

0 we see that r = 0 when C4 = Cy, and dso when C4 = 0. Therefore 1/r — 00 at
Cy =Cypoanddso @ C, = 0. Thus the PFTR will require an infinite resdence time if
there isno B in the feed to the reactor, while a CSTR will give the usua rectangle for 7.
These ts are shown in the I/r plots in Figure 3-12.

We can solve for autocatdytic reactions fairly ssimply. Consider the reaction

A — B, r=kCusCp
In a PFTR the solution is
CA Ca ! Ca

dC, 1 / dCy n / dCy
U= ] kCaCao+ Cao=Ca)- k(Cao+ Ca\ J Ca Cao+ Cpo— Ca
Cao Cao Cio
1 In ( Ca CBO)
= k(CAo + CBo) CAo + CBo - CA CAo
which will be irfinite if Cp, = 0.
In a CSTR the solution for this autocatdytic reaction is
CAo - CA CAo - CA
r(Cs) = kCu(Cao+ Cpo—Ca)
which gives no problems when Cp, = 0.

T

A—>B rl 4 =TcsTR |
r=kC,C 0 '
C _% ° = TpFTR |
Bo = :
i
1 |
r —
" |
|
I
ol |
i
./ :
| | | | -I
Cho Lao
CaoCa CaoCa

Figure3-12 Plots of r and 1/r versus C 4, — Cy for the autocatalytic reaction A — B, r = kCa. The PFTR
requires infinite residence time if no B is added to the feed.
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We could ill use a PFTR reector for this reection if we seeded the reactant with
product or if we used a recycle tubular reactor to feed a portion of the product back to the
feed (Figure 3-13).

Fermentation

This type of autocatdytic reection is a smplification of many biologicd reections such as
fermentation, where the reaction produces products (species B in the previous example),
which accelerates the rate. In fermentation, yeast cdls in the solution produce enzymes that
catdyze the decomposition of sugar to produce ethanol as a byproduct of yeast reproduction.
Since the yeast population increases as the reaction proceeds, the enzyme concentration
increases, and the process gppears to be autocatdytic. A highly simplified description of
fermentation might be

sugar + enzyme — acohol + 2 enzyme, r = k [sugar] [enzyme]
which fits the preceding autocataytic reection scheme, athough the smple soichiometry
written here is incorrect. This reaction roughly fits our ided autocataytic reaction
A+B—)ZB, r=kCACB
with A sugar and B enzyme
Fermentation reactors are usualy CSTRs for continuous operation or batch reactors

A—B rl =TcsSTR l
r= kCACB °
Cgo >0 = TPFTR |
|
1
r T
r0
{ | |
CAO L’AO
CaoCa CroCa
A
T — A O
B
product feed TR recycle TR

Figure 3-13 Possible tubular reactor configurations for autocatalytic reactions. With large recycle, the tubular
reactor performance approaches that of a CSTR, aswill be considered in Chapter 8.
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seeded with yeast (continuous seeding yields the semibatch reactor of the previous section).
The snglecdled yeast plants reproduce themsdves by generating enzymes that bresk
down the sugar into smdler molecules that the yeast cdls can metabolize. Ethanal is a
byproduct of this digestion process, and it becomes toxic to the yeast cdls if its concentration
exceeds -12% by volume so & high sugar concentrations the reection must dow down
and eventudly cease before going to completion.

Corn bustion processes

Combustion and flame reactions are adso highly autocatalytic processes. Here the formation
of products and intermediates such as free radicas act to promote or accelerate the reaction
in reection steps, which can be smplified as

A+R—- 2R

where A is a fud molecule and R is a radical species.

Heat generation by exothermic combustion reaction can aso accderates combustion
processs (as it dso does dightly for fermentation), and we cdl this thermd autocatdyss
which will be discussed more in Chapters 3, 6, and 10.

REACTIONS

For a reversible reaction the rate goes to zero before the reaction reaches completion, and
1 /r therefore goes to infinity. A plot of 1/r versus Cy, — C4, With positive-order kinetics
will look as shown in Figure 3-14. The resdence time for a given converson obvioudy
gpproaches infinity as the converson approaches equilibrium in either a PFTR or CSTR.
Just as for irrevershle reactions, the CSTR requires a longer t for a given converson.

reversible

tirreversiible
irreversible :

reversible

He 1
( Cae Cao Cae  Cao
CaoCa CaoCa

Figure 3-14 The r ad 1/r plots for a reversble reaction where r goes to zeo and therefore 1/ goes to infinity
at the equilibrium conversion.
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Example 3-9 For the reaction A 2 B,r = kCy = k,Cp, find the resdence times for
50% converson in a CSTR and in a PFTR if ks = 0.5 min~!, k, = 0.1 min~!, Cy, = 2
moleslliter, v = 4 liters/min, and Cp, = O.

For the CSTR we solve the equation

. CAo - CA CAo - CA
= kiCy — kyCp = ktCp — kp(Cpo — Ca)
= 20-10 = 04'= 25min
0.5x 1.0-0.1-0.1 x 10
For the PFTR we solve the eguation
Ca
= dCy i 1 i In ki C a0
- J KCa—k(Cao=Ci) = ki + ko (k + ky)Ca — koCao
Ao
1 05x 2 .
= —In = 1.53 min

6 06x1=01x2

For this reaction caculate the residence time for 90% conversion in a CSTR and in a PFTR.

Answer: T = 00 in either reactor.

If we inserted C4 = 0.2 moles/liter in the preceding equations, we would obtain
a negdive resdence time, which is clearly nonsense.

We would be trying to go beyond the equilibrium conversion, which is

Ef_ — CB,eq _ Cao _CA,eq =50

kb CA,eq CA,eq
so that Cyeq = 033 molesliter, Cpeq = 167 molesliter, and the equilibrium
conversgon is 83%. This is the maximum converson obtainable for these kinetics
in any single reector.

TRANSIENTS IN CONTINUOUS REACTORS

We have thus far consdered only steady-state operation of the CSTR and the PFTR. Thi s
is the dtuation some time after the process was stated when dl trandents have died out,
and no paameters vary with time. However, dl continuous reactors must be started, an d
parameters such as feed composition, flow rate, and temperature may vary because feed
compostion and conditions change with time. We therefore need to condder trander it
operation of the CSTR and the PFTR. Transents are a mgjor cause of problems in reactor
operation because they can cause poor peformance. Even more important, problems during
gartup and shutdown are a mgor cause of accidents and explosions.
Returning to the CSTR mass-baance equation for species A, we obtain

dN
= = Fao = Fa=Vr(Cy)
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If the reactor volume and flow rate are congtant and the density is unchanged, this becomes
dCy

VW =v(Cao Ca)=Vr(Ca)
or dividing by v,
acC
T d—t“ = (C4o — C4) — Tr(Ca)

as the working equation for trandents in a congtant-densty CSTR.

Solvent replacement

As a smple example, consder the concentration versus time when a pure solvent initialy
in a tank (Cy; = 0) is replaced by a solute a concentration C,,, such as replacing pure
water in a tank by a brine solution. Since there is no reaction, the mass-baance equation is

194 (cho - Ci)
dt
The concentration in the tank a ¢ = 0 is Cy;, which is the initid condition in solving this
fird-order differentid  equation.

[Note carefully here the difference between C4; (initid concentration within the tank)
and C4, (feed concentration into the tank). Note aso the difference between the reactor
resdence time ¢ and the time ¢ after the switch in the feed is initiated)]

The solution to this differentid equation is

C
/“ dCy ' dt
CAO - CA - s T.
CAi 0
which gives

Cat) = Cai + (Cao = Cyi)e™/"

which predicts a tank and effluent concentration thet varies from Cy, to Cy4; with a time
congtant 7. This is plotted in Figure 3-15.

Reaction

Condder next the Studtion in which a tank initidly filled with pure solvent is switched to
reactant at feed concentration C 4, that reacts with r = kC4. As before, C4 =0 at ¢ = 0,
but now we mug include the reection term to yield

d
1K= (o= €= ke
This is solved as before to yield
40 = [Cao = (1 + k1)Cail expl-(k + 1/7)t]
1+kt

C
Ca(t) =
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Figure 3-15 Possible transients in CSTR reactors.
The upper pand shows the stuation dating with pure
solvent (CA = 0) in the reactor initially, Cgq = Cyo
at + = 0 with no reaction. The concentration in the
rector in deady dae approaches (4. The lower pand
shows the dtuation where the reactor initialy contans
pure reactant at Cy4,, and at t = O reactant flow at
C4o is begun and eventually approaches a steady-state
concentration C g5.

1=0 T

1>

Note from this solution that C4 = Cy;a t = 0, and a long times the solution approaches
CAo

14kt

the steedy gate for a firgt-order irreversible reaction in a CSTR.

Smilar trandent problems in the CSTR can be easly formulated. If the reector volume
is not congtant (such as darting with an empty reactor and beginning to fill it a ¢ = 0) or
if the volumetric flow rate v into the reactor is changed), then the varigble-density verson
of this resctor involving F4 must be used.

Cat) =

PFTR

Trandents in a PFTR require solution of a patid differentid equation. The transient version
of the derivation of the mass bdance in a PFTR is

acC aC
S U = —r(Ca)
ot 0z

Note that setting one of the terms on the left Sde of the equation equa to zero yields
either the batch reactor equation or the steady-state PFTR equation. However, in genera
we must solve the partid differentid equation because the concentration is a function of
both postion and time in the reactor. We will condder transents in tubular reectors in more
detail in Chapter 8 in connection with the effects of axid disperson in dtering the perfect
plug-flow  gpproximation.
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SOME [IMPORTANT SINGLE-REACTION PROCESSES:
ALKANE ACTIVATION

Mog interesting chemicd resction sysems involve multiple reections which we will
condider in the next chapter. In this section we examine severd reection systems that involve
nearly a single reaction and are both indudridly important and involve some interesting
reection enginering issues.

Light al kane reactions

Some of the most important reections outsde the petroleum refining industry involve the
converson of light adkanes CH4 to C4Hjg, into ussful chemicds. We will examine some
of these throughout this book. In Figure 3-16 is shown the “flowsheet” of their conversion
into chemicas

SYNTHESIS GAS REACTIONS

A mixture of H, and CO is an important chemicd intermediate as are pure H, and pure
CO, and this mixture is cdled syngas or synthesis gas. These intermediates are used for
production of gasoline, ammonia, methanol, and acetic acid.

The process garts by the reaction of natural gas or naphtha (a mixture of larger dkanes)
and steam over a nickd catalyst in a tube furnace in a process cdled steam reforming. There
are many reactions in this system, but the mgjor products are a mixture of CO and H; in the

reaction
CH, + H,0 2 CO +3H,
PP
COC2 GoNHy), e
| I NHz — HNO, CgH —> CHy —> C=C—CaN
—> MMA
CH——CO+H, —» HON —, i cumene - acetone + phenol
™ — HCHO
CH,;0H
NG 37 T CH,COOH o PB
CrHans2 CuH c
4H10=>C4Hg — C4Hg
PE N MTBE
é, CoH40 —> HOC,H,OH maleicanhydride —>THF

CaHG 02H4 - C2H5OH

Q:styrene 0
styrene
C =C-0-C—CHj Xyletxe

CgHg ——> cyclohexane —> adipic acid

Figure 3-16 Reactions by which CH,, C,Hg, C3Hg, ad C4H;o ae converted into chemicds and monomers for common
polymes. Mot of these ae mgor commercid processes, and mos will be expanding consderably as production of naurd
gs and naturd gas liquids expands.
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This reaction is strongly endothermic and proceeds to near-equilibrium converson a
-850°C at pressures up to -20 atm. The products also contain H,O and CO,. If syngas is
desired, the CO, and HyO are removed from this mixture (how?).

Water gas shift

To adjust the CO:H, ratio from the resctor for a desred downstream process such as
methanol synthesis or to form pure H, or pure CO, these gases are further reacted in the
water gas shift (WGS) reaction,

CO+H,02CO,+H,;

This reaction takes place either & high temperatures (T =>500°C) over an Fe or Ni catalyst or
at lower temperatures (-250°C) over a Cu/ZnO catayst. [Why is it much essier to recover
pure H, by separating a mixture of H, and CO, than a mixture of H, and CO7|

Thus sleam reforming is typicdly done in two or three staged chemicd reactors, the
first a reforming reactor operated at ~850°C, and then one or two WGS reactors operated
a temperatures as low as 200°C, where the equilibrium conversion to H is higher because
the WGS reaction is exothermic.

These reactions can be written as

CH; + H,O 2 CO + 3H;,, AHg = +49 kcal/mole

co + H,0 & co2 + Hy, A Hg = =10 kcal/mole

a system involving a least two sSimultaneous reactions, the subject of the next chapter.

These reactors operate near equilibrium, and therefore the first reactor must be heated
to high temperatures because this reaction is endothermic, and the second must be cooled to
fairly low temperatures. The kinetics of these reactions are very important if one is designing
a reactor in detall, but the mgor features of the process are governed by equilibrium
limitations and heat effects.

It is difficult to remove the last traces of CH, in conventiond steam reforming, and the
reections are fairly dow. Therefore, modern syngas plants frequently employ autothermal
reforming, in which the mgor reection is

CHs+ 10, > CO+ 2H,,  AHg = -85 kcal/mole

This process has severd advantages. (1) The reaction is exothermic and no process hedt is
required; and (2) the equilibrium is much more favorable; so the reaction goes to completion.
This amplifies both the reforming reactor and the WGS reactors, and the economics of
condructing and operating a steam reformer now favor autotherma reforming for large-
scale processes in spite of the extra cost of supplying pure O, rather than just H,O. [Why
does one need to use O, rather then air in autotherma reforming of CH, to produce syngas?]

Uses of CO and H;

H, has many uses in hydrogenation, and CO has many uses in carbonylation. The mixture
is used in methanol synthesis and in the Fisher Tropsch synthess of hydrocarbons.
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We have dready seen some of the uses of H; in petroleum refining. A major process is
the hydrogenation of heavy oail, which has a formula of approximatdy (CH),, while gasoline
has a formula of gpproximatdy (CH,),. Therefore, we can write this hydroprocessng
reection gpproximately as

(CH), + (n/2)H, — (CHa),
From this stoichiometry we see that petroleum refinery needs about % mole of H, for each
mole of carbon in gasoline produced by hydroprocessing.
As we shdl dso see, there are dso many uses of CO. Examples are acetic acid
production, which is made by reacting methanol with CO

CH;0H + CO — CH;COOH

and polyurethanes, which contain two CO molecules per monomer molecule. We consider
two reactions that use H, and a CO-H, mixture, the production of ammonia and methanal,
respectively.

Ammonia synthesis

All proteins contain one N atom per amino acid. While N, is dl around us, the N-N
bond strength is 225 kcal/mole, and the transformation of N, into organic nitrogen is
very difficult because the rates of its reactions are smdl a ambient temperature and the
equilibrium conversion is smdl a higher temperatures. Fortunatdly, nature accomplishes
this readily by nitrogenfixing bacteria in the soil and in the ocean operaing a ambient
temperature, and this source of nitrogen is adequate for protein production. However, the
large-scale production of crops and the waging of wars require large amounts of fertilizer
and explosives, respectively.

We now obtain esstidly dl this fixed nitrogen from NH;, which we learned to
produce early in the twentieth century, in a method discovered by Fritz Haber and dill
cdled the Haber process.

The reaction that produces NHj is

N, + 3H; 2 2NH;

and the H; is produced by steam reforming of CH, while the N, is produced by separation
from ar. This reaction has a very favorable equilibrium constant a room temperature
(the conditions where bacteria operate using enzyme cataysts), but we do not yet know
how to create synthetic catdyds in the laboratory that are effective except a much higher
temperatures than the cataysts employed by nature. Since this reaction is exothermic, the
equilibrium congant for this reaction becomes very unfavorable a temperatures where
the rate is favorable. These equilibrium considerations are illustrated in Table 3-3 and
Figure 3-17.

Fritz Haber and Wadter Nerngt worked on this problem early in the twentieth century,
and they had to deveop the idess of thermodynamic equilibrium to figure out how to
accomplish this in a practica reactor. Equilibrium in the preceding reection can be written as

P1\21H3 _ }’}%11—13 1 — exp (_ AG‘I’Q)
PN2P212 yN2y;12 P2 RT

Ko =
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TABLE 3-3
Equilibrium Constant and Equilibrium Py, versus T and P

PNy,

(O K eq 1 atm 10 atm 100 atm

25 527 x 1¢° 0.937 9.80 99.3
100 0.275x 10° 0.660 8.76 95.9
200 0.382 0.172 5.37 81.9
300 0.452 x 102 0.031 2.07 58.0
400 0.182x 1073 -+ 0.00781 0.682 34.1
500 0.160 x 1074 0.00271 0.259 18.2

From the equations developed in the previous chapter, we can find K.q a any temperature
from standard state information on reactants and product. These are indicated in Table 3-3,
dong with the equilibrium patid pressures of NH; darting with a stoichiometric mixture
of Hy and N at pressures of 1, 10, and 100 atm.

The equilibrium conversion of NH3 was caculated for a stoichiometric feed of N, and
H, a the totd pressures shown, These conversons were calculated by writing the number
of moles of each species versus converson X, taking a basis of 1 mole of Nj.

N; ¥i
3-3x 31-x
m - - -
4-2X 22-X
1-X 1-x

Ng,=3-3X - E

=1-X =
N, 4-2X _22-=X)
X

Nym, = 2X S —

NHs 202 = X)
ZNj=4_2X Zyj=]
These expressons can be insarted into the expression for the equilibrium congtant to obtain
X Py, N2 1 X2p? 16 X2(2 - X)?

"7 PP, g P (- X)P(I-X)P3= 77 (1= X)°P?

The vaues of Pyy, in the preceding table indicate the conditions for which NHj
production is possible. It is seen that one must use ether low temperatures or very high
pressures to atain a favorable equilibrium. At 25°C, where bacteria operate, the equilibrium
congtant is very large and the conversion is very high, while a higher temperaiures Keq
and Pyy, fal rapidly. The best catayds that have been developed for NH; synthess use
Fe or Ru with promoters, but they attain adequate rates only above -300°C where the
equilibrium converson is -3% a 1 am.

Modern ammonia synthesis reactors operate at -200 atm at -350°C and produce
nearly the equilibrium converson (~70%) in each pass The NHj is separated from
unreacted Hy and N,, which are recycled back to the reactor, such that the overal process of a
tubular reactor plus separation and recycle produces essentialy 100% NHj conversion. The
NH3 synthess reactor is fairly smal, and the largest components (and the most expensive)



Synthesis Gas Reactions 123

Figure 3-17 Pot of eguilibrium converson X, versus temper-
ature for ammonia synthesis starting with stoichiometric feed.
While the equilibium is favorble & ambient temperature (where
becteria fix Nj), the converson repidy fdls off gt edevated tem-
perature, and commercial ammonia synthesis reactors operate
with a Fe cadys a pressures as high as 300 am to attan a high
equilibrium conversion.

I———
0 250 500 750 1000 1250

T(°0)

are the compressors, which must compress the N; and H, to 200 am. [How can NH3 easily
be separated from N, and Hy?]

The equilibrium converson X. versus temperature and pressure for gtoichiometric
feed is shown in Figure 3-17.

Nitric acid synthesis

Nitric acid is one of the largest volume commodity chemicds It is used in fetilizers in
nitrate sdts, and in nitraing organic molecules. It is dso an important oxidizing agent for
organic chemicals because it is a liquid whose products are only N, and water: so disposal
problems of byproducts are minima. Nitric acid was produced only from anima wastes
before the twentieth century, but Wilhedm Ostwald showed thet it could be produced by the
direct oxidation of NH; over a Pt catdyst, and essentidly dl industridl HNOj is now made
by the Ostwald process.

Nitric acid is produced by the oxidation of NHj in air a pressures up to 10 atm over
a Pt cadys to produce NO, followed by further air oxidation and hydration to produce
HNO;. This is a two-step process with water scrubbing to remove HNO3 from N, and
excess ar. Since over 90% of the NH3 fed into the process is converted into HNOj, we can
describe this process quditatively as the overdl single reection

NH3 + 202 - HNO3 + H20

dthough the kinetics and reectors are far from smple, and the process is carried out in
severa diginct reactors,

5 3
NH; + ZOQ — NO + EHZO

1
NO + 502 — NO,
3NO, + H,O — 2HNQO; + NO
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1.0

0.8

0.6

0.4

0.2

the sum of which is HNO3 formation from NH;. We will leave for a homework problem
the sketching of a flow diagram of a nitric acid plant.

Methanol synthesis
Here the reaction is

CO + 2H, — CH3;0H, AHp = -22 kcal/mole

This reaction is dso srongly exothermic, and the equilibrium yidd of CH3OH decreases
as the temperature is increased.

Pcu.o AGS
Keq - CH;0H :exp(_ RTR

We will leave for a homework problem the cdculation of the equilibrium conversion
of methanol versus temperature and pressure. Figure 3-18 is a plot of the equilibrium
converson versus temperature.

This process has many similarities to NH; synthesis. The pressure is not as high for
acceptable conversions, and modem methanol plants operate a -250°C at 30-100 atm and
produce nearly equilibrium conversions usng Cu/ZnO cataysts with unrescted CO and H;
recycled back into the reactor.

Methanol is a mgor chemicd intermediate for production of acetic acid and the
gasoline additive methyl-t-butylether (MTBE). It is an ided fud for severd types of fud
cdls, and there is discussion of using pure methanol as a replacement for gasoline. Therefore,
methanol may soon become an even more important chemica.

Toluene nitration

If toluene is hested in HNQj (made by the oxidation and hydration of NHs3, which is
produced by the Haber process as discussed previoudy), the toluene is oxidized and nitrated
in the reaction

Figure 3-18 Plot of equilibrium conversion
X, versus temperature for methanol synthe-
sis starting with stoichiometric feed. While
the equilibrium is favorable at ambient tem-
perature, the conversion rapidly decreases at
higher temperature, and industrial reactors op-
erate with a Cu/ZnO catalyst at pressures as
high as 100 atm.

CO+2H, = CH;OH

200 400 600 800
T(°C)
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CH;CgHs + 2HNO; — CH3CgH4;NO, + H,0 + NO,

This is a fairly smple reaction to run in a flask, but the reaction is far from smple because
there are in fact many minor products. [This reaction is not balanced because there are severd
other products] Fird, there are three isomers of nitrotoluene, caled ortho, meta, and para.
In this reaction there is very little meta isomer, and, because of deric congderations, mostly
the para nitro isomer is formed; so in some sense this is a single reaction.

The next problem with this reaction is that the mononitro compound can add suc-
cessve nitro groups to produce the di- and trinitro toluenes in the resctions. Fortunately,
the rate coefficients for adding the second and especidly the third nitro groups are much
smdler than for adding the first; so mononitrotoluene can be made with good efficiency by
smply heeting toluene in nitric acid (Figure 3-19).

We will return to these reactions later in connection with polyurethanes because one
monomer in polyurethanes is toluene diisocyanate, and the first step in its synthesis is the
production of dinitrotoluene.

Ancther use of these reactions is in the production of amines, for example, the
formation of aniline from benzene The benzene is firs nitrated in nitric acid, and then
in another reactor the nitrobenzene is reduced to aniline with H, (another use of H2) in the
resctions

CgHg + 2HNO;3; — C¢HsNO, + H,O0 + NO,
followed by

C¢H;NO, + 3H, — C4HsNH, + 2H,0

Note that 2 moles of HNO3 and 3 moles of H, are needed for each mole of aniline produced
from benzene. [Why are 4% moles of H, required for the entire process?|

Findly, we note that the product of adding 3 nitro groups to toluene is something
one never wants to make unintentiondly. [Why? We will condder these reections later in
Chapter 10 in connection with accidents and disasters.

The reactions discussed here are dl examples of nearly single reactions tha have
condderable indudrial importance. However, the chemica reaction engineering of them is
not smple because the pressure, temperature, and reector type must be carefully designed
for successful operation. We must be aware of equilibrium considerations, heat relesse, and
the possibility of undesired reactions, or we can have very unpleasant results. We note finaly
that most of these reections in fact use catalysts to provide a high rate a low temperatures.
The nitration of toluene and its reduction with H, can be caried out without catalysts, but
the firg reaction involves agueous and organic phases, while the second involves gaseous
H, and liquid organic. Thus these reactions involve multiple phases. We never promised
thet interesting processes would be smple.

Figure 3-19 Successive reactions in the nitration of

toluene. These reactions can be described as seies reac- CH CH, CHy CHy

tions A— B — C — D, which are a type of multiple NO2 O.N NO2
reactions that will be considered in the next chapter. - - - Y2

NO, NO, NO,
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STAGED REACTORS

These examples dl involve multiple reectors with separations between reactors and new
feeds added in each stage. As an example of the nitration of toluene, starting with CH,4, we
write the steps as

CHs - CO+H; - Hy > NH; - NO — NO; — HNO; — DNT

Each arrow indicates a single reaction step (frequently with severa reactors), and after
every reactor stage the products are separated, reactants are recycled, and new feed is added
for entry into the next reactor stage. In Table 34 we summarize each of these processes.

Thus in this example, the prod&t indicated is fed into the next stage, where it is
reacted with other species (H,0, N, O,, toluene). Different temperatures and pressures are
usually used in eech stage to atain optimum performance of that reector. For example, NHj;
synthesis requires very high pressure (200 am) and low temperature (250°C) because it is
an exothermic reversible reaction, while NH3 oxidation operates at lower pressurse (-10
am) and the reaction spontaneoudy heats the reactor to -800°C because it is strongly
exothermic but irreversible. Formation of liquid HNO; requires a temperature and pressure
where liquid is stable.

For sngle and multiple reactor stages we sketch reactors and separation units as
shown in Figure 3-20. We assume a firgt reactor running the reaction

A—> B
in a first chemicad reactor followed by a second reactor running the reaction

B+C—>D
in a second reactor so that the overal process would be

A+B—> D

with C an intermediae in the staged process.

As a find example of staged reactors, we show in Figure 3-21 the reections in the
production of polyurethane from CH, and toluene.

In conddering these complex multistage processes, the idess discussed early in this
chapter are ill gpplicable. We need to consder each reactor using the principles described
in this chapter, but we need dso to consider the separation and recycle components of the

TABLE 3-4
Typical Operating Conditions of the Reactions in This Section

Reaction Name T (°C) P (atm) Catalyst
CH4 + HyO — CO + 3H; steam reforming 850 20 Ni
CO+HyO - COy +H; water gas shift 250 20 Cw/ZnO
3H,; + N2 — 2NH; Haber process 250 250 Fe

NH; + %Oz -» NO + %Hzo Ostwald process 800 10 Pt/10% Rh
NO + 30, = NO; NO oxidation 200 10 none
3NO, + H,0 — 2HNQO3; + NO nitric acid formation 200 10 none
2HNOj; + toluene — DNT nitration of toluene 100 2 Ni

CO + Hp — CH3;0H methanol synthesis 250 80 CwZnO
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Figure 3-20 Sketch of asingle-stage reactor with product separation and recycle and also two stages where
reactants from the first stage are separated and recycled into the first reactor while products are mixed with other
rectants and fed into a second Sage
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Figure 3-21 Reacions in production of polyurethane. These proceses involve many of the individua reaction steps discussed
previously.

process. These aspects can in fact dominate the economics of a chemical process. We dso
must consder multiple reections because none of the above reectors produces exclusvely
the desired product, and this will be the subject of the next chapter. All these reactor stages
require different hest management drategies, and most of them use catayss Therefore,
we cannot design these reactors in detail until we consder these agpects in the following
chapters.

THE MAJOR CHEMICAL COMPANIES

The major petroleum and chemica companies have basicdly defined chemicd enginesring,
as thar origins and growth have coincided with this discipline. Table 3-5 ligts the top
chemicd companies in the world in 1995.

Some of these companies are moglly or exclusively chemica companies, and severd
are primarily petroleum companies with a smdl percentage of ther sdes from chemicas.
Some are very old (DuPont), and others are fairly new (Huntsman Chemicd).

By many accounts, this Stuation is changing as petroleum companies become ail
commodity traders rather than refiners and chemicad companies atempt to produce com-
modities with as little research and development as possible.

Nevertheless, it is important for the chemicd engineer to see how these industries
have evolved in order to see how the discipline might or should continue to evolve in the
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TABLE 3-5
Top 20 U.S. Chemical Companies Listed by 1995 Sales; (Sales in Millions
of Dollars)?
1. Dow Chemical $19,234 05%b
2. DuPont 18,433 44
3. BExxon 11,131 95
4, Hoechst Celanese 7,395 100
5. Monsanto 7,251 8l
6. Generd Electric 6,628 95
7. Mobil 6,155 8.2
8. Union Carbide 5,888 100
9. Amoco 5,655 18
10. Occidental Petroleum 5410 51
11. Eastman Chemical 5,040 100
12. BASF 4,847 76
13. Shdl Qil 4841 20
14. Huntsman Chemical 4,300 100
15. ARCO Chemicas 4,282 100
16. Rohm and Haas 3,884 100
17. 1Cl Americas 3,824 100
18. Chevron 3,758 10
19. Allied Signal 3,713 26
20. W. R. Grace 3,665 100

aData from Chemical and Engineering News, June 24, 1996.
bThe last column indicates percentage of sales in chemicals.

future. Every company drives to find a “market niche’ in which it can make a product
chegper than its competitors. This can be through finding chesper rav materids, making
more vauable products, or keeping competitors out by patent protection and by other means
such as buying out a competitor who has a better process.

The mgor themes we consder are the evolution of rgw materials from cod to
petroleum to gas, and the evolution of chemical intermediates in chemica processng. The
key organic chemicas have been acetylene from 1900 to 1940, ethylene from 1940 to the
present, and probably ethane in the near future. Smultaneoudy, H>SO4, HNO3, Cly, and
NaOH have been the mgor chemicals used in processing organic molecules, and there is a
great effort and need to replace them with chemicas that do not leave solid residues such
as CaS0O, and «t, liquid resdues such as organic chlorides and sulfates and sulfites, and
vapor residues such as HCI, SO,, and NO,. There is now a trend to replace the oxidizing
agents HNO; and Cl, by direct oxidation with O,.

We will briefly trace the evolution of chemicas production through three of the largest
U.S. chemicd companies and the German cartel. We will see that each of these companies
can be badcaly defined through a single chemicd: DuPont by HNQ;, Union Carbide by
acetylene, Dow Chemicd by Cl,, and BASF by the dye industry.

DuPont Started as an Explosives Company
DuPont is the oldest chemicd company in the United States and perhaps in the world. It

was dated in the eighteenth century when E. |. DuPont came to the United States from
France to sat up an explosives business to sl gunpowder to the Army. The founders were
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searching for a gSte for a plant where reactors could blow up without offending neighbors,
and they found a spot on the bank of the Brandywine river near Wilmington, Delaware.

Gunpowder was discovered by the Chinese many centuries ago, but they used it
primarily for fireworks until it was imported to the West and used to blow up castles and
then to prope projectiles. Explosives are solids that are endothermic with respect to ther
decomposition products. [We will consider the explosions of solids more in Chapter 10.]
Typicdly explosves contain fud atoms (C, H, and S) in dose proximity to oxygen atoms
(as nitrates and perchlorates) so that they will react to form CO,, H,O, and SO,, but
only (one hopes) when intentiondly ignited. Another class of exothermicaly decomposing
solids is azides, and they are frequently used as igniters or fuses to hest up conventional
explosives.

Gunpowder is smply a mixture of charcod, sulfur, and potassum nitrate. Carbon
and S react with O in the nitrate, and the N in the nitrate aso releases heat in converting to
N; (the K combines with something to form the smoke). The reections are approximately

1
S+C+2KNO3—>C02+S02+K20+N2+502

Charcod is made from wood ashes, sulfur is mined, and potassum nitrate (cdled Chilean
sdtpeter) was mined from dry diffs on the coast of Chile, where fish-eating seabirds hed their
nests and restroom facilities. Over many centuries, this source accumulaed in layers many
feat thick, and this was adequate for dl nitrate needs until the end of the nineteenth century
when deposits began to deplete faster than birds could replenish them and transportation
and purification (odor is just part of the problem) kept costs high.

Other explosves, discovered in the ningteenth century, were nitroglycerine, a liquid
that is absorbed in a solid to make dynamite, and nitrocellulose, a solid that produces less
amoke (smokeless powder). They are made by heating glycerine and cellulose with nitric
acid, a process that adds nitro (~NO;) groups. Another important explosive is trinitrotoluene,
mede by hesting (very carefully) toluene in nitric acid,

CH;C¢Hs + HNO; — CH;3C4H»(NO3)3 + H,O + NO,

Alfred Nobe in Sweden developed this process for manufacturing and selling TNT, became
extremely wedthy in the process, and donated some of his wedth to establish prizes for
important inventions in science and peace (but that is another story).

In manufacturing these explosives potassum nitrate rapidly became the mogt difficult
and expensive chemica to obtain. Seabird droppings and subsequent leaching and bacteria
reactions on the coast of Chile concentrated nitrogen compounds that were originaly created
by plants that fix N, to form amino acids using specid enzymes, but this production rae is
difficult to increase. Fritz Haber in Germany discovered the process to fix nitrogen to form
ammonia in the fird decade of the twentieth century, and about the same time Wilhdm
Ostwad, dso in Germany, found how to convert it to NO and then to HNQj3. (These are
other important and interesting stories)

The DuPont company rapidly saw that HNO; was the key in making chesp explosives,
al of which need nitraes and nitro compounds, and they rapidly became the largest
producers of HNOs. World War | was a good period for DuPont, but the explosives business
is inherently cydicad (fortunately), and dynamite and fireworks have limited markets.
Therefore, DuPont began to explore other uses of cdlulose, a raw materid for smokeess
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powder. They found that it could be hydrolyzed to form a gd that could then be used to
make cdluloid, a solid polymer used in shirt collars and corset staves, which were important
fashion items in the late nineteenth century. Then they found that it could be spun into fibers.

A relaed natura polymer is cellulose acetate, which they caled rayon, and DuPont rapidly
evolved from explosives into primarily a textile company.

The mgor textiles before the 1920s were wool (anima hair), cotton (a seed pod),
and slk (a protein used for making cocoons). The silk spider aso had a clever device in
its abdomen for expelling a g in a sac through a spinneret where reections with ar made
a solid fiber with a uniform cross section. DuPont took this idea in spinning hydrolyzed
cdlulose into rayon fibers and scaling-the process up far beyond the needs of spiders.

In the 1920s and 1930s DuPont research and engineering was supporting- these
processes and trying to make syntheticjibers that had properties smilar to wool, cotton, and
slk so they could make money by replacing these natural products. A theoreticd chemist
a the DuPont Experimentd Station in Wilmington, Ddlaware named Wallace Carrnthers
was examining the flow properties of these large molecules used in products like rayon and
wanted to make some molecules that were more uniform than naturd hydrolyss products.
Since he knew organic chemistry, he was aware that organic acids, acohols, and amines can
be combined to form larger molecules in esters and amides. If he used molecules with two
functional groups, then the product formed would continue to react with other molecules,
and a linear polymer with very large molecular weight could be formed. The discovery of
linear organic polymers was undoubtedly the most important invention in chemidry in the
firg hdf of the twentieth century.

The first product that DuPont commercidized was polyamide, to which they gave
the trademark Nylon. These polymers can be made from a diamine and a diacid or from
an amino acid (the silk spider). (Remember that proteins are just polypeptides, which are
polyamides formed from amino acids, so the DuPont scientists were only adapting and
scding up nature's process.)

DuPont needed large amounts of amines and organic acids, and again their experience
with HNO3 was crucid. HNO3 contains the needed N atom that can be added to hydro-
carbons to make the nitro compound and then reduced to the amine. Nitric acid is dso a
good oxidizing acid that will sdectively oxidize organic molecules to carboxylic acids. The
maor polyamide of DuPont was made from hexamethylene diamine [H,N(CH,)¢NH;]
and adipic acid [HOOC(CH,),COOH]. Each of these contains 6 carbon atoms, and the
product is cdled Nylon 66. Another is an amino acid made from caprolactam, caled Nylon
6. [We will discuss later how these molecules can be made cheaply.] Cloth made from these
products was very strong, and DuPont introduced it in World War 1l for use in parachutes
and tents. After the war they introduced it as Nylon stockings, and the importance and
acceptance of synthetic organic polymers by consumers was established.

DuPont had trouble in finding a suitable polyester, because esters of most diacids and
didcohols hydrolyze too easly. Clothing that dissolves in the rain or washing mechine is
clearly not very saisfactory. However, Imperid Chemicd Indudries (ICl) in England, a
company admost as old and large as DuPont, found the best one, polyethylene terephthaate,
which they sold to DuPont, and PET is ill the most important polyester.

DuPont no longer sdls explosives, and they produce nitric acid only for internd

consumption in making other chemicads. However, they learned these technologies from
their origins in explosves.
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Union Carbide started as a calcium carbide company

Union Carbide had its origin in South Charleston, West Virginia, early in the twentieth
century. The company was an amagamation of severd companies, one that made carbon
electrodes and another that made organic chemicds. This relationship started because one
of the best ways to make many chemicds was to dart with acetylene, and carbon was
initidly crucid in its production.

Acetylene has a triple bond that makes it quite reactive, and therefore it can be reacted
in many ways to make many smdl organic chemicas For example, by adding two water
molecules one can make ethylene glycol. The god of much of chemicds synthess is to
find a sngle raw materid and a sdective process to make one product from one reactant
without having to separate the “dog’'s breskfast” of products that result from most chemicd
processes. Acetylene was the first of these chemicals. It was discovered in the nineteenth
century that acetylene is produced with high yidd by a surprisng route by adding water
to the product of fusing limestone and charcod. When these are heated, they form a stable
solid, cdcium carbide

2CaCO; + 4C —» CayC + 3CO,
When waeter is dripped over this solid, it forms acetylene with admost quantitative yidd,

2CaC + 8H,0 — C;H; + 4Ca(OH); + 3H,

This process had its first application in lamps because both water and Ca,C can be stored
easly and the lamp power can be varied by the water drip rate. It became naturd therefore
that a carbon company and an organic chemica producer should combine resources.

While acetylene is a good chemicd intermediate, Cap,C must be formed by heating
to high temperatures or in an dectric arc, and its synthess is very energy intensive. Also,
acetylene is a very dangerous molecule to store because its decomposition

GCH; — 2C, + H2

liberates 54 kcal/mole of heet; so, once ignited, acetylene is violently explosive. (Union
Carbide did not want to compete with DuPont in the explosives business, especidly with
this chemicd.)

In the 1930s it was discovered that the pyrolysis of akanes produced large quantities
of olefins. This pyrolysis process is not very sdective, but the costs of separation were
cheaper, and scaleup was smpler and safer in meking ethylene rather than acetylene; 0
during the 1940s ethylene and other smal olefins replaced acetylene as the mgor building
block in chemicd synthess. We will consder the reactions and reactors used in olefin
gynthesis from akanes in the next chapter.

The Union Carbide Corporation has dways been a leader in production of smadl
organic chemicas, and now it does 0 largdy by using olefins as its darting materia rather
than acetylene. Still the Carbide in the name remains from its acetylene origins.

Dow Chemical started as a chloralkali company

Herbert H. Dow founded the Dow Chemica Company in 1897 as a chlorakai company.
He found that there were extensive brine wells near Midland, Michigan, and started a smal
company there to produce bromine, chlorine, and caustic soda (NaOH) there.
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Chlorine has dways been produced by eectrolyss, and it is ill the only mgor chem-
ica process using dectrolyss besides dectroplating. It is produced by the stoichiometric
reaction

1
NaCl + H,0 — NaOH + ECIZ + %HZ

This reaction has a very andl equilibrium congtant, but by dipping carbon eectrodes in
concentrated solutions and withdrawing the gaseous Cl, and purifying the NaOH, two
vauable products could be made rather cheaply because of the large AG between anode and
cahode in an dectrochemica cdl. Electrochemical reactors will be discussed in Chapter 9.

A chlordkdi business should be located either near chegp sdt or near chegp eectricity,
and much of the chemicad indudry in this country stated near Niagara Fals because of
the cheap hydroelectric power there. Mogt of these indudtries have left this area, and the
polluted Love Cand is one of the few remnants of this indudry.

Dow Chemicad found that the NaOH and Cl, they produced were essentia interme-
diates in synthess of many chemicds, and Dow rapidly expanded into production of many
organic chemicds. However, they remain the largest user of chlorine in chemicd synthess.

Dow Chemicd is now a mgor producer of vinyl chloride. This was initidly made by
adding HC! to acetylene (the Union Carbide intermediate),

C,H; + HCl — C,H;(Cl
but now it is made by adding Cl, to ethylene

C,H, + Cl, — C,H,Cl + HCI
Ancther chemicd intermediate made from Cl, and NaOH is hypochlorous acid,

NaOH + Cl, —» HOC1 + HCl

Hypochlorous acid is a srong oxidizing agent, and it is the dominant bleaching agent, for
example, in Chlorox and in the paper industry.
HOC1 has another gpplication in adding Cl and OH to olefins,

C2H4 + HOC1 —~ HOC2H4CI

this is cdled ethylene chlorohydrin. This molecule can essly be heated and made to
diminate HCI1 to form ethylene oxide,

HOC,;H.Cl — C,H,O + HClI
and this molecule readily reacts with water to form ethylene glycal,

CH,40 + H,0 - HOC,H,0OH
used in antifreeze and polyedter.

The direct oxidation of ethylene to EO by O, has now replaced the chlorohydrin
process entirely because it is chegper and involves less byproducts, but propylene oxide (a
monomer in polyurethanes) is ill made by the chlorohydrin route.

Chlorine has been a mgor intermediate in the chemicd industry throughout the
twentieth century, both because of its oxidizing power and ability to add Cl to molecules.
The mgor drawback in chlorine is the need to dispose of it after the process, and in EO
production more than 2 pounds of sdt must be disposed of for every pound of ethylene
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glycol produced. Polyvinyl chloride (PVC) is an important chemica tha contains Cl, and
there is condderable movement among environmentdists to diminate PVC completdy as
a plagtic so that no HCI will be emitted in the incineration of plagtics.

Three chemicals that contain chlorine and have received much atention for the past
few decades are PCBs, dioxin, and Freon. Polychlorinated biphenyls are inert molecules
formerly used as heat exchangers such as transformer coolants. Dioxin is a byproduct of the
defdliant 24-D (Agent Orange). Freons are mainly used as working fluids in refrigerators.
Dioxin is toxic (athough its toxicity to humans is under debate), as are PCBs, and Freons es-
cape into the stratosphere, where they catalyze the destruction of ozone (discussed in Chap-
ter 8). Serious concerns with these chlorine-containing chemicas have led to srong incen-
tives to replace chlorine as an intermediate in chemicd synthesis and as a chemica product.

The English and German chemical industries
started as dye companies

The origins of the chemicd industries as we know them came firg from England and then
from Germany. The Indudrid Revolution originaled in England, and cod and sted were
its fuels. As cod was turned into coke by hesdting it in retorts (large closed pots), the gases
driven off were rich in chemicds, origindly regarded as just smelly off-gases, but gradualy
regarded as molecules that could be collected and separated into useful chemicds.

One of the mogt vauable classes of these chemicds was dyes. While the idea seems
quaint to us today, dyes have aways been much desired and expensive chemicas for our
ancestors. (SAt has an even older and richer history.) Chemicas that turn clothing from
brown and gray into bright colors have dways been aitractive to humans, and we are willing
to pay dearly for colored clothes. Purple has been the symbol of roydty in the West, and
red-orange is a comparable symboal in China. In the West this goes back to the Bible, where
Lydia was a “sdler of purple’ in Thyaira in Asa Minor whom Paul encountered in the
book of Acts and who became the first European convert to Chrigtianity. This was the dye
cdled indigo, which was obtained from the ink produced by a sea anima. The vaue of dyes
was comparable to that of gold in the ancient and into the fairly modern world.

The products of cod tar didtllation and extraction contained fractions that were
brightly colored. These were mostly polyaromatic molecules containing N=N bonds that
contained chromophores that aosorbed light in the vishble. Severd companies were soon
garted to produce and sal these products. Very quickly organic chemists in England and
Germany began to develop techniques to synthesize these compounds, and this market was
important in the development of synthetic organic chemistry in the late ningteenth and early
twentieth  century.

One of these companies was Badische Anilin und Soda Fabrik or BASF (trandated
as Baden-Baden Aniline and Soda Ash Compeny) in the town of Ludwigshaven in the
Rhine valey of Germany, which combined the synthesis of aniline dyes and dkdis in ealy
products and in their name.

The Rhine and the Ruhr valleys (the Ruhr was a cod producing center in nineteenth-
century Germany) rapidly became the center of chemica production, as many companies
joined in the production of many chemicd products. The synthesis of NH3 was begun here
by Fritz Haber at Karlssuhe and Bosch a BASF in 1910. The large-scde production of
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acetylene was initiated there. The production of synthetic fuels was dso developed in this
region by this company in the production of synthess gas and its subsequent conversion to
methanol and to diesdl fuel (the Fisher Tropsch process).

In the 1930s Adolph Hitler combined these companies into a cartd caled | G
Farben (Farben means colors) that rapidly dominated prewar chemical production and
then produced Germany’'s chemicas, munitions, and synthetic fuds during World War 1.
After the War, in an effort to control the power of this conglomerate, the Allies split | G
Farben into three separate companies: BASF, Bayer, and Hoechst, which specidized in
commodity chemicas, pharmaceuticds, and fine chemicals, respectively. These companies
have continued to grow since the war so that now the three of them are the top three chemica
companies in the world.

REACTOR DESIGN FOR A SINGLE REACTION

NOTATION

We have now developed the basic ideas of continuous chemicad reactors, and we have

solved these equations for a single reaction in an isothermd reactor. Given r{C;), we solve
the equations

Cjo - C + Ter(Cj) =0
for the CSTR or
dc;
U = vjr(Cj)
dz
for the PFTR to obtain C4(t) in one of these ided reectors.

Since we can dso write the species balances in terms of a single reactant species A,
we actudly usudly solve the egudions

Cao— Ca=1r(Cy)
or
u dC_A = —r(C A)
dz

The solution of one of these two equations is al there is to this chapter. The subject
will become more complicated, but if you can work problems such as these, you should
have little problem as the applications become more interesting. If you can't, you will be
in trouble. We suggest that you should not smply memorize these two equations but that
you should rather be gble to derive them or a least “fed” their meaning.

Most industrid processes are in fact staged operations where separation units between
reactors are used to separate the desired intermediate product from reactants and from other
products before feeding it to the next stage, where other reactants are added to form another
product.

The next chapter on multiple reections in fact uses dmost the same equetions, but now
we have to replace v;r in these equations by v jti > 0, if you understand these equations,
the next chapter will be smple (sort of).

The other aspect of this chapter with which dl students need to be familiar is the notation
used. We intentionaly keep this as smple as possible so that the structure of the problems
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we ded with are not confused by extensive symbols. We summarize here the quantities that
we will use throughout the book.

Concentration

We aways use C; in moles per liter (or in moles per cubic decimeter or 1 kilomole/m? for
the S purist) as the only unit of concentration. The subscript j dways sgnifies species,
while the subscript i dways dgnifies reection. We use j as the species designation and

species A as the key reactant. For gases the natural concentration unit is partid pressure P
but we dways convert this to concentration, C; = P; RT, before writing the mass-balance
equations. Converson X means the fraction of this reactant that is consumed in the reactor,
Cy = Cyo(1 = X), but we prefer to use C4 rather than X and find the conversion after we

have solved the equation in terms of Ca. We cannot use this unit of density of a species when

the dendty of the fluid varies with converson, but we prefer ‘to do so whenever possble
because the equations are smpler to write and solve.

Reaction

We dways use r to dgnify the raie of a single reection Z,- vjA; and r; to sgnify the rate
of the ith reaction in the reaction set ), vi; A;j,i=1,2,..., R Therae r is a postive
quantity, and the reaction rate must be defined dong with a specified reaction stoichiometry.

Reactor

Resctors have volume V. Continuousflow reactors have volumetric flow rate v, and
constant-density reactors have residence time 7 = V/v. Until Chapter 8 al continuous
resctors are either completdly mixed (the CSTR) or completely unmixed (the PFTR).

Flow rates

The molar flow rate of a species in a flow reactor is F; = vC;. The batch reector is a
closed sysem’in which v = 0. The volumetric flow rate is v, while thdinear veocity in a
tubular reactor is u, We usudly assume that the dengity of the fluid in the reactor does not
change with conversion or position in the reactor (the constant-density reactor) because the
equations for a constant-density reactor are easer to solve.

The definitions of the most used quantities in this book are therefore as follows:

Cj concentraion of species j, usudly in molesliter

v;  stoichiometric coefficient of species j in the reection »_ v; A;

C 4 concentration of key reactant species with stoichiometric coefficient v4 = — 1

patia pressure of species j, P;/RT = C; for ided gases

fractiona converson of key species A, defined as Cy = Cao( 1 — X) if dendty constant
reactor volume, usudly in liters

volumetric flow rae usudly in literstime

< X \:U

<
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A = M~ O

31

3.2

molar flow rate of species j
subscript o aways signifies reactor feed parameters
length of tubular resctor

average veocity in plug-flow tubular reactor

residence time in a reactor, defined as T = V /v for a constant-density reactor and also
as 7= L/u for PFTR

reection rae of a single reaction in moles'volume time

reaction rate of the ith reaction in a multiple-reaction system

reaction rate coefficient

reaction rate coefficient for the forward reaction in a singlereaction system (k¢ if
reversible)

reaction rate coefficient for the back or reverse reaction in a single-reaction system
reaction rate coefficient for the ith reaction

order of an irreversible reaction

order of a reaction with respect to species j

rate of forward reaction

rate of back reaction

At your favorite fast food joint the french fries are made by filling a basket with potatoes and
dipping them in hot animal or vegetable fat for 4 min and then draining them for 4 min. Every
hour the small pieces that fell out of the basket are scooped out because they burn and give
a bad taste. At the end of the 16 h day the fat is drained and sent out for disposal because at
longer times the oil has decomposed sufficiently to give a bad taste. Approximately 2 pounds
of potatoes are used in 10 gallons of oil.

(a) Why is a batch process usually preferred in a restaurant?

(b) Design a continuous process to make 1 ton/day of french fries, keeping exactly the same
conditions as above so they will taste the same. Describe the residence times and desired
flow patterns in solid and liquid phases. Include the ail recycling loop.

(c) How might you modify the process to double the production rate from that specified for the
same apparatus? What experiments would you have to do to test its feasibility?

(d) How would you design this continuous process to handle varying load demands?

Note: Creation of a continuous process such as this would eliminate jobs for a million teenagers.

An irreversible first-order reaction gave 95% conversion in a batch reactor in 20 min.

() What would be the conversion of this reaction in a CSTR with a 20 min residence time?
(b) What residence time would be required for 95% conversion in a CSTR?

(c) What residence time would be required for 99% conversion in a CSTR?

(d) What residence time would be required for a 95% conversion in a PFTR?

(e) What residence time would be required for 99% conversion in a PFTR?
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Calculate the ratio of residence times in CSTR and PFTR for the nth-order irreversible reaction

for conversions of 50, 90, 99, and 99.9% for n = 0, % 1,2, and -1 for Cy,=1.0.

3.4 An agueous reaction gave the following data in a batch experiment.
t T(°0) X
10 50 05
20 50 0.666
1000 50 0.999
10 80 0.8

What residence time would be required for 95% conversion at 80°C in a pressurized CSTR
starting with the same initial composition? In a PFTR? In 3 CSTRs in series?

3.5 Calculate the reactor volumes required to process 100 liter/min of 3 molar A in the agueous

3.6

3.7

reaction A — 2B for PFTR and CSTR reactors.
() 90% conversion, k = 2 min~!

(b) 99% conversion, k = 2 mole liter- min~!
(c) 99.9% conversion, k = 2 mole liter-i min~!
(d) 90% conversion, k = 2 min~! liter mole-’
() 99.9% conversion, k = 2 min~! liter molel

Set up the above problems if the feed is pure A, A and B are ideal gases, and the reactors operate
at 100 atm.

An agueous feed containing reactant A (1 mole/liter) enters a 2 liter plug-flow reactor and reacts
with the reaction 2A — B, r (molefliter min) = 0.2C,.

(8) What feed rate (liter/min) will give an outlet concentration of C4 = 0.1 mole/liter?
(b) Find the outlet concentration of A (mole/liter) for a feed rate of 0.1 liter/min.
(c) Repeat this problem for a stirred reactor.

3.8 An agueous feed containing reactant A a Cs, = 2 moledliter at a feed rate F4, = 100

mole/min decomposes in a CSTR to give a variety of products. The kinetics of the conversion
are represented by

A — 25 B, r =10 C4 (molegliter min)
(& Find the volume CSTR needed for 80% decomposition of reactant A.
(b) Find the conversion in a 30 liter CSTR.
(c) What flow rate will be reguired to produce 100 moles/min of B at 80% conversion?

3.9 An ester in agueous solution is to be saponified in a continuous reactor system. Batch exper-

iments showed that the reaction is first order and irreversible, and 50% reaction occurred in
8 min at the temperature required. We need to process 100 moles/h of 4 molar feed to 95%
conversion. Calculate the reactor volumes required for this process in

(a) a PFTR,

(b) a CSTR,
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(c) two equa-volume CSTRs,
(d) four equal-volume CSTRs.

3.10 The agueous reaction A — products has a rate r = 2C4/(1 + C4)? (rate in moles/liter min),

3.11

and is to be carried out in a continuous reactor system. We need to process 100 moles’h of 2
molar feed to 90% conversion. Calculate the reactor volumes required in

(a) a PFTR,

(b) a CSTR,

(c) two equal-volume CSTRs. .

(d) Use plots of 1/r versus conversion to show these results.

(6) What is the ideal combination of reactors for total minimum volume for this reaction?

(f) Show how you would solve problem (€) analytically. Set up equations and indicate the
method of solution.

We have a 100 gallon tank of a product that now contains small particles that must be removed
before it can be sold. The product now has (4 particles cm=3, and it is only acceptable for sale
if the particle concentration is less than 10? particles cm-s. We have a filter that will effectively
remove al particles.

(a) At what rate must the product be pumped through the filter to make the product acceptable
within 2 days if the tank is mixed and the filtered product is continuously fed back into the
tank?

(b) At the pumping rate of part (a) how long will be required if the filtered product is placed in
a separate tank?

(c) Repeat parts (a) and (b) assuming the filter only removes 90% of the particles on each pass.

3.12 (a) Solve for t(Cy) and Cx(t) for the reaction A — B + 2C, r = kC,4 in 1 atm constant-

3.13

pressure CSTR and PFIR reactors if the feed is pure A and A, B, and C are ideal gases at
100°C.

(b) Repeat with a feed at the same C 4, but with 20 moles of an inert idead gas solvent per mole
of A.

(c) Repeat with an aqueous feed at the same C4,.

Find C4 (1), Cp (1), and Cc(t) for the liquid reaction A + B — C with r=kC4Cpgin a PFTR
and in a CSTR with Cco = 0 for Cap = Cpg and for C 40 = 2Cpo. Why do the solutions look
so different?

3.14 (@) Find C4(r) and Cg(r) for the liquid reaction A = B with r = kC4Cz in a PFTR and a

CSTR with a feed of C4, = 2 moles/liter and Cp, = 0 with k = 0.2 litersymole min..
(b) Why cannot thus reaction be carried out in a PFTR with this composition?
(c) What modification would be required in a PFTR to give finite conversion?

3.15 Sketch 1/r versus C4 — C4 or X for A — products for the reactions r = kCjy, ij, k, and

3.16

k/C 4. Show the relative residence times of PFTR and CSTR graphically.

Sketch I/r versus Cao = Cy4 or X for A — products for the reactions r = kC4 /(1 + KCj,) for
Cao =2, k=01 min"! and X = 1 liter/mole. From this graph find ¢ for 90% conversion for
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(a) a PFTR,

(b) a CSTR,

(c) 2 equa-volume CSTRs,

(d) the optima combination of reactors in series.

An irreversible first-order reaction gave 80% conversion in a batch reactor in 20 min.
(a) Calculate the tota residence time for this conversion for CSTRs in series for 1, 2, 3, and 4
equal-volume reactors.

(b) What residence time will be required for a very large number of equal-volume CSTRs?
Wheat is the limit of (1 + k7)™ in the limit n — co?

3.18 (@) What is the optimum combination of idea reactors for the reaction A — B if it is

3.19

autocatalytic with r = kCsCp and Cs = (4o, Cpo = O? What is the intermediate
concentration between reactors?

(b) Solve for 90% conversion if C4, = 1 mole/liter and k = 0.25 liter/mole min.

[Computer] In fermentation processes sugar (A) is converted to ethanol (C) as a byproduct of
yeast (B) reproduction. In a simple model we can represent this process as

A—)B+3C, r:kCACB

Starting with 10 weight percent sucrose (C;,H»,Oy;) in water and assuming that half of the
carbon atoms in the sucrose are converted into ethanol (the above stoichiometry), find the times
required to produce 3.5 weight percent alcohol (1% sucrose remaining) for initial concentrations
of yeast of 0.00001, 0.0001, 0.001, and 0.01 molar. It is found that 2 h are required for this

conversion if the initial yeast concentration is maintained at 1 molar. Assume that the density
is that of water.

3.20 Consider the reaction A — 4B, r = kCi, with A and B ideal gases in a constant-pressure

reactor and a feed of pure A with v = 10 liter/min, k = 0.1 liter/mole min, and C4, = 0.05
moles/liter.

(@) Find an expression for C,(X).
(b) Find V for 80% conversion in a CSTR.
(c) Find V for 80% conversion in a PFTR.

3.21 The gas-phase reaction A — 3B obeys zeroth-order kinetics with r = 0.25 moles/liter h at

3.22

200°C. Starting with pure A at 1 atm calculate the time for 95% of the A to be reacted away in
(a) a constant-volume batch reactor,

(b) a constant-pressure batch reactor.

Calculate the reactor volume to process 10 moles/h of A to this conversion in

(c) a constant-pressure PFTR,

(d) a constant-pressure CSTR.

(e) Calculate the residence times and space times in these reactors.

One hundred moles of A per hour are available in concentration of 0.1 mole/ liter by a previous
process. This stream is to be reacted with B to produce C and D. The reaction proceeds by the
agueous-phase reaction,
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3.23

3.24

A+B—-> C+D, k = 5 litersmole h

The amount of C required is 95 mole/h. In extracting C from the reacted mixture A and B are
destroyed; hence recycling of unused reactants is not possible. Calculate the optimum reactor
size and type as well as feed composition for this process.

Data: B costs $1.25/mole in crystaline form. It is highly soluble in the aqueous solution and
even when present in large amounts does not change the concentration of A in solution. Capital
and operating costs are $0.015/h liter for mixed-flow reactors.

One hundred gram moles of B are to be produced hourly from a feed consisting of a saturated
solution of A (C4, = 0.1 mole/liter) in a mixed-flow reactor. The reaction is

A+ B, r=020""C,
The cost of reactant at Ca, = 0.1 molée/liter is $A = $0.50/mole A

The cost of reactor including installation, auxiliary equipment, instrumentation, overhead, labor,
depreciation, etc., is $m = $0.01/h liter.

What reactor size, feed rate, and conversion should be used for optimum operations? What is
the unit cost of B for these conditions if unreacted A is discarded?

Suppose dl unreacted A of the product stream of the previous problem can be reclaimed and
brought up to the initia concentration C4, = 0.1 mole/liter at a total cost of $0.125/mole A
processed. With this reclaimed A as a recycle stream, find the new optimum operating conditions
and unit cost of producing B.

3.25 [Computer] Plot C4(f) and Cp(z) in the reaction A — B for r = 2C4/(1 4+ 4Ca)? for

Cpo = 0.1, 1, and 10, Cp, = O for times displaying up to 99% conversion.

3.26 Condder the reaction A — B, r = 0.15 (mint) C4 in a CSTR. A costs $2/mole, and B sdlls

3.27

3.28

3.29

for $5/mole. The cost of the operating the reactor is $0.03 per liter hour. We need to produce 100
moles of B/hour using C,, = 2 moles/liter. Assume no value or cost of disposal of unreacted
A.

(a8 What is the optimum conversion and reactor size?
(b) What is the cash flow from the process?

(c) What is the cash flow ignoring operating cost?

(d) At what operating cost do we break even?

Figure 3-22 shows possible r versus C 4, — C 4 curves. What reactor or combination of reactors
will give the shortest total residence time for a high conversion?

Find an expression for the conversion in a dimerization reaction
2A > B,  r=kC}

with A and B ideal gases starting with pure A at 1 atm.

(@ in a CSTR,

() in a PFTR.

Find an expression for the conversion in the reaction
A — 3B, r==k
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(@) (b) © (d)

CpoCa CpoCa CaoCa CpoCa

Figure3-22 Same posshle r versus conversion plots.

3.30

3.31

3.32

with A and B idea gases starting with pure A at 1 atm.
(@ in a CSTR,
(b) in a PFTR.

Find an expression for the conversion in a dimerization reaction
2A = B, r=kC?%

in a CSTR with A and B ideal gases starting with A at 1 atm for

(@ no diluent in the feed,

(b) 1 atm of inert diluent,

(c) 9 atm of diluent,

(d) 99 atm of diluent.

(e) Compare the volumes required for 90% conversion in these situations with those predicted
using the constant-density approximation.

Find an expression for the conversion in a dimerization reaction
A — 2B, r= kC}i

in a CSTR with A and B ideal gases starting with A at 1 atm for

(&) no diluent in the feed,

(b) 1 atm of inert diluent,

(c) 9 atm of diluent,

(d) 99 atm of diluent.

(e) Compare the volumes required for 90% conversion in these situations with those predicted
using the constant-density approximation.

The aqueous reversible reaction
AZ B, r=kChi—KCp

isto be carried out in a series of reactors with separation of unreacted B between stages. At each
stage the reaction goes to 50% of the equilibrium composition. How many stages are required
for 90% conversion of the initial A for k = 0.2 min~!, Kgq = 1 if

(@ dl B is extracted between stages,
(b) 50% of B is extracted between stages.
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(c) Find 1 with complete extraction if the reactors are CSTRs.
(d) Find T if the reactors are PFTRs.

3.33 (@) Find an expression for V; and V, and the intermediate concentration C4; for the reaction
A — B, r=kCyu
in 2 CSTRs to produce a minimum total volume for specified Cy, and Cpyo.
(b) Repeat for 7 CSTRs in series.

3.34 Methanol is made by the reaction
CO + 2H, — CH3OH

Plot the equilibrium conversion versus temperature at pressures of 1, 10, 30, 50, 100, and 200
atm for temperatures from 300 to 800 K using the following data.

AGSg = -24.32 kl/mole
AHg,e = -90.64 kJ/mole
Compare with the figure in the text.

3.35 A reaction A — products is known to obey the rate expression r = kC’}. Using two 50 liter
CSTRs in series, it is found that with a feed of 2.0 molegliter, it is found that after the first
reactor C 4, = 1.0 moleg/liter and after the second Cao = 0.3 mole/liter.

(& Findn.

(b) What volume PFTR will be required to obtain 90% conversion for this reaction at the same
feed rate?

3.36 A certain equipment catalog lists CSTRs as costing

$CSTR = 1000 + 100‘/1/2
and PFTRs as

where $ isin dollars and V is in liters.

(a8 Why might the cost of a chemica reactor be roughly proportiona to its surface area? For
what reactor geometries might the costs of chemical reactors have these dependences on
their volumes? How should the cost of a spherical CSTR depend on its volume?

(b) At what volume will the costs of a CSTR and PFTR be equal in this catalog?

(c) We find that a 1000 liter PFTR will process 500 molesh of a reactant in a first-order reaction
to 90% conversion. How does the cost of this reactor compare with a CSTR for the same
conversion?

(d) Repeat this calculation for processing 1000 moles/b to 90% conversion.

3.37 A 10,000 gallon holding tank receives an aqueous byproduct effluent stream from a continuous
chemical process. The tank is well mixed and drains into a river. The tank receives 2400
galons/day of a certain byproduct that decomposes in the tank with a rate coefficient of 0.2
h—1,

() What fraction of the byproduct from the process enters the river?

(b) At this flow rate what size tank would be required to react 99% of the byproduct before
entering the river?




Problems 143

3.38 A 10,000 gallon holding tank receives an agueous byproduct effluent stream from a batch

3.39

3.40

3.41

3.42

3.43

chemical Process. The constant-volume tank is well mixed and drains into a river. A batch
process is recycled every 8 h, and in the cleanup of the reactor 1000 gallons are rapidly drained
into the tank at the end of each batch run. The byproduct decomposes in the tank with a rate
coefficient of 0.2 h=1.

(@) What fraction of the byproduct from the process enters the river?

(b) At this discharge rate what size tank would be required to react 99% of the byproduct before
entering the river?

Y ogurt is produced by adding a small amount of finished yogurt to fresh milk in a process whose
kinetics can be described approximately as

A =24, r=kCyu

It is found that with a certain culture the concentration of product in fresh milk doublesin 8 h. If
the process is started by adding 5% of finished yogurt to milk, how long is required to prepare
a batch of yogurt?

A certain drug is metabolized such mat its concentration in the bloodstream halves every 4 h. If
the drug loses its effectiveness when the concentration falls to 10% of its initial concentration,
how frequently should the drug be taken?

We wish to produce 90% conversion in the reaction
A — B, r=kCj

where k =1/4 (in units of moles, liters, and minutes), C4, = 2 moles/liter, and n may be 1, 2,
or 0.

(a) Find t required in single PFTR and CSTR reactors for these values of n.

(b) Find the conversions in single PFTR and CSTR reactors for T = 10 min for these values
ofn.

We wish to produce 90% conversion in the reaction
A - B, r= kCh

where k =1/4 (in units of moles, liters, and minutes), Ca, = 2 moles/liter, and n may be 1, 2,
or 0.

(a) Find t required and the intermediate conversion in two equal-volume CSTR reactors for
these values of n.

(b) From a I/r plot solve these problems graphically by counting squares.
(c) Find 7 and the intermediate conversion in an equal-volume PFTR+CSTR.
(d) Find 7 and the intermediate conversion in an equa-volume CSTR+PFTR.

We wish to produce 90% conversion in the reaction
A - B, r= kCuCpg
with k = 1/4 (units of minutes, moles, and liters).
(a) Find 7 in the best single reactor for C4, = 2, Cgo = 0.
(b) Find t in 2 equal-volume CSTRs.
(c) Find the reactor volumes for minimum t in two reactors in series.
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344

We wish to produce 90% conversion in the reaction
A —= B, r= kCuCg
with k = 1/4 (units of minutes, moles, and liters).
(@ Find 7 and Cp, where PFTR and CSTR give equal 1 for C4, = 2 — Cp,.
(b) What are the best two-reactor combination and optimum Cpg, for minimum 7?

3.45 The reaction A — B, r = kC, is to be run in continuous reactors with Cao = 3 moledlliter,

3.46

k =2 mint, v =5 liters/min.
(a) At 50% conversion what volume CSTR is required?
(b) At 50% conversion what volume PFTR is required?

(c) We need to produce 100 Ib/h of B. If B sells for $2.00/1b, A costs $0.50/Ib, and we discard
unused A at no cost, what is the cash flow of the process?

(d) If the effluent from the CSTR is fed into a second equal-volume CSTR, what is the overall
conversion?

Find an expression for C, for areaction r = ka‘ in n equal-volume CSTRs in series for # up
to 4. Repeat for zeroth-order kinetics.

3.47 Calculate the total reactor volumes to process 4 liters/min for the reaction A = B, r = kCi

for Cy, = 2 moleg/liter with k = 0.5 liter/mole min for
(@ a single CSTR,

(b) asingle PFTR,

(c) two equal volume CSTRs in series,

(d) a CSTR followed by a PFTR, with equal volumes.
(e) a PFTR followed by a CSTR, with equal volumes.

3.48 Calculate the total reactor volumes to process 4 liters/min to 90% conversion in two equal-

3.49

3.50

3.51

volume CSTRs for the reaction A — B, r = kC’} for C4, = 2 moles/liter with k = 0.5 (in
units of moles. liters, and min) for n = 0, 1, and 2.

An empty CSTR of volume V is started up by filling it at flow rate v, with agueous reactant at
C 4, that undergoes the reaction A — B, r = kC4. The exit pipe from the reactor is at the top
of the tank, so that no fluid flows out of the tank until the reactor is full.

(a) Describe C4(¢) in the tank before it fills, assuming continuous mixing within the reactor.
(b) Describe C4(f) as the reactor approaches steady state.

Pure water is flowing through a PFTR with residence time 7, and at time t = O flow is switched
to areactant at C,, a the same flow rate with the reaction A — B, r = kCy4.

(a) Find Ca(z) at the reactor exit. [This problem is quite simple]
(b) Find Ca(2) in a CSTR. [This problem is quite difficult.]

We have run the reaction A — B in a 10 liter bench-scale steady-state CSTR and find that with
aflow of 0.5 liters/min the concentration of A goes from 0.2 to 0.1 moled/liter.
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(@ What size CSTR will be required to produce 100 Ib/h of B from this feed composition at
this conversion if its molecular weight is 80?

(b) Assuming a first-order irreversible reaction, what size CSTR will be required to produce
100 Ib/h of B if the reaction is run to C4 = 0.01 moles/liter?



Chapter 4

=  MULTIPLE REACTIONS IN
== CONTINUOUS REACTORS

systems because they can dways be optimized smply by hesting to incresse the
rate or by finding a suitable catdyst. [You don’'t need to hire a chemicd engineer
to solve the problems in Chapter 3]. Essertidly dl important processes involve multiple
reactions where the problem is not to increase the rate but to creste a reactor configuration
that will maximize the production of desred products while minimizing the production of

W e noted earlier that chemica engineers are seldom concerned with single-reaction

undesired ones.

In this chapter we congder the performance of isotherma batch and continuous
reactors with multiple reactions. Recal that for a sngle reaction the sngle differentia
equation describing the mass badance for batch or PFTR was aways separable and the
agebraic equation for the CSTR was a smple polynomid. In contrast to single-reaction
sysems, the mahematics of solving for performance rapidly becomes so complex that
andyticd solutions are not possble We will firs condder smple multiple-reection systems
where andyticd solutions are possble. Then we will discuss more complex systems where

we can only obtain numerica solutions.

THE PETROCHEMICAL INDUSTRY

In Chapter 2 we sketched the processes by which petroleum is refined and polyester is made
from petroleum fractions and natura gas liquids. In Chapter 3 we sketched the higtory of the
major petrochemical companies and looked a severa important single-reaction systems. In
this chapter we will condder the evolution of feedstocks and intermediates in the petroleum

and chemicd industries.

Recdl thet the petroleum refining industry involves multiple reactions because crude
oil contains an dmog infinite number of molecules, and dmogt the same number of product
molecules is produced by each of the reactors we described in Chapter 2. However, in a
sense the petroleum refining industry is Smply a sophidticated “cooking” of large molecules

to crack them down to smaler molecules.
146

I
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The chemicd industry typicdly involves much more high technology but smdler
reactors because one usudly desires to produce a single molecule as an intermediate to make
a paticular product. These molecules usualy can be sold for a much greater price than gaso-
lineg so the extra vaue added in the petrochemica processing industry judtifies the increased
sophigtication and cost of these reactors. The costs of separating the desired product from
reactants and undesired products can dominate the economics of petrochemical processes.

Even more than the petroleum industry, the petrochemicd industry defines the
chemica engineering professon. The evolution of this industry has produced the changes
in the country’s needs for engineers and continues to evolve and employ most chemica
engineers. The raw materids used in chemicd synthess have made the trangtions

cod — peroleum — naurd gas
and the mgor chemicd intermediates have made the trangtions

acetylene — olefins — alkanes

The trangtion from petroleum to light akanes as direct chemicd feedstocks is dill in
progress.

In the previous chapters we described the history of the petroleum and chemica
industries through the evolution of the companies that produce these feedstocks and
intermediates. In this chapter we describe the highlights of these transitions and the chemica
reectors that have implemented them.

Coal

As with fuds, the feedstocks for chemicas in the nineteenth century were primarily derived
from coa, and cod was important in the refining of ores.

Copper and bronze (Cu, Sn, and Zn) can al be recovered from their sulfide and oxide
ores by smply hedting to sufficiently high temperatures,

CuO — CU + 10,

and the Copper and Bronze Ages began when our ancestors learned to make fires sufficiently
hot to run these reaction processes by congructing kilns and blowing ar through them. Iron
oxide is too stable to be reduced by heating done, and the Iron Age needed the discovery
of carbon as a reducing agent. In the eighteenth and nineteenth centuries the iron and stedl

industries needed large quantities of coke, which is made by pyrolyzing cod to remove
volatile components and leave nearly pure carbon (coke). This is oxidized to CO, which is

used to reduce iron oxide in the resction

Fe,0; + 3C0 — Fe + 3CO,

These smdting reections are gas-solid reactions whose principles will be consdered in
Chapters 9 and 12.

The volatile components from cod pyrolysis are primarily smal hydrocarbons and
oxygen-containing molecules. By adding H,O and limited O, and while hedting cod, these
products incorporate considerable O atoms into the volatile products to form acohols,
adehydes, ketones, and acids. However, these products consst of many molecules tha
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must be separated into pure components by didtillation or extraction, and these separations
are expensve for commodity chemica production.

Alumina (Al;O3) cannot be reduced to duminum metd by any direct chemicd
reection, and Al was dmosgt an unknown metd until the twentieth century. [How is auminum
(widdy used in cans, fail, and automobile and airplane parts) produced from bauxite, its
oxide ore?|

Petroleum became the primary source of hydrocarbons for chemical feedstocks, be-
ginning in about 1850 with the discovery of easily extracted crude ail in eastern Pennsylvania
and in the Urd mountains of Russia The gases from the primary didillaion of crude oil and
the light products from FCC, catdytic'reforming, and hydroprocessing are ided mixtures
of C, to Cg akanes that can be used to make many chemicas. Petroleum products are also
cleaner than those from cod, producing no ash and less sulfur.

Acetylene fird became the primary intermediate molecule in chemicad synthess in
the early twentieth century. As noted previoudy, the triple bond in acetylene is ided to add
one or two smdl molecules. For example, addition of one mole of water produces vinyl
acohal,

CH; + H,0 — C;H;0H
and addition of two water molecules yields ethylene glycol,

C2H2 + 2H20 - HOC2H4OH
Addition of HCl yidds vinyl chloride

C,H, + HCl —» CyH;3Cl
and addition of Cl yidds ethylene dichloride

CH,; + Cl; - CIC,H,(Cl

Addition of a molecule across a triple bond yields a molecule that ill contains a double
bond and is therefore reactive, Polymerization of vinyl chloride yields polyvinyl chloride
(PVC).

Acetylene can be produced by pyrolysis of cod and by fue-rich combustion of
akanes, a process that dso produces soot or carbon black, the major ingredient in automobile
tires Acetylene can dso be made with nearly stoichiometric efficiency by decomposing
cacium carbide, CaC, which is produced by pyrolyzing limestone and coke,

CaC03 + C — CaC + CO,
Cdcium carbide is a gable solid that reacts with water to form acetylene

2Ca,C + 8H,0 — C,H; + 4Ca(OH); + 3H;

This was firgt burned for miners lamps, but acetylene was soon recognized as a vauable
chemicd intermediate. [Recal that Union Carbide stated as a company that produced
acetylene from CaC.]

Aceatylene production is a fairly complex and dirty process because it involves
processing solids. It was discovered in Germany in the 1920s that acetylene can aso be
made by pyrolyzing petroleum in an oxygen-deficient flame. Although this process adso
produced large amounts of soot, it was cleaner and could be scaled up to produce larger
quantities of acetylene than from cod.
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However, dthough acetylene is an excdlent feedstock because two molecules can
be added across the triple bond, it is intrindcaly hazardous because acetylene can sponta
neoudy decompose

C;H, —» 2C; + Hp, AHI? = -54 kcdlmole

a vey exothermic reection that releeses heat and will explode in a confined container.
This reaction can occur unpredictably in stored C,H;. While gtabilizers that scavenge free
radicas make acetylene safer to handle (tanks of acetylene used for welding torches contain
liquid acetone to make it safer), acetylene is intrindcaly a rather dangerous feedstock to
use in large quantities.

Before we develop the eguations for dedling with multiple-reaction systems, we consider a
very important resction system that is the largest and most important petrochemical process
outsde the petroleum refinery, the olefins industry.

In the 1930s ethylene began to replace acetylene as the primary chemical intermediate,
and by the end of the 1940s the trangtion from acetylene to ethylene as an intermediate was
nearly complete. Ethylene is much safer to ore and handle, and ethylene now is by far the
largest-volume organic chemica produced (80 hillion pounds per year worldwide).

Steam cracking
Olefins are now made primarily by a process cdled steam cracking in which dkanes are

reacted homogeneoudy (cracked) at high temperature. With ethane, the overall reactions
ae primarily

CHg — CHy + H2 ethylene
CHg —» C;H, + 2H, acetylene
CyHg + Hy » 2CHy methene
3C;Hg — CgHg + 6H) benzene
CHs — 2C; + 3H, coke
while for n-butane we can write

C4H;y - C4Hg + H; butylene
C4Hyo — C4Hs + H, butadiene

C4H10 — 2C2H4 + H2 ethylene
CsH;g = C3Hg + CH4 propylene
C4H;p — 4C, + 5H, coke

These are just a few of the many products, and the reactions are by no means as smple as
these equations imply. These reactions occur by homogeneous free-radical chain reactions,



150

naphtha
H,0

Multiple Reactions in Continuous Reactors

which we will consider later in this chapter and in Chapter 10. Free-radica reactions make
many products with little control of sdectivity.

Figure 4- shows the components in a typica steam cracking olefins plant. The reactor
to accomplish these reactions must be operated at high temperature and low pressure because
equilibrium in steam cracking is unfavorable a lower temperatures and higher pressures.
Since steam cracking is very endothermic, extra process heat must be supplied. Recdl that
NH3; and CH30H synthes's reactions were exothermic and produced an incressing number
of moles. We therefore wanted to run these processes a as low a temperature as possible
to atan a favorable equilibrium yield, and we needed to desgn a reactor with efficient
cooling to avoid overheating. With an endothermic process, the drategy is reversed: We
need high temperaiure and low pressure for maximum olefin yied.

Modem steam cracking reactors use 4-in. stedl tubes 100 ft long in a tube furnace
heated to -850°C. Pressures are approximately 2 atm (sufficiently above 1 am to force
reactants through the reactor), and residence times are typicdly 1 sec. Water (steam) interacts
very little with the hydrocarbons by homogeneous reactions, but more water than alkane is
typicdly added to reduce coke formation.

Water reacts with carbon on the wals of the tube by the reaction

C,+H,0 - CO+H,

which is cdled steam gasfication. This reaction cannot completely diminate carbon, which
inevitably deposits on the reactor walls. Carbon deposition on the tube walls of this reactor
eventudly requires the shutdown of the reactor so ar can be blown through the tubes to
remove the coke in the reaction

Cs + 02 —> C02

Typicdly, steam cracking reactors operate from 10 to 40 days between coke remova cycles.

Thus we see from these examples that amost dl the important chemicd reactions in
the petroleum and chemicd industries require the skilled processing of feedstocks to produce
specific products. These indusgtries are based on the successful handling of smultaneous
reection sysems involving an dmog infinite set of chemicd reactions.

All - companies have conducted considerable research and development on these

processes, and they have dso developed reactor smulation programs to predict the behavior

of these complicated plants. The low cost producer will be the company that has the most
efficient process. This requires optimizing the reactor, and this in turn requires understanding

the reactions and ther engineering.

plat to produce olefins from dkanes.

Figure 4-1 Fow shegt of a seam cacking )
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MASS BALANCES

In this chapter we consider how we should design chemicd resctors when we want to
produce a specific product while converting most of the resctant and minimizing the
production of undesred byproducts. It is clear that in order to design any chemica
process, we need to be able to formulate and solve the species mass-baance equations in
multiple-reaction systems to determine how we can convert reactants into valuable products
dfidently and economicdly.

As developed in Chapter 2, for any multiple-reaction systlem we write the reactions
a

s
Zl),‘jAj:O, ri, izl,...,R
j=1

where the rate of each reaction is r;. We now write the mass balances in batch, PFTR, ad
CSTR just as we did for a sngle reaction.

For a batch reactor with multiple reactions the mass-baance equation on species j

is
dN; R
J
— =V E Vit
dt P ighi
and for constant volume it becomes
dc; R
—_—= Vil
dt ,; v

For a PFTR, the subdtitution dt — dz/u transforms the batch reactor equation into
the PFTR mass-baance equation,

c; X
U——m = Viiti
& =5

a congtant densty.
For a CSTR the transent mass-balance equation is

,4G5 _ o
dr v(cjo - Cj) +V iz,lvijri

and for steady date this becomes

R
Cj — Cjo =T Z Vijti
i=1

agan ignoring any mole number changes in the reactions.




152 Multiple Reactions in Continuous Reactors

Note that for multiple-reaction sysems we can smply subdtitute Y vijri for vir in
the mass-bdance expressions for a single-reaction mass-baance equation. The difference
with multiple reections is that now we mugt solve R smultaneous mass-baance eguetions
rather than the single equation we had with a single reection.

CONVERSION, SELECTIVITY, AND YIELD

For multiple reections we are not only interested in the conversion but dso the sdectivity to
form a desired product and the yield of that product. In fact, sdectivity is frequently much
more important than conversion because we can dways increase the converson by using
a larger reactor, a lower flow rate, or a higher temperature, but poor selectivity necessarily
requires consumption (loss) of more reactant for a given amount of desired product, and
separation of reactants and products and disposal costs increase markedly as the amount of
undesired product increases.

Simple reaction systems

In the following sections we will consider in detall only two sets of reactions, the parallel
reaction sysem A — B and A — C, and the series reaction sysem A —» B — C. These
are prototype reactions for most reaction systems, and their characteristics show many of the
features of any complex reaction sysem. The characterigtics of these smple reections are

1. There is a single reectant A,

2. There are two products B and C and we usualy want to produce B and minimize C,
and

3. The goichiometric coefficients of al species are unity. These gdoichiometries require
that, if we feed pure A, it must react to form ether B or C. Therefore, the loss of A is
equd to the ganin B and C,

Ngo— N4y = Np+ N¢
or with condant densty

Cao=Ca= Cp+ Cc

These relaions assume that there isno B or C in the feed, Cg, = C, = 0. With this smple
stoichiometry the definitions become simpler compared to more complex sets of reactions.

Conversion

As before, we define conversion as

] loss of reactant
conversion =————
feed of reactant

For reactant A this can be written as
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X, = Ngo — Na _ Fio = Fa
A N4o Fao

and in a congtant-dengity sStuation (V or v congtant) this becomes

CAo - CA

X4 =
A CAo

For a single reaction this was caled the fractional conversion X (or X ,), a number between
zero and unity, because in a single reaction there is dways a single varidble that describes
the progress of the reaction (we used C4 or X). For multiple reactants and multiple reactions
there is not dways a single species common to dl reactions to designate as A. However,
there is frequently a most valuable reactant on which to base converson. We emphasize that
by conversion X; we mean the frectiona converson of reactant species j in dl reactions.

Selectivity

There are severd common definitions of sdectivity, but we will use amply the formation
of the desired product (species j) divided by the formation of al products, al based on
moles,

g = amount of desired product j formed
7 amount of dl products formed

This is a number that goes from zero to unity as the sdlectivity improves. We can use the
number of moles N;, chosen on some basis for each species such that we divide each N; by
its stoichiometric coefficient to normdize them. For a Steedy-dtate flow system the molar
flow rates F; are appropriate.

If many products are formed, we sometimes have many possble definitions such as
one based on carbon products, hydrogen products, a particular functional group, €tc. It is
dso common to base these on weights or volumes if these are messured quantities in a
particular process. Ancther and quite different definition is to take the ratio of particular
desred and undesired products, a quantity that goes from zero to infinity; this definition
becomes ambiguous for other than smple reection sets, and we will not use it here.

Note aso that sdlectivity becomes more complicated in sysems where densties and
mole numbers change. The above definition is straightforward once a suitable basis is chosen
(such as moles of reactant N4, or molar flow rate Fj,), but in terms of concentrations
and patid pressures one must be careful in subgtituting these quantities in the preceding
equation.

If we can identify a reactant A on which to base the sdectivity, then we can define
the sdectivity as

Np _ Fg
Nao—=Ng  Fao=Fy
as long as loss of one mole of A can form one mole of B.

Sp =
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If the system is dso a congant dengty, this can dso be written

Cc
SB - __ -5
Cao—Ca
and, for the A > B — Cor A — B, A = C sydems, the sdectivity to form B becomes
Cc
Sp = __~B
CB + CC

Yield

We dso need to express the yield ¥; with multiple reections This is generdly the amount
of the desred product formed divided by the amount of the reectant fed,

desired product j formed
reactant fed

Yj=

while the sdectivity is the amount of the desred product formed divided by the amount of
the reactant that has been reacted. For reactant A and product B with one mole of B formed
per mole of A reacted, the yield is given by the expresson
Ny Fp Cp
NAo FAO CAo
where the last equdity assumes congant densty.

Note findly thet the yidd is dways the sdectivity times the conversion,

Yp =

Yp = SpXa4

Since the conversion is based on a reactant species, the yield is based on a specific product
and a specific reactant.

For or A—> B - C and A — B, A — C reaction systems, species A is the
reactant, species B is the desred product, and C the undesired product, and there is no
change in number of moles (=14 = vip = —wp = vy = 1); S0 these expressions
become paticularly smple,

CAO_CA
X, =—-—__ -
A CAo
6 . GCs Cs
BT s+ Cc=Cao—Ca
Cp
Y = XS =
B AVB CA()

Feed recycle

We need to complicate these definitions further by noting thet the above definitions are the
per pass yield of areactor, If unreacted A can be recovered and recycled back into the feed,

then the overdl yield of the reactor plus the separation system becomes the single-pass
sectivity of the reactor because no unreacted A leaves the reactor system.

i
;
:
1

i
w
]
1
z
z
3
j
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B B
A A A—> A
B
A ‘ A
single product + separation + recycle
reactor
c Cc
A
A—> —B A—> B A B
Cc
A
multiple product + separation + recycle
reactor

Figure 42 Skeches of snge rector and reactor with separetion and recycle in which reactant
can be fed back into the reector to increase the overdl yidd of a process

Note that with separation of reactants from products and recycle of reactant back to
the feed, the conversion of the reactant gpproaches completion, X, — 1 (Figure 42). The
yidd of a reactor with complete feed recycle therefore gpproaches the sdlectivity, Yp — Sp.
Again, note that in this stuaion we are describing not just the resctor but the reactor plus
separdtion  combination.

In addition to recycling reectants back into the reector, there are severd other “tricks’
to keep reactants in the reaector and thus attain higher conversons and yidds. Among these
are formation of vapor-phase products from liquid or solid feeds and the use of membranes
that pass products but retain reactants. We will discuss the integration of reactor-separation
systems in Chapter 12.

Production rate

Another quantity we need to define is the rate of production of a given product. By this we
mean the amount of the desired product produced by the reactor per unit time F;, usudly
in molestime. If species A is the key reactant and species B is the desired product, then

Fg=YpFpo = 8SpXaFao

We frequently want to know the production rate of a process in mass per time of
a product (tongday, poundsyear, etc.), and these are obtained smply by multiplying the
molar production rate F by the molecular weight of that species.

Profit

The find (and ultimately the mogt important) quantity we need to specify in any chemica
reactor is the profit from a process. The cost ($time) of reactant A is$4 Fy,, While the price
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of product B is $p Fp, Where 3; is the price per mole of species j, such as listed in prices |
taken from the Chemicd Marketing Reporter in Chapter 2. ‘
The rate of profit from a process is

profit = Y v;$; F; — Y} v;$; Fj, — fixed costs — operating costs

products reactants

Detailed economic congderations are the subject of process design courses, where you will
learn about net present vaue, cash flow, and rate of return. Here we are concerned only with
technicd aspects of design such as achieving maximum production of a particular product
with minimum reector volume or desgning a reactor with minimum heat input reguired.
The costs associated with these options and separation costs before and after the reactor
obvioudy must be included to achieve maximum profit in a chemica process.

COMPLEX REACTION NETWORKS

The definitions in the previous section are smple for smple stoichiometry, but they become

more complicated for complex reaction networks. In fact, one frequently does not know the

reactions or the kinetics by which reactants decompose and particular product form. The

doichiometric coefficients (the v;;) in the preceding expressons are complicated to write

in generd, but they are usualy eesy to figure out for given reection stoichiometry.
Condider the reactions

A—>2B+C

2A—-C+D
A+2C = E

For this reaction network we can define sdectivities of B and D smply as
5y = 25
B CAo - CA

c

Sp = 1—D

3(Ca0o — Ca)

because A is areactant in dl reactions, however, species C is formed in the first two reactions
and logt in the third;, so the definition of S is ambiguous but would probably be defined as

SC — ccC
Cao—Cy
dthough §c could perhaps be negative if C were fed into the reactor and the third reaction
dominated.

A smple example of an important reection network mentioned is the oxidation of
methane to make syngas,

CH, + 10, — CO + 2H,
The mgor reactions might be
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CH, +20, - CO, + H,0 combustion
CO+H,0— COy+ H» water gas shift
CH; + H,0 - CO + 3H, steam  reforming
CH; + CO, — 2C0 +2H, CO, reforming

We can write these as
A+2B—- E+F
C+F-E+D
A+F—> C+13D

A+E—>2C+2D
as reaction steps in the overdl desired reaction

A+iB—>C+2D

It is seen that A and B are written as reactants only, but al reactions are in fact reversble
s0 al species in this reaction network are both products and reactants.

We could write species mass-baance equations (S = 6 in this example) on any such
reaction sequence and solve these (R = 4 ae inssparable) to find C;(t), and in most
practica examples we mugt do this. However, there are two smple reaction networks that
provide indght into these more complex networks, and we will next consder them, namely,
series and pardld reaction networks (Figure 4-3).

SERIES REACTIONS

The smplest sets of reections involve series or padld fird-order irreversible reections.
We will fird consder these cases because they have smple anayticd solutions and are
useful prototypes of more complicated reection sets. These can be consdered in the energy
diagrams smilar to those we discussed in the previous chepter for single reections.

The reactants must cross energy barriers to form products. For series reactions an
intermediate is formed that can then further react, while for parald reactions the reactant
can react by dternate pathways. The activation energy of the first reaction is Ej, while the
activation energy of the second reaction is E;. A smaller energy barrier can be expected
to result in a higher reaction rate, dthough different preexponentid factors can dso affect
rates.

Irreversible first-order reactions in a PFTR

For the reaction sysem A — B — C we write the reactions in the standard form
A — B, rn=kCy4
B— C, r, = khCp

For a batch reactor or PFTR the mass balances on A, B, and C are
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T

E E, E,
B B
A A V
C
single  reaction parallel reactions * series  reactions
A~-B A-B A-B
A-C B-»C

Figure 4-3 Energy diagrams for a single reaction (left) and for parallel reactions (center) and series
reactions (right). For parallel and series reactions there are severaal activation energies that must be
consdered in  describing sdectivity and yidd of a desred product.

dCy

o - T kiCa

dC

—= =+r-n=+kiCs—kCs
dr

9Cc 1y - thC

dr -~ 2=tk

These come from smple application of the massbaance equation dC; /dt = Y viiti,
which you should verify. Differentia eguations dways need initid or boundary conditions,
and for the batch reactor these are the initia concentrations of A, B, and C. For this system,
the feed may be expected to be pure A, 0 C4 = Cypo and Cpo = Cc = 0.

We need to solve these equations to obtain CA(t) , Cy (t ), and Cc (7). It can be seen
by ingpection that the first equation is independent of the others, so it can be solved by
separating variables to yidd

Ca(r) = Cpoe™M17

We next solve the second equation by subdtituting C4(t) to obtain

dCyp _
e +kiCs — kaCp

= +kiCaoe ™" = kyCp
This is a function of Cy and 7 only, but it is not separable. However, it can be written as

dcC
=B + k2CB = kchoe_klr
dt

This equation is linear in Cp.

The linearfirst-order ordinary differential equation has the standard form of

dy

dx+puw=qu)
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which has an integrating factor
X
P = [ poc) o
Xo
to yidd the solution

X

y(x) = yo exp[—P(x)] + /q(X’) exp{—[P(x) — P(x")]} dx’
Xo
Our equation is a smple form of this expresson because P(X) = —k,t, and the
solution  becomes

kq
ko — ki

Cp(t) = Cho (e7h™ — ¢7hr)

We could subdtitute this Cy (t) into the differentid equation for Cc and separate and
solve. However, this is not necessary since the concentrations are related by

Cao—Cy=Cp+ C¢
to yied

Cc(t) =Cpo—Cs—Cp
ky
k, — ky

= Cao = Caoe ™" = Cpog— (™" = ™)

k
— CAO <1 _ e—k.r . k 1 k (e—kl‘r _ e—kzt))
2 TR

ko ky )
Cc(t) =Cpo |1 - eht 4 phr
@ A ( ko — ki k2_kle

These expressons give the concentrations C4, Cp, and Cc versus residence time
7. These are plotted in Figure 4-4 for different vaues of k,/ kq . It is convenient to plot a

Figured4-4 CA, Cg, and Cc versus kit for series reactions A —» B — C in a PFTR. Plots shown are for ky/ k1= 0.1,
1.0, and 10. Theyield to form B exhibits amaximum at a particular residence time Ty
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dimensionless time k;7 because this gives a single curve for C4 for any ky, and the only
varigble in the plot is k,/ k;

For k| = k, the preceding expressions cannot be used because they become indeter-
minate (zeros in numerator and denominator). We will leave the derivation of the relevant
equations as a homework problem.

When k;/ ky — co, then Cp remains small, and the resction sysem A —B — C
actudly looks like the single reection A — C, r = k; Cy4, and there is no evidence of the
intermediate B in the reaction because it immediately reacts to form C. We will discuss series
resctions with large rate coefficients later in this chapter in connection with mechnisms of
reactions.

Reversible series reactions in a PFTR
Consider next the reaction system
AZB, ri = ky Ca=kp1 Cp

B — C, r= koCp

Thee are dmogt identica to the irreversible series reactions solved previoudy except that
now the first reaction is assumed to be reversible. The mass-baance equations for A, B,

and C are
dCy
— - —knCa .
It 1Ca + kp1Cp
dac
-"-“dtB = +knCa — ky1Cp = koCp = +knCu — (kpy + k2)Cp
dC,
—€ - +k,Cp
dt

The fird two equations are functions of C4 and Cp only, but now the fird eguaion is
coupled to the second because it contains Cpg and the second contains C4. Thus we must
solve the two equations smultaneoudy. This is generdly a more complicated problem than
for a single firg-order differentid equation. However, note that both of these equations are
linear inCy4 and Cp.

Elementary courses in differentid equations show that the equations

X
H—ax-l*ﬁy
dy
a—yx—%—Sy

can be solved by differentiaing the first equation with respect to t again and subdituting
for y and its derivative to yidd the single second-order differentia equation
d’x dx
— —(a+ §)— + (ab — x=0
— @+ 9) r ( BY)

This is a second-order differentiad equation with congtant coefficients. A solution of the
form
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x(1) = CeM + Cpe

saiffies this differentid equation with coefficients C; and C;, which must be determined
from initid conditions. The coefficients A | and A,, cdled the eigenvalues of the equation,
are the solutions of the quadretic of the coefficients

A =(at+ Hr+ (@~ By)=0

which has two roots

1
My hy = Sllas §) Fp(a )%+ 48y1"%)

[These derivetions are smple gpplications of materid that was covered in lower-
divison math courses, athough you may not remember it (or want to remember it). We
have derived everything you will need from this maerid so that you can solve any problems
like these without referring to your math text.]

Returning to our problem, we let Cy= x, Cp =y, —ks = o, ko1 = B, kn = v, and
8 = —ky — ky. Thus the generd solution becomes

Cyh= C]eklt + Czeht

where
1 2 1/2
Ay A2 = 5{‘(kf1 v kvt + k) £ [k + kot + ko)® = dkpka]4)

Initid conditions ae C4 = Cypo and Cp = Cc = 0 a v = 0. Also a& r = 0,
dCp/dt = —kijCao
Subdtitution and dimination of the coefficients C; and C» yidds
CAo

v [z + ke = (g + kn)e™™]

CA:

Cp - )iAik;ll (€2 = &Mty
CAo

Ay — Ay

assuming Cgo = Cco = 0. Note that if we set ky; = 0, we obtain the solution we derived

for the irreversble series reactions.

We can next solve the series reactions where both reactions are reversible

dCy
dr
dCp
dr
dCe¢
dr

Now we see that we appear to have three coupled first-order ordinary differential equations

with C¢ apparently coupled in the second and third equations. However, we can diminae

Cc=Cpo~Cy—Cp= (1 =Mt = el

= —kn Ca+ ko1 Cp
= k11 Ca — (ko1 + kpr)Cp + kpoCe

= +kpCp — kp2Cc
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Cc¢ by the soichiometric rdaionC¢e = Cyq — C4 — Cp to form two sSmultaneous linear
equations, which can be solved as above.

For zeroth-order reection steps, we gill have linear equations, but for other orders
of kingtics we have nonlinear smultaneous equations, which generdly have no closed-
form anaytica solutions. We must solve these sats of equations numerically to find C4(t),
Cp(1), and Cc (7).

Series reactions in a batch reactor

We do not need to repeat these derivations for the batch reactor, because al expressions
derived are amply trandated from PFTR to baich by replacing the residence time 1 by
the reaction time ¢, dthough these times have quite different meanings. Students have
probably worked out the previous derivations for the batch reactor in courses in chemica
kinetics.

Series reactions in a CSTR

For the reaction sysem A — B — C we again write the reactions in our standard form
A = B r= kiCyu
B— C, rs= kCp
For the CSTR the mass balances on A, B, and C are
Chpo = Cp= 1k Cy
Cp — Cpo = t(k1Ca — k2Cp)
Cc = Cco = +7kCp

asuming Cpg, = Cgo, = 0. Thexe expressions come from simple gpplication of the CSTR
mass-baance equations C; — Cj, = Zi v;jr; for species A, B, and C. These dgebraic
equetions can be smply solved to yidd

_ CAo
CA - 1 —|—k11’
k1Cpot
Cp =
(14 k1)(A + ka1)
_ kikyC aot?
Cc =
1+ ko)1 + k1)

These solutions are plotted in Figure 4-5 for the CSTR. These curves exhibit a monotonic
decrease for C,4, amaximum for Cp, and a monotonic increase for Cc, just asin a PFTR.
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k2/k1:10

Figure4-S Ca, Cg, and Cc versusk, t for seriesreactions A — B — C in a CSTR. Plots shown are for £/ k; = 0.1, 1.0, and
10. The yield to form B exhibits a maximumat a particular residence time r,,, but this maximum is lower than in aPFTR.

Example 41 We wish to produce B in the reaction A — B in a continuous reector a
v = 4 liter/min with C4, = 2 moles/liter. However, we find that there is a second reaction
B — C that can dso occur. We find that both reections are first order and irreversible with
k; =05 min~!and k, = 0.1 min~L. Find 1, V, Cp, Sg, and Y5 for 90% conversion of A.

This is the same example A — B of the previous chapter, but now there is a
second reection B — C, so these are series reactions.
PFTR. Application of this equation yields

7= —In — = = In 10 = 461 min
k1 Cau 05
s0 that
V =1 = 4 x 461 = 184 liters
Therefore
k
Ca(r) = Cpo—— (€17 = ¢7)
kb =k
S 4 05 X (0540 _ g=01x461) — 133 molesfliter
-0.4
s0 that
1.
SB = CiB = ._E = 74%
Cao—Ca 18
C 1.33
Yp = B _ 20 66%
Cao 2

CSTR. Applicaion of these equaions yieds
Cpo—=C4 20-=02

- kDCa = 05x02= 'omin

s0 that
V =4x18 = 72 liters
Subditution in the other equations yields
kiCpot 05x2x18
Cr= 1+ k)1 + k1) = (1 + DU + 1.8)
Therefore Sp = 0.64/1.8 = 36% and Yy = 0.64/2.0 = 32%.

0.64
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As expected, the CSTR requires a longer residence time for this converson. It adso gives
much lower sdectivity and yidd to the intermediae product because we have chosen a
resdence time far too long where much of the B formed has reacted on to form C.

Maximum vyield of B in PFTR

The sdectivity of formation of B in this reaction sysem is defined as
Cp Cs

Sa =
? Cp+Cc = CAo - CA

and the yield of B is
CAo

It is dear from the plots of Figure 4-5 that Cp increases to a maximum and then decreases

as T increases. Thus, if species B is dedred, there is an optimum residence time to maximize

Cp in aPFTR. We can find this time and the maximum vaue of Cg , Cp max, by differentiating

Cp (t) with respect to 7 and setting the derivative equa to zero,

dCg 0= ki Cao
dt T ky — ki

[This seems like we have jugt differentiated the eguation we previoudy integrated, but we

are now trying to find the maximum of the integrated function.]

This dgebraic equation can be solved to yied

kle_kl’ - k2e—kzr

Yp

(—kie ™7 + kpe™h27)

or

o = na/k)
max = —kz s

Subdtituting this residence time back into the expresson for Cp yidds

RYCE)
CB max — CAo -
okz

2 thet the maximum vyidd is

Y 3 CBmax 3 (k_l)h/(kz—kl)
B max CAO k2

The maximum value of the sdectivity Sp is 1 a a converson of zero, because initialy
no C is being formed, but the converson of A and the yidd of B are zero. If C is desired,
then the reactor should be operated a long residence time to atain complete conversion.

Maximum vyield of B in series reactions in CSTR

We can cdculate the vaue of Tya and Cpax just as we did previoudy for the PFTR and
batch reectors, by setting dCp/dt = 0 and solving for Cp and 7,
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dCp —0= kiCao _ k12CA0'L' kikaCyot
dt 1+ kt)Q+ k1) A+ )20+ k) A+ ko)l + k1)l
k]CAo (1 _ kl’l' - kgf ) -0
=1+ khr)(+ k1) (I+ kit) (14 k1)

The terms in the large parentheses must be equa to zero, and after clearing of fractions this
yidds the surprisngly smple expresson

klkztr%lax = |
or

1
(kiky)1/2

Tmax =

Subdtitution back into the expresson for Cp yidds
Chm - k1Cao
max = (k;/2 + k21/2)2

20 the maximum yidd of B is given by

YB _ CBmax _ kl
Cao (k> + 1%

[Note how much smpler this problem is to solve in the CSTR than in the PFTR (Figure
4-6), where we had to solve smultaneous differential eguations. The CSTR involves only
smultaneous dgebraic equations, s0 we just need to find roots of polynomids]

It can be easily shown that the maximum of Cp is greater in the PFTR than in the CSTR.
Here we see an important principle. In any series process with positive-order kinetics where
we want maximum sdectivity to an intermediate, the PFTR will give a higher sdectivity
with the same kinetics than will the CSTR. We can see the reason for this quite Smply.
In the PFTR or batch reactor there is only A initidly; so initidly only B is being created.
Only as B builds up does it reect further to form C. In the CSTR at a particular 7 there is
only a sngle compodtion of A, B, and C; so B is dways reecting to form C, and therefore
B does not build up to as high a maximum as in the PFTR or batch. [Does this argument
make sense?|

12 3 4 5
k1t

Figure 46 Comparison of concentrations in the reactions A —» B — ¢ ina PFTR (solid curves) and CSTR (dashed curves). The
PETR is seen to give alarger ¥ and shorter ¢ for maximum yield of B.
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[Example 4-2 We wish to produce B in the reaction A — B in a continuous reactor at
v = 4 liter/min with C4, = 2 moles/liter. However, we find tha there is a second reaction
B — C that can dso occur. We find that both reactions are first order and irreversible with
ky =05 min~!and k; = 0.1 min—1. Find 1, V, S5, and ¥ for maximum yield of B.

This is the same example A — B of the previous example, but now we want to
choose r for a maximum yied of B.
PFTR. Application of the equation given yields

In(k2/k1) _In5

Tmax = W = a‘ = 40 min
k ka [ (kp~k1)
Chmax = Cao (E) = 2x 57 = 1.34 molesliter

Ca = Cpoe M7 = 2¢72 = 027 molesliter
0 tha the maximum yidd is
ka/(ky—k1)
C
YB max = ® max = (lﬂ) = 6/%
Cao ky
The other quantities are
V=vt=4x4 =16 liters
Cp 1.34

S8 = = 77%
’ Cio=Cy =20-027 0
Cp 133
B=——=——=67%
CAo 2
CSTR. Application of these equations yields
1 1
- > = 447 mi
mx (k1k2)1/2 0.051/2 min
Cs = k‘#
max = 172 A2
(k)" + kz/ )2
05 x2 _
= 4_._7 —_
(0.572 0.1172)2 0.95 moleslliter
A max 2
C - - - —0 .
T+ke — 11523 = 062 molesliter
Therefore, we obtain
V =4 x 447 = 179 mm ’
CB max 0.955 . {
s Cao 20 48%
Sp= — = 6o%

B™ 2727955
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As expected, the CSTR requires a longer resdence time for maximum yield of B .
It dso gives lower maximum sdectivity and yidd to the intermediate product than
aPFTR.

Series reactions with other kinetics

We have solved A — B — C for firg-order irrevershble kinetics, and for more complex
kinetics the procedure is identical except that the expressons become more difficult to solve
except for zerpth-order kinetics.
To see sdectivities for other rate expressions, let us consder the same reections with
zeroth-order  kinetics.
A - B, n= kl
B - C, rn= k2
For a PFTR or batch reactor the mass balances on A, B, and C are
dCy
5 -k Ci>0
=0, Cu= 0
dc
d—t": t+ky -k,  Cy>0,Cp>0
dc
—2 =k, Ci=10Cp>0
dt
=0, Cp=0
dCe¢

— = C
ot +kjy, B>0

These equations can be smply integrated to yield
Cao = Ca = thky, Ci>0
Cp= 1k = k2), Cs>0
: Cp,ca—0 — Thy, Cs:=0
Cc = +tky, Cz>0

Note that with zeroth-order kinetics the rate of formation of a species goes to zero when
the concentration of the reactant forming is goes to zero. We write Cg ¢ 40 t0 indicate the
velue of Cp when C4 goes to zero because after that time no more B is being formed. You
should plot these functions and compare them with curves for firg-order kinetics.

For the CSTR the mass-baance equations for these kinetics for Cg, = Cc, = O are

Cpo = CA = 1k3, Ca>0
Cp - 1(ky = ky), Ci>0,Cg>0
: Cpcy—0 — Tky, Cs-=0
Cc = +rtky, Cg>0
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Thee are immediatdy explicit expressons for Cy4, Cp, and C¢. However, note thet, in
contrast to first-order kinetics, they are identical to the expressions we obtained for the
PFTR, as expected for any zeroth-order processes.

We can now begin to formulate the generd principles of the choice of PFTR and
CSTR for optimum yield of an intermediate in irreversble series reactions,

1. Thereisan optimum residence time in a continuous reactor or an optimum reection time
in a batch reactor to maximize yidd of an intermediate.

2. The PFTR will dways give a higher maximum yield of an intemediate if dl reactions
obey postive-order kinetics.

For zeroth-order kinetics the maximum sdectivities are identica, and for negative-order
kinetics the CSTR will give a higher maximum sdectivity. [What type of reactor will be
better if one reaction is postive order and the other negative order?]

PARALLEL REACTIONS

Irreversible first-order reactions in a PFTR

Here we consder the reaction s8¢ A — B, A — C, which we write in our standard form
A — B, ry = kch

A — C, rn= kCy

These look similar to series reactions, but the solution is quite different. In a PFTR or batch
reactor the mass-baance equations are

dCp _
- +ki1C4

dCc _
= +k2Ca

The firgt is uncoupled and separable to yidd

Calr) = Cpoe” 7"

Thus C4(7) can be subgtituted into the second equation
dCp
dr

which can be separated and integrated to yield

= +hk1 Cpoe” 11"

ki —(k1+k2)T
Cp(t)=C 1— e TR
5(7) Aokt-l-ka(

Smilarly, the third equation can be integrated to yidd
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k2
Ce(t) = C 1 — g~ krt+ka)r
c(1) Ao g kz( e )

when Cgo = C¢o = 0

These are plotted in Figure 4-7 versus a dimensionless time (k) + ky)t for different
values of k,/k; . Note here that it is convenient to plot the dimensonless time as (k; + k»)t,
which gives a sngle curve for Cy, irrespective of k; and k,.

The HHectivity to form B is defined as

C
Sp = __-5
CB + CC
and subdgtituting for these concentrations we obtain
ki
Sp =
Ptk

S0 that Sy is independent of conversion if both reactions are first order.

Parallel reactions in a batch reactor

We do not need to repesat the derivation of A — B — C for the batch reactor because the
transformation dt = dz/u — t immediady transform the results predicted for the PFTR
to the batch reactor.

Parallel reactions in a CSTR

Next we consider parald firs-order irreversble reactions in a CSTR. The mass-baance
eguations with Cg, = C¢, ae

Cao=Ca=1ki+ k2)Cy
CB = Tkch

CC = ‘L’szA
Since there are two reactions, only two of these equations are independent. In fact, the first
is afunction of C4 done and can be solved to yidd

4 5 1

2 3 2 3
(ky+ko)t (ky+k))t

"Figwe 4=7 CA, Cg.andCc versus(k; +k2)z for parallel reactionsA - B, A— Cin aPFTR. Plots shown arefor ky/ k1= 0.1,
10, ad 10. The sdectivity to B and yidd of B ae independent of converson for equd-order kinetics
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ky/k,=0.1

-
af

5 ' 1

2 3
(ky+ky)T

' 2 3
(ky+ko)T (ky+ ko)t

Figure 48 Cy4,Cg, andC¢ versus(k)+k;)t for parallel reactions A — B, A — CinaCSTR. Plots shown arefor k;/ k1 =0.1,
10, and 10. The sdectivity to B and yidd of B ae independent of converson for equd-order kinetics The sdlectivities and yields
are the same for both PFTR and CSTR, but the CSTR requires alonger t for a given conversion.

. CAo - CA
= (ki+ k2)Ca
or, solving for C4, we obtain
C
CA — Ao

1y (ky+ kTl

Subditution in the other equations yields

th1Cao
Cp=— 20 _
14 (ki + k)t
k,C
Ce = TK2C 40

1+ (ky + k)7

These concentrations versus 1 are plotted in Figure 4-8. The sdectivity to B is

__Cg ky

T Cp+ Ceo=ki+k

which is identicad to the expression for the PFTR. Thus we see that for pardld irreversble
first-order reactions the residence time required for a given conversion is smaler in a PFIR,

but the sdlectivity is identical in the PFTR and the CSTR. These are compared in the PFTR
and CSTR in Figure 4-9.

3B

1
8
C, s}
| 6
ao
2

O

4 5

2 3
(Ky+ ko)t

Figure 4-9 Comparison of Ca, Cg, and C¢ for parallel first-order reactionsin a PFTR (solid curves) and CSTR (dashed
curves).
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Example 4-3 We wish to produce B in the reaction A — B in a continuous reactor at
v = 4 liter/min with C4, = 2 molesliter. However, we find that there is a second reaction
A — C, which can dso occur. We find that both reactions are first order and irreversible

with k; = 0.5 min~!and k, = 0.1 min~!. Find 7, V, Cg, Sg, and Y for 90% conversion
of A.

This is the same example A — B of the previous chapter, but now there is a
second reection A — C, so these are paralldl reactions.

PFTR. Application of these eguations yidds

1 1 CAo 1

= n = ——In10 = 384 min
ki+kp C, 05+01

T

7 S0 that
Y V = vt = 4 x 384 = 154 liters
: Therefore
ky
C - — (] = k)t
5(1) CAokl -{—kz( e )
0.5 ,
= 2 x 0—6[1 — exp(-0.6 x 3.84)] = 1.50 moles/liter
S0 that
Sp = Co ki _05_15 g
Cao— Ca ki +ky 0.6 1.6
Cg 15
Yp = = — =75%
B Ca 2 0
CSTR. Application of the preceding equations yields
- 20-0.2
T Cao = Ca = 15 min
= (k1 + k)Cyp = 06 x02
0 that
V =4 x 15 = 60 liters
Subdtitution in the other equations yields
15x05x2
= ThiC 4 = = 1.50 molesllit
= T Y% - 1+06x15 "

Therefore, Sz = 1.5/1.8 = 83% and Yy = 1.5/2.0 = 75%. As expected, we
obtain the same sdectivity and yield for the CSTR and PFTR for these kinetics,
but the CSTR requires a longer residence time.

Parallel reactions with other kinetics

For other kinetics and for reversible reections the expressons of course become more

complex to solve. Let us firg examine the dtuaion with different order kinetics for two
irreversble reections such as
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A - B r = leZ”
A C, ¥y = kzcxlz

which is identicd to the previous example except the orders are not unity but are rather m

and ms.
For the PFTR or batch reactor the equation for A is
dCA m m
—“E = —k]CAl — szAz

which is il separable. For the CSTR the equation for A is

CAo - CA =1k CZ” + ki C:Z)
which is a polynomid in Cq.
Let us consder a Smple example of this with m; = 1 and my = 2. We must solve
the PFTR equation using partid fractions. The solution for the CSTR is a quadrdtic,
Cao — Ca= t1kiCa+ krC3)
whose solution is
_ Cao=Cy
T
kCs+ kZCA
This is a quadratic eguetion in C,, which can be solved to yield the expresson

—(1+ ki) £ [(1 + ki7)? + 4kp7Cp0)"/*
Ca(z) = 2yt

For these reactions in a PFTR the mass-balance equation becomes

Ca
/ dCy
kch + kch
Cio

which mugt be solved by partid fractions or numericaly.

i Example 44 Cdculae the sdectivities of forming B in CSTR and PFTR reactors at 90%
converson of A dating with C4, = 4 moleslliter in the pardld reactions

A — B rn=k=2
A= C, r= kCs= Cy
where rates are in moleg/liter min. The firg reaction that produces B is zeroth-order in

C, and is the desred one, while the reaction that produces C is first order in C4 and is
undesired.

For the PFTR the mass-balance equation for A is

dcC
A —ki = kCs= —(2 + CA)
dz
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which can be integrated to yied

C
A dCy 2. Cho 244
7= =In = In
24+Cy 24+Cy4

Cao

=092 m
7704 24

The mass-balance equation for B is

ACg

229

dr

Cy = 21 = 1.83 moleslliter, Ca>0
Thus the sdlectivity to B ina PFTR for this converson is
1
Sp = Cs 8_ - o5
CAO -— CA = 4-0 -— 0.4

For the CSTR we write the mass-bdance equations as

CAO--CA: t(2+CA)» CA>0
CB= 21,', CA>0
Ce = 1C4, Cy>0

This gives
Cao -2t
Cy = —
A 1+1
CB = 21'
Cr = ——
¢ 1+t
until dl A is consumed. The residence time is
- 4 - (. .
IR LEN .
24+Cy 2404 2.
This gives
Cp = 2t = 3 moledlliter
Thus in a CSTR we obtain the sdectivity
3.0
SB = CB = 0 83

Cro—Ca=40-014

From this example we see that the CSTR requires a longer residence time for the
required 90% conversion (it must since the kinetics are podtive order), but the CSTR gives
a higher sdectivity to B. One can adways desgn for a larger reactor, but the A that was
converted to C is a continud loss. Thus the CSTR is the clear choice of reactor in selectivity
for this example, where we wanted to favor a lower-order reection rather than a high-order
resction.
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Differential and total selectivity

The cdculdion of sdectivities becomes more complicated for other than these sSmple
examples. Some of the festures controlling sdectivity can be seen by consdering the
differentid ~ sdectivity.

If there is a dngle resctant A on which we can base the converson and sdectivity,
then we can define a differential selectivity s; and integrate it to obtain the total selectivity.
Condgder the following relation where B is the desired product

dCp _ dCQ
B = 4Cp +dCc= dCa
which is the rate of forming B divided by the rae of loss of A. The totd sdectivity in a
PFTR can be found by writing this as

dCp= —spdCy
and integrating aong the reactor to obtain
Ca
Cg= — / sgdCa
Cao
or
C 1 CA
5 _
SB - CAO_CA = CAo - CA fSBdCA

Ao
For two pardld irreversible reactions with orders m | and my this becomes
CA Ca
ki CY!
r 1“4
= - dCp =~ | ——2—dC
Cs / ntrn 4 kCy + kaCly 8

Cao Ao

If mi = my, then the integra becomes

Ca
k1 k1
Cg== | ——dCy = ——(Cao—Ca)
B /k1+k2 Ayl
CAo
and Sp = ky /(ky + ky), as we derived previoudy for firs-order parale reactions.
If my =0and my = 1, this expression becomes

CA

ky ki ki+ kaCao
= — ————dCy= —In ——
C _/ ky + kaCy 4 ks ki+ kCy
Cao
and the sdectivity is
_ Cg ky In ki + kyCyo
Cao=Ca = kp(Cao — Cp) ki + koCy

We can generdize this by plotting the sp versus Cyo — CA.

Sp
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10
Sg 0.5
0 ] 1 | | 0 |
0 10 7.0 %% 1.0 2.0 0 10 2.0

CaoCa CaoCa CaoCa

Figure 4-10 Differential selectivity sg versus conversionCs,— C4 for studions where the desred reaction has a lower
oder and where the desred reaction hes a higher order. The overdl sdlectivity Sp increases or decreases for these situations.
The overall selectivity inthe CSTR will be higher thanin the PFTR if the desired reaction has alower order.

. Example 4-5 Consider the pardld reactions

A—)B, r1:4CA
A= C, ry= 2C%

for C4 = 2 molesliter. Determine the sdectivities in PFTR and CSTR versus the
conversion.

We could solve the equations directly, but it is esser to use the differentia
Hectivity,
[t 4CA 2

h) = =

B rn+nr 4CA+2C§:2+CA
This gives s = 05 a C4 = 2 (no conversion), sg = 067 a C4 = 1 (50%
converson), and sy = 1 a& C4 = (0 (complete converson). Since sp increeses
with conversion, the CSTR will give a higher sdectivity (S = sp) than a PFTR
(Sg is the average of sg). These are plotted in Figure 4-10.

S in a CSTR is sp evauated at the exit converson. In a PFTR Sp is the average of
sg between C,, and Ca, which is the area under the sp versus C4, — C4 curve divided by
Cpo — C4. The CSTR dways requires a longer ¢ for a given converson.

This grgphica condruction illudrates the comparison in sdectivity of CSTR and
PFTR. If sg is an increasing function of converson, then the CSTR gives a higher sdectivity
for a given converson than a PFTR (but with a larger reactor required).

For our example, Sp is favored more in the CSTR as the conversion increeses. Again
this is seen smply because the entire process in the CSTR occurs a the find conversion
where C, is smallest; so less C is produced compared to the PFTR.

All these arguments require a single reactant A on which to base the caculaion of
sdectivity. For more complex dtuaions we can ill determine how the sdectivity varies
with converson in PFTR and CSTR, but cadculation of the sdectivity requires complete
solution of the mass-balance equations.
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1.0 — Figure 4-11 Plot of differentia selectivity s¢ for the example
of three reactionsin parallel. If Cisdesired, the CSTR givesa
larger Sc, and this ocours when the reactor is operated a Ca = 1
moléliter.

S 0. ]
¢ 6O 1.0 2.0

CaoCa

Example 4-6 Consider the reactions
A — B, r = kl
A — C, = kZCA

A —> D, r3 = k3Ci

What is the best single ided PFTR or CSTR to produce B, C, and D? Do Sg, S¢, and Sp
increase or decrease with converson?

If we want to produce B, which has the lowest order, then a CSTR is preferred
and a high converson will give the highest yidd.

If we want to produce D, which has the highest order, then a PFTR is preferred
and a low converson will give the highest yidd.

If we want to optimize the reaction to produce C, which has intermediate reaction
order between B and D, then we have to solve the problem completely.

Solve these equations for dl species versus T in a PFTR and a CSTR for &y = 2, k; = 4, and
k3 = 2. Which would be the best reactor to produce C for different C4, and conversion?

Shown in Figure 4-11 is a plot of s¢ versus Cyo — Cy. It is seen that sg has a
maximum & C, = 1 and decreases to zero a complete conversion.

Thus for this example the CSTR will give the higher sdectivity to C for up to
50% conversion, but if the converson is above 50%, the PFTR gives a higher
sectivity, as wel as requiring a shorter T .

MULTIPLE REACTIONS WITH VARIABLE DENSITY

Previoudy in this chepter we have implicitly assumed that the dendgty of the fluid did not
change as the reaction proceeded. In our pardld and series reactions, A — B, A - C,
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and A - B — C, the number of moles is obvioudy congant; so the problems can dways
be worked in terms of concentrations.

When the dendty varies, we need to find another varigble to express the progress
of a reaction. Earlier we defined the fractiond converson X for a single reaction, and in
this chapter we defined the conversion of a reactant species X4 for reactant A and X; for
reaction j. For the converson in a reection we need a different variable, and we shdl use
X; (bold type), with the index i describing the reection. We will first work our series and
pardld reactions with these variables and then consder a variable-density problem.

We define the conversion of reectant A as

Cao—Cy

Ca
assuming that v; 4 = — 1, while in conversion of a reaction we choose a basis Ny, and define
R

Nj=Njo + Nyo Z v;; Xi
i=l

XA=

For a congant-density system where the volume occupied by the number of moles chosen
for the bads is congtant, this can be written as

R
Cj=Cjo+ Cao Z vij Xj

i=1

Parallel reactions

Congder the reactions
A > B, r = kch

A — C, ry= kCa

From goichiometry with pure A a C,, initidly we can write these species in fractiona
conversions X; and X, as

Ci=Cho(1 =X =X3)
Cr = CpoXi
CC = CA0X2

Note that for these parald reactions X4 = X; +X3 because A is lost through both reactions.
Since C4 must be grester than zero, X4 must be less than 1, and therefore 0 < X; + Xp < 1.
This is a consequence of the fact that A can react to form either B or C.

In a CSTR the mass baances on the three species become
Cao ca=CaoX1+Xp)=1(r1+ 1) = tky + k2)Cyo(l — X1 = X3)
Cp=CheXp=1r1= Th1Ca0(l = X1 = X3)

Cc = CaoX2 = Tr2 = Tk2Co(1 = Xy ~ X3)
Biminaing C4, from these eguations, we obtan
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X1 +X2= vk« k2)(1 = x1 = Xp)
Xi=tn=th(l1-X; —X2)
X, =1ty = thh(l — X; —X3)
which can be solved to obtain

_ 'L'kl

X1 = 1+ tki + Tk
k
X e

= 1+ thi+ Tk

These vaues of X1 and X; can be inserted into the expressions for C,4, Cg, and C¢ to give
the expressions

N~ CAo
Ca=Cho1 =Xy = Xy) = 1%tk +
_ B CaoTks
Cp = CaoXs = 1+ 1k + thy
_ CAoth
CC - CA0X2 ) 1+ ‘L’k1+ Tk2

These are the same expressions we derived previoudy (they had better be or we made an
error somewhere) using concentrations directly. We note that the method just used, where
we solved in terms of X; and X, is more complicated and subject to mathematica mistakes
than from just solving the origind equations in terms of C4, Cp, and C¢ directly

Series reactions

Congider next the series reactions
A — B, 1= kiCa
B — C, r, = k,Cp

Now the stoichiometric relations among the concentration in terms of Xi and X, darting
with Cgy = C¢o = 0 are

Cy= Caol1 = Xy)
CB = CA()(XI - XZ)
Ce = CaoXs

Note that these are quite different than for paralel reactions. In this reaction sysem X4 = Xi

because A is logt only through the firgt reection. Also, in this reaction sysem Xi — 1 and
X, — 1 when the reaction goes to completion.

In a CSTR the mass-bdance equations are

Cao = Ca= CaXy= 11= Th1Cao(l — Xy)
—Cp= —CuoX1 —X2) = t(r1 = r2) = v[(k1Cao(l — X1) = k2Cyo (X1 = X3)]
—Cc = —CaoXz = Trp = ThrCyo(Xy — X3)
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C 4o Can be diminated from these equations to yield
Xi= thi(1 =Xy)
X; = Xy - 1tk (1 = Xyp) = ko (Xy — Xp)]

-Xi = thh(X; — Xa)

Again, these can be solved for X; and X3 and substituted back into C4, Cg, and C¢ to
obtain the same results we obtained previoudy.

For both parald and series reactions we have not derived these eguations in the
PFTR. This involves writing equations such as dX;/dt = . . . ad solving the differential
equations for Xj and X3. This would be uningtructive because the answers are identicd to
those derived without using these variables (assuming no mistakes).

Variable-density series reactions
Consider next the reactions
A —> ZB, n= k1 CA

2B — 2C, rn = kCg

where dl species are idedl gases with no diluents and Cp = Cc = 0.

Now the mass dendty varies with converson because 1 mole of A is converted into
2 moles of C when the reaction system goes to completion. Therefore, we cannot use the
CSTR masshdance equations, C;, — C; = T }_ v;;r;, and we need to use the variable-
density versons of the reactor equations,

R
Fjo —_ F] =T Zv,-,-r,-(C,-)
i=1
We therefore need to write the mass baances in terms of a basis N4, moles initidly. These
give
Ny = Nao(1 — Xy)
Np - 2N4 Xy = Xp)

Nc = 2NA0X2

YN = Nao(l +Xi)
Note that here the N; are quite different than for series reactions because of the vz = +2,
g = -2, and vac = +2. The volume occupied by these species is given by the expression
v=V(1+X))

(Recdl that in this equaion V is the volume containing N moles of fluid, not the reactor
volume)

We can now write the concentrations of these species as
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Np X;—Xs
Cg = Cao
P77y X
Nc¢ X2
Coc=—=C
C v A01+X1
In a CSTR the mass-bdance equations are
1=-X,
Fao = Fy = FaeXy = VCy = VhiCpo—=
1+x1

—Fp= —F4o(X1 —X2) = V(kiCy = k2C3)

1-X X,-X

= V(leAo% — ViaCpo—— 2)

1+x1 1+x1
X, — X,
1+X,
Solving these equations for the reactor volume V, we obtain the expressons
Xi1 4+ Xy) .y Xi(1 + Xy)
Caol=Xp) 7 1-X;

V= vO(X1 - X2)(1+ Xy)

—Fr= —F3,X5= VkyCp = VkyCao

V = Fyo

These equations can be solved for X; and X,, and these can be inserted back into the
expressions for €4, Cp, and Cc, such as
1-Xy
1+X;
In these eguations X; and X, ae found by solving a quadratic equation; so the solutions
are not ample, even for these smple kinetics.

It is evident that for multiple reactions with varidble densty, we rapidly arive a
rather complex expressons that require consderable manipulaion even to formulae the

expressions, which can be used to caculate numerical vaues of the reactor volume required
for a given conversion and sdlectivity to a desired product.

Ca=Cao

REAL REACTION SYSTEMS AND MODELING

We have consdered severd simple examples of multiple reection sysems. While the
smplest of these systems have andyticd solutions, we rgpidly come to Stuations where
only numerica solutions are possible.

However, the idess in the examples given are ill very useful in dedling with more
complex problems because smple examples with anaytica solutions dlow us to edimate
reector performance quickly without resorting to complex numerica solutions. Further,
the kinetics of the complete reactions are frequently unknown, or, if rate expressons are
available, there may be large errors in these rate parameters that will make even the complete
solution gpproximate. This is especidly true for surface-catalyzed reections and biologica
reections, where the rate expressons are complex with fractiona orders and activetion
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energies that vary between catdyst or enzyme batches. Also, activation and deactivation
processes can cause time-dependent reactor performance.

Therefore, complex processes are frequently smplified to assume (1) a single reaction
in which the mgor reactant is converted into the mgor product or for a more accurae
esimae; (2) smple sries or pardld processes in which there is a mgor desred and a
single magjor undesired product. The first gpproximation sets the gpproximate size of the
reector, while the second begins to examine different reactor types, operating conditions,
feed composition, conversion, separation systems required, etc.

Thus there are enough uncertainties in the kinetics in most chemical reaction processes
that we dmost dways need to resort to a smplified modd from which we can esimate
performance. Then, from more refined data and pilot plant experiments, we begin to refine
the design of the process to specify the details of the equipment needed.

In dmogt dl examples of desgning a process for which detailled experience is
not available from a previous operating process, the reactor and separdtion systems are
overdesigned with 10 to 100% margins of error compared to actua predicted performance.
This dlows the engineer a margin of safety in engineering predictions used for economic
evduations. The added benefit of conservative design is that, if the process operates a or
above edimations, the process can ddiver added capacity, which redly makes the engineer
look good. The clever engineer needs to have a design that is conservative enough to work
a predicted performance with high probability but bold enough to besat the competition.

At some point in most processes, a detailed model of performance is needed to evaluate
the effects of changing feedstocks, added capacity needs, changing costs of materids and
operations, etc. For this, we need to solve the complete equations with detailed chemistry
and reaector flow patterns. This is a problem of solving the R smultaneous equations for S
chemical species, as we have discussed. However, the red process is sldom isothermal, and
the flow pattern involves patid mixing. Therefore, in formulating a complete smulation, we
need to add many additiona complexities to the ideas developed thus far. We will consder
each of these complexities in successve chapters. temperature variations in Chapters 5 and
6, catalytic processes in Chapter 7, and nonideal flow patterns in Chapter 8. In Chapter 8 we
will return to the issue of detaled modeling of chemicd reactors, which incude dl these
effects.

APPROXIMATE RATE EXPRESSIONS FOR
MULTIPLE-REACTION SYSTEMS

We have gone about as far as is useful in finding dosed-form andyticd solutions to mass-
balance equations in batch or continuous reactors, described by the set of reactions

s R R
2 VijA; =0, i=1,..,Kk, ri=ky [1C =k [1C™
j=1 j=1 j=1
Let us summarize the generd procedure we would follow for an arbitrary resction system.
For the batch or PFTR we write S firgt-order differential equations describing each of the
S species. We then diminate as many equations as posshle by finding S — R sitable
soichiometric relations among species to obtain R irreducible eguations. Sometimes some
of these are uncoupled from others so that we may need to solve smdler sets Smultaneoudy.
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For the CSTR we have § adgebraic species mass-bdance equations. We can diminate
S — R of these to abtain R irreducible dgebraic polynomidsin R of the S species which we
must solve for C;, and again we frequently do not need so solve them dl smultaneoudy.

However, for more than a few reactions and with revershble reactions, we rapidly
reech a gtuaion where only numericd solutions are possble While numericd solutions
can easily be found with differentiad equation solvers or computer programs that find roots
of smultaneous polynomids, note that these are only simulations for a given set of ks and
Cjos: We have to specify dl rate coefficients and initid compositions and let the computer
plot out the vaues of C; (¢) or C; (t). This is quite unsatisfactory compared to an anelytical
solution because we have to reevauae the solution for each sat of ks and Cjos, whereas
with an andytica solution we just need to plug in the vaues of ks and Cjos.

We repeat the argument that, even if we are going to obtain numericd solutions to a
problem, we till need to pose a proper mathematical problem for the computer program to
solve. A problem involving two equations with three unknowns cannot be solved with the
most sophiticated computer problem. Even worse, with an ill-posed problem, the computer
may give you answers, but they will be nonsense.

SIMPLIFIED REACTIONS

There is another difficulty with exact solutions of complex sets of reections. We frequently
don’'t want to know al the C; (1), just the important reactants and products. In many chemical
reaction systems there are many intermediates and minor species whose concentrations are
vey smdl and unmeasured.

Therefore, we need to find gpproximate methods for simultaneous reection systems
that will permit finding andyticd solutions for reectants and products in smple and ussble
form. We use two gpproximations that were developed by chemigts to smplify simultaneous
reaction systems. (1) the equilibrium step gpproximation and (2) the pseudo-steady-state
goproximation.

Equilibrium step assumption

Here we assume smply tha some reaction steps remain in thermodynamic chemica
equilibrium throughout the process. The vdidity of the approximation reies on the fact
that both the forward and the reverse reaction steps for the reaction assumed to be in
equilibrium are very fast compared to others.

We will work out these gpproximations for the series reactions

AZ2B, 11 = knCa = k1 Cp

B — C, ry = kZCB

which is smply the first-order reversble reaction we worked out previoudy. However, now
we congder this the exact solution to the approximate single resction

A —>C, r(Cy)

Thus we search for the goproximate solution for the single nondementary reaction A - C,
which proceeds through the reaction intermediate B in the two preceding reactions. We
of course know the exact solution in batch, PFTR, and CSTR. This will dlow us to test
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the approximate solutions. As before, we write the mass-bdance equations for batch or
PFTR as

dCy
—_— = + k
" kit Ca+ k1 Cp
dCpg
5 - +ki1Cy — kp1 Cp = koCp = +kpCp = (ko1 + k2)Cp
dce
- ThCs

which has the solution derived previoudly.
In the eguilibrium sep assumption, we assume that the firg reection remains in
thermodynamic  equilibrium, which gives
ri=kCsq = kpiCp = 0
This equation can eesly be solved for Cj,

ke
Cp = —C
B kot A
We now write the approximate reaction as the rate of forming species C, the product,
dc ket ka
—-£ =r= I”2=k2CB = i ”CA = keffCA
dt ko1

Therefore, the equilibrium step assumption gives an approximation for the rate,
A — C, r = ketCa

which is a firs-order irreversble reaction, but now the “effective rate coefficient” k. is
given by
ke ko
keff kbl
a combination of rate coefficients of the dementary steps.

Note carefully the logic of this very smple derivation. We want an overdl rate r for the
sngle reaction in terms of C4 by diminating the intermediate Cp in the two-step reaction.
We did this by assuming the firgt reaction in the exact two-step process to be in equilibrium,
and we then solved the agebraic expression for Cp in terms of Cy and rate coefficients.
We then put this relation into the second reection and obtained an expression for the overal
goproximate in terms of the reactant species done. We diminated the intermediate from
the overal expresson by assuming an equilibrium step.

We can use this approximation for many complex reection sysems by assuming
many steps to be in thermodynamic equilibrium. Whether or not the expression is a good
gpproximation to the exact expresson of course depends on the vaues of particular rate
coefficients.

Pseudo-steady-state approximation

Next we consder the same reaction system, but now we do not assume that the first reaction
is in thermodynamic equilibrium but rather that the concentration of the intermediate species
B does not change during the reaction or that dCp/dt = 0,
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dC
o = HnCa=kiCs~kCp= 0
We st this rate equa to zero, which is what we would do if this reaction were in steedy
state (no B being formed or reacted), which emphaticdly is not the case, since B is the
intermediate in forming C, the mgor product.
The deady date in the preceding equation gives an agebraic equation relating Cp
and CB,

key
Cp= ——m—
5 ko1 + k2 4
Proceeding as before, the gpproximate rate of the overal reaction to form C from A is
ACe kerko

—r=ry =kl = et
dt 2 2-B kpi + ko 4

which looks dmog identicd to the expression assuming thermodynamic equilibrium in
sep 1 except for the extra term k; in the denominator. Thus the pseudo-steedy-state
goproximation on this reection yields the gpproximate solution
A - C, r= keffc A
with
kerko
k
M= kot + k2

Nitric oxide oxidation

The fird example we will use as an goplication of the equilibrium step approximation and
pseudo-steady-state gpproximation is the reaction

1
NO + EOZ —> N02

This is a very important reaction because it converts NO from engine exhaugt into the brown
NOQO,, which oxidizes hydrocarbons in the amosphere into adehydes, peroxides, and other

noxious pollutants. The reection occurs homogeneoudy in ar. This reaction obeys the
empirical rate expresson

r = kCoCo,
One might expect that this is an elementary reection because the reaction agrees with
the doichiometry (after multiplying dl coefficients in the preceding expresson by two).
However, one peculiarity of this reaction is that the rate actualy decreases with increesing

temperature or has a negdtive activation energy, an unreasonable Stuation for an dementary
process.

The reection actudly occurs by a successon of bimolecular resction steps, one
possble st being

NO + NO 2 N,0,, ¥l = kf1C§o = ky1Cny0,

N;O; + 02 = 2NO», = k Cny0, o,
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These are two dementary bimolecular reection steps, the sum of which is the oxidaion of
NO to NOz,

NO + NO + O, — 2NO,
Let us begin by assuming thet the fird reaction is in thermodynamic equilibrium,
r = kﬂCIZ\IO - kblCCNZOZ =0
Solving this expression for the intermediate N,O,, we obtain

k
Cx0, = %CI%IO
bl
The rate of forming NO, is the rate of the second reaction

k
r =2r;= 2k2Cny0, Co, = ZkaACr%JOCOz
bl

which agrees with the experimentaly observed rate expressidn.
Let us next apply the pseudo-steedy-state approximation to see if it agrees with the
experimentally observed rate. We write the mass baance on Cy,0,,
dCy,0,
dt
We now solve this expression for Cy,o, to yidd
ket
C -
MO = kot + KoCo,® ©
Now the rate of formation of NO, is given by

= 411 =1y = ket Cio = ki Civy0, = k2Cnyo,Co, = 0

kty
kbl + k2C02
Thus we see that the pseudo-steady-state approximation gives orders of the reaction as the
thermodynamic equilibrium gpproximetion, the only difference being the definition of the
rate constant

r=ry= k2cN202 C02 = ]Q CI%IOC02

k¢
kefr = kzk—bll
in the equilibrium step goproximation and
ket
kett = ky ———————
ff 2kb1 + k2C02

in the pseudo-steady-date gpproximation. There is an extra term in the denominator of the
pseudo-steady-state approximation expression. If kp; >> kyCo,, then the expressions are
identical by the two approximations. However, if ky; < kyCo,, then the pseudo-steady-state
agpproximation gives the rate expresson

r = knCio
which predicts different orders (zeroth order in O;) and a rate constant of ke |

Thus both gpproximations predict rate expressons that agree with experimental data

as long as the second term in the denominator of the pseudo-steady-state gpproximation is
sl
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Decomposition of acetaldehyde

Acetddehyde decomposes homogeneoudy a temperatures of several hundred degrees
Cddus to produce methane and carbon monoxide,

CH;CHO — CH, + CO
and the rate of this reaction is empiricdly found to be % order in acetadehyde,

r = k[CH;CHOJ*?
This is a reaction of the fom A — B + C, but it is clearly not an eementary reaction
because it is not first order in the reactant.
This reaction is actudly a multiple-reaction sysem that involves the mgor steps

A — CH;s + CHO, ri = ki[A]
CH; + A — CH, + CH;3CO, r2 = ky[CH3][A]
CH;CO — CH; + CO, r1= k3[CH3CO]
CH; + CH; — C,Hs, rs = k4[CH3]?

In words, we describe the process as initiated by the decompostion of acetadehyde
to form the methyl radicd CH; and the formyl radicd CHO. Then methyl attacks the
parent molecule acetaldehyde and absiracts an H atom to form methane and leave the acetyl
radicad CH;CO, which dissociates to form another methyl radicd and CO. Findly, two
methyl radicas combine to form the stable molecule ethane.

This is a set of four dementary reections (unimolecular or bimolecular processes
obeying firs- or second-order kinetics). Examinaion of these four steps shows that they
do involve the reaction of acetadehyde (caled [A] for convenience) and that methane is
formed by step 2 and CO by step 3. If we add steps 2 and 3, we get

A — CH; +CO

but this occurs by a sequence of two steps.

Note aso that we form products CHO and C;Hg, which are not the products we said
were formed. These species are minor products (no more than 1% of the amounts of CHy
and CO), which can be ignored and perhaps not even measured.

This reection system is an example of a chain reaction, which we will consder in more
detail in Chapter 10. However, here we will just use the pseudo-steady-state approximation
to find the gpproximate rate expresson above. The only reectant is acetaldehyde, and
there are six products listed: CHy4, CO, CHj, CH;0, CHO, and C,Hg. The first two, CH,
and CO, are the mgjor products;, CoHg is a stable but minor product. The other species,
CHj3, CH3CO, and CHO, are free radicas that are very reective and never build up to high
concentrations.

To show that the above rate expresson can yield this rate expression, let us apply the
pseudo-steady-state gpproximation on [CH3] and [CH;CO] and see what it predicts. Mass
baances on dl species yidd,
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% = Ky [A] = k[AJ[CH;]
d[(;# = ki[A] = ka[CH3)[A] + k3{CH3CO] — 2k4[CH; ]’
% = +ho[CH3)[A] = k5{CH;CO)
i[dctﬂ = +k3[CH;CO]
d[(f“] = +ho[CH][A]
- tha)
d[cdthG] - L[CHT

These are batch reactor or PFTR mass-baance eguations on dl seven species we identified
in our mechanism. The reader should verify each term, paticularly the signs and the factor
of 2 in some terms.

We will use the pseudo-steady-state approximation on [CH3] and on [CH3CO]. These
yield

d[CdtH3] = ki[A] = ka[CHa][A] + k3{CH3COl = 2ks[CH3]* = 0
%:CO] = +k2[CH;3][A] = k3{CH3CO] = 0

We want to solve explicitly for these species concentrations to obtain an expression in terms
of [A] done. Examining this equation, we see that we can add them to obtain

K [Al = 2k4[CHa1? = 0
Now solving for [CH3], we obtain

CH] = ky 72 [A]I/Z
[CHL) = (%)

Next, recognizing thet the overdl rate of reaction is the rate of loss of [A],

d[A Kk \ 2
L8 = kAl - kLAICH = —ki[4] - b (i) (A2

Findly, assuming thet the second term is much larger than the firs (we will consder why
later), we obtain for the overdl rate

B\
=k | — 2
r=h(3E)
so that we predict 3 order kinetics with an effective rate coefficient k = ky (ky/2ks) /2.
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Phosgene synthesis

Phosgene is a key intermediate used in synthess of many chemicds a mgor one being
toluene diisocyanate, a monomer in polyurethanes. Phosgene is made from chlorine and
cabon monoxide through the overal reaction

co + Cl, —» COCl,
However, the rate of the reaction is empiricaly found to be

r = k[COICLI*?
s0 the reection is clearly not dementary and must consst of severad steps. The mechanism
is thought to be
ClL 2 2Cl, r1= kit [Cly] = kpp [CI]*
co + Cl 2 COCl, r = kp[COJICl]  ky[COCI]
COCl + CI* 2 COoCl, + d, ry = kg [COCI] [CI*] = k3 [COCL,][CI]

In words, we describe the process as initiated by the dissociation of the chlorine
molecule to form two chlorine atoms. The resctive chlorine atom then adds to CO to form
another radica carbonyl chloride. This species is reactive enough to abgtract a Cl atom from
the chlorine molecule to form phosgene and produce another chlorine atom.

Phosgene is produced in the third reection, and the rate of its formation is given by

r = ry= ka[COCI[Cly] — ku[COCLI[CY]

However, this expresson is not very useful because it is written as functions of two radica
intermediates, [COCI] and [Cl], as well as the product {[COCI,] and one reactant {Cl;]. We
need a rate expresson in terms of the reactants and product only

r = r(ICOJ, [CL1], [COCL,))

To do this, we will use the above approximate methods to diminate the intermediates in
terms of the mgor species.
We firgt write the mass-baance equations for dl five species,

2
2

ﬂ%l = ~1; = —kp[COJ[CI] + ky,[COCI]
d[Cl
[ 5 tz] = —r( = r3 = —kg [Cla] + ky; [C1]* = ks [COCII[CL] + ky3[COCI,][CI]
d—["gl=+2r1-'rz + 13
dt ;
= 2ki1 [Cl2] = 2ky; [CI1 — ke [COIICI] + ko [COCT] + kg3[COCI[CLy] — ko3 [COCL ]I
CocCl ]
a4 dct) S +72 = 13 = kpp[CO][Cl] = ki2[COCI] = ke3[COCL[Cl,] + ki3 [COCL][C1]
d[COClI
[TZ] = ry = kp3[COCI][Clz] = kp3[COCL][C1]

We could solve these equations numericdly for specific vaues of the ks and initid
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conditions. Note that we have written the mass balances as in a batch reactor. Replacing
¢ by 7, we have the rdevant equations in a PFTR, and we could easly write them for a
CSTR. However, the solutions would not be very indructive because they are just numerical
solutions, which we would have to solve separaidy for each st of initid conditions and
assumed ks. We want a solution in terms of reactants and products aone.

To do this we assume that seps 1 and 2 are in thermodynamic equilibrium or

ry=kpn [Cl] - ky [CI] =0

Yy = kfz[CO][Cl] - kbz[COCI] =0
We can easily solve these agebraic equations for the concentrations of the intermediate

pecies
12
Cl]'?
[C] = (El) (CL]
ki

k k ( k ) [CO][CL,]"?
[coci = “2[cojcy = —= \ 2
Thus we have usad the equilibrium step aopr&i%na to find expressons for the interme-
diates in terms of reactants and products.
We can now write the rate of the forward reaction in terms of these species aone,

r = r3 = kg[COCI][Cl,]

k k 172
=kn— (i) [CONICL,T*

ku1

which agrees with the experimentally determined rate expresson. We will leave the reverse

rate expresson for a homework problem.

REACTION MECHANISMS

All reactions occur by collisons between molecules or by collisons of molecules with
surfaces. We will consder reactions at surfaces later, but here we consder the theory
of homogeneous reections. We will not attempt a quantitative or thorough description of
reaction mechaniams but will only describe them in enough detall to be ale to see how the
engineer can control them. These collisons occur as sketched in Figure 4-12.

(A)
oo o T

bimolecular  reaction unimolecular  reaction surface  reaction
enzyme reaction

i Figure 4-12 Elementary reaction stepsinvolving collisions of two reactantsA and B, of Awith aninert M, or
i with Awith asurface S.
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Theory of unimolecular reactions

An isolated molecule a zero pressure cannot react. Thus processes such as isomerization

A-> B
or dissociation

A— B+ C

do not involve smply the molecule rearranging its structure by itsdf. Rather, collisions of
molecule A with other molecules (either another A molecule, a product, or an “inert’) are
necessary for reaction.

This is because there is a potentid energy barrier for isomerization or dissociation
that can only be overcome by adding energy to.the appropriate bonds. Let us consider as
prototypes the isomerization of cyclopropane to propylene

cyclopropane — propylene
and the hydrogenolysis of propane to methane and ethylene

CsHg — CH4 + CoHy

In both reactions a C-C bond must be broken and C-H bonds must be broken and H atoms
moved to other C atoms.

This requires sufficient energy inserted into the relevant bond vibration for the bond
to break or for bonding locations to move. C-C and C-H bond energies in stable akanes
are greater than 80 kcal/mole, and these processes are very infrequent. As we will see
later, hydrocarbon decompodition, isomerization, and oxidation reactions occur primarily
by chain reactions initiated by bond breaking but are propagated by much faster abstraction
reactions of molecules with parent molecules.

Consider the dissociation of a molecule A-B, a process whose heat of reaction A Hg
is D, g, the dissociation energy of AB. We can regard this as a chemical reaction

AB > A+ B

or in our usud notation as the reaction A — B -t C. On a diagram of energy versus the
A-B digtance, d, g, this might look as shown in Figure 4-13. The activation energy for bond
bresking will be equa to AH if there is no maximum in the E(d4p) curve. However, if
there is a maximum, then E > A Hg. We expect that this reaction is probably endothermic,
but it is possible that the dissociation reaction is excthermic if the dissociated state A + B
has a lower energy than A B.

Any energy well between aoms or fragments has vibrationd levels because vibrations
are quantized. The excitation of the A-B bond therefore occurs by excitation of vibrationa
dates to sufficiently high energies that the bond is broken. The AB molecule is calliding
with other molecules in gas or liquid states and exchanging energy with calliding neighbors.
If there are two states £, and E,, then the ratio of populations (concentrations) of these two
dates on average is given by the Boltzmann factor

C _ E, - E,
Cs = exp RT




Reaction Mechanisms 191

Figure4-13 Energy diagram for the dissocigion of a molecule
into two products.

A+B

and if there is a ladder of gdates, the probability of excitation from the ground vibrationa

date to the top of the barrier is
(E) = ex E
PE = RT

This argument shows smply where the Arrhenius temperature dependence of reaction
rates originates. Whenever there is an energy barrier that must be crossed for reection, the
probability (or rate) of doing o is proportiond to a Boltzmann factor. We will consider the
vadue of the pre-exponentid factor and the complete rate expression later.

Returning to our A-B dissociation process, the vibrationd levels of the molecule can
only be excited by collisons with other molecules. Condder the energy transfer of molecule
A by cdllison with other A molecules as a chemicda reaction

A+A—> A+ A%, r=kC3

We have transformed species A into species A* by calliding with other A molecules that
remained unchanged except that they must have logt the energy gained by forming A*.
We write the reaction A — B as the sequence

A+AZ2 A +A, 1= knCi — kp1CaCar
A* —> B, r = kQCA*
with the firg being reversble and the second irreversible.

Thus our unimolecular isomerization reection actudly occurs by a sequence of steps
and is therefore a multiple-reaction sysem! We need a smplified expression for the overdl
rate of this rate in terms of C, aone because A* is an intermediate whose concentration
is dways very smdl just as for the freeradica intermediates and dimers in the previous
examples.

Applying the pseudo-gteady-date approximation to A*, we obtain

dC 4
d—? =r—r =knC% — kp1CaCar kCyas= 0
which can be solved for C4- to yidd
ke C3

Cpr = —N=4
T koiCa+ k2
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Now the rate of forming B iSr,: so we can write

ke C2
ko1Ca + k2
This looks quite complicated because it does not even seem to obey first-order kinetics.
However, we quickly recover a sSmple expression by smply assuming that ky,; C4 3> ko to
yield

o=kl =k

_ kiiks
ket

Thus we have the mechanism of a first-order dementary reaction as being proportiona to
C4 and having a rae coefficient

rn A

i keky
ko1
The activation energy of this process is predicted to be Ep + E» — Eyy. Although we call this

an dementary reaction, it ill proceeds through intermediate states of different vibrationd
and eectronic energy.

COLLISION THEORY OF BIMOLECULAR REACTIONS

We consider the rate of the bimolecular reaction

A + B — products, r = kCasCp

and we want to find an expression for k and to assure oursalves that the process should be
first order in C4 and Cp. We write this reaction rate as

r = [rae of collison of A and B] x [probability of reaction upon collison]
The rate of collison of gas molecules is given by gas kinetic theory. Molecules have
an average kinetic energy given by the expresson
3 1
Ekjn = —2-RT = EMM2

where M is the molecular weight, R is the gas constant per mole, and % is the square of
the average therma velocity of the molecule. The average velocity from kinetic theory of

gasss is
1/2
U= (i%) 2~ 50,000 ¢m/sec
big

for N, a 300k. [Do not confuse the speed of therma motion of a molecule & with u the
speed that a molecule travel down a PFTR.]

From the kinetic theory of gases we find that the frequency vs4p of an A molecule
coliding with a B molecule is

VAR = gl—l_O'ABCB

in units of callisons per time. The quantity o4 is cdled the collision cross section, an area
thet is approximately the area of a molecule r d3 gy Where d,p is roughly the average radius
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of the molecules (assuming them spheres). The dendty of A molecules is given by the ided
gas law

Y

"~ RT

Now putting al these together, we obtain a rate of collison of A with B

Ca

[rae of callison] = vy5Cp

UG ap

- ——=P4P
(RT)2 Al'B

(8RT /M) *nd?, PP,
(RT)?

8RT\'?
- <7T—M_> JTdABCACB
This gives a collison rate congtant for a second-order reection as

8RT\'/?
k@ = (TM) ndip = Uosp

This is the maximumpossible rate ofbimolecular reaction, the collison rate of the molecules
that can react. We must multiply this by a probability of reaction in the collision; so actud
rates must be less than this. We know that the units of k should be litersmole time, and,
since velocity is in length/time and cross section is in arealtime, the units are correct if we
make sure that we use volume in liters, and compute the area of a mole of molecules. If the
molecular weight is 28 (air) and the temperature is 300 K, then we have

k® ~ 10" litedmole sec

By callison theory this is the maximum rate of a bimolecular reection, because we
must multiply this vaue by the probability that reection will occur during the callison (a
number less than unity). Thus we predict from collison theory that the pre-exponentid
factor k, in a bimolecular reaction should be no larger than 10'! litersmole sec.

ACTIVATED COMPLEX THEORY

The next more sophigticated theory of bimolecular reections is caled activated complex
theory, which assumes that the callison of A and B forms a complex (AB)* and tha the
rate of the reaction depends on the rate of decomposition of this complex. We write this as

A + B 2 (AB)* — products

The intermediate (A B)* exidts a the trangition between reactants A and B and the products.
It exigts a the top of the energy barrier between these stable species as sketched in Figure 4-
14. In activated complex theory one assumes tha the reectants are in thermodynamic
equilibrium with the activated complex,

ARl nerrr
A+B2(AB),  Ky= —[([;)][()B])] _ e
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Figure 4-14 Energy diagram illustrating the reactants A and B
and the activated complex (AB)* in the activated complex theory
of bimolecular reactions.

products

Since
AG, = AHg = TAS*
this equilibrium compostion is given by the expresson
[(AB)*]
Keg = oomm
[(AIB)] =
The quantity A H in this expression is the energy barrier E in Figure 4-14.
The rate of the overdl reection is therefore

r = K[(AB)*] = K'Keg[(AI(B)] = K Koe */RI[(A)]I(B)]

This gives a rae coefficient k = k’'K,, where these quantities can be caculated from
datistical thermodynamics (which we shdl not do here). [It can be shown from Hetistical
mechanics thet k' = kT / h, where k is Boltzmann's congtant and h is Planck’s constant,]

—AGH/RT __ eAS/Re—AHR/RT - KoevAHR/RT

Statistical-mechanical theories

The most accurate theories of reaction rates come from gatistica mechanics. These theories
dlow one to write the partition function for molecules and thus to formulate a quantitative
description of rates. Rate expressons for many homogeneous dementary reaction steps
come from these cdculations, which use quantum mechanics to cdculae the energy levels
of molecules and potentid energy surfaces over which molecules travel in the trangtion
between reactants and products. These theories give

_ ’i o o—E/RT
h QaQs
where the Qs are partition functions for the species.
These theories may have been covered (or a least mentioned) in your physica
chemigry courses in datigicad mechanics or kingtic theory of gases, but (mercifully) we
will not go through them here because they involve a rather complex notation and are not
necessary to describe chemica reactors. If you need reection rate data very badly for some
process, you will probably want to find the assistance of a chemigt or physcig in cdculating
reection rates of elementary reaction steps in order to formulate an accurate description of
processes.
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Reactions in liquids, on surfaces, and by enzymes

Here the problem of formulating a reection rate expresson is much more difficult because
there are many aoms involved, and consequently the datisicd mechanics and quantum
mechanics are much more complex. We will condder the forms of rate expressons for
surface- and enzyme-catdyzed processes in Chapter 7, but fundamenta theories are usualy
not obtainable.

For dl these types of reactions the rates must be obtained empiricaly under conditions
as close to conditions of the indudrid process as possible, but caution must be used in
interpreting these rates.

DESIGNING REACTORS FOR MULTIPLE REACTIONS

For a sngle reection in an isothermd reector the design principles involved primarily the
reector configuration for minimum resdence time. This generdly favors the PFTR over the
CSTR for postive-order kinetics. However, the CSTR frequently is less costly and essier
to maintain, and one or more CSTRs can frequently be preferred over a PFTR.

When sdectivity and yied of a given product need to be maximized, the desgn
issues become more complicated. While minimum t is frequently desired, it is usudly more
important to obtain maximum selectivity to a desred product and minimum sdectivity to
undesired products. For smple series and pardle reection systems, we can fairly essly
summarize the choices.

For series reactions with an intermediate desired, there is dways an optimum 1 for
maximum yield, and the PFTR gives a higher maximum yidd if both reactions have postive
order, while the CSTR gives a higher maximum yield if the reactions are negative order
(a rather rare occurrence). For series reactions with the finad product desired, the PFTR
requires the shorter time and gives less intermediate for podtive-order kinetics.

For parald reactions both reector types give equa sdectivities if the orders of both
reections are the same, and the CSTR can be preferred even though its T would be longer
because it may be less expensive. The CSTR is preferred for parale reactions whenever the
desired reaction has a lower order than the undesired reection, while the PFTR is preferred
(for both yield and 7) whenever the desired reaction has a higher order.

Mogt multiple-reaction systems are more complicated series-pardlel sequences with
multiple reactants, some gpecies being both reactant and product in different reections.
These smple rules obvioudy will not work in those stuaions, and one mugt usudly solve
the mass-baance equations to determine the best reactor configuration.

Staged reactors

In practice, mogt industrial processes are staged with multiple reaction processes and
separaion units as sketched in Fgure 4-15. If A is the key raw materid and E is the
key product, it is clear that many factors must be included in designing the process to
maximize the yidd of E. The effectiveness of the separations are obvioudy criticd as well
as the kinetics of the reactions and the choice of reactor type and conversion in each reector.
If separdtions are perfect, then the yidlds are equa to the sdectivities, so that the overdl
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c €p F

rCJ

A ’ A B,D

Figure 4-15 Sketch of atwo-stage process where the reactant A from the first reactor is separated from the
desired product B and the undesired product C. The desired product B is then fed into a second reactor, where

another reactant D may be added to make a desired product E and an undesired product F, which are further
separated.

yield in the process of making E from A is the product of the sdectivity on meking B in
the first stage and the sdectivity in making E from B in the second stage.

These congderations are only vaid for isotherma reactors, and we shdl see in the
next two chapters that the possibility of temperature variations in the reactor can lead to
much more interesting behavior. We will aso see in Chapter 7 that with catalytic reactors the
Stuation becomes even more complicated. However, these smple ideas are useful guides
in the choice of a chemicd reactor type to carry out multiple-reaction systems. We will
sill use these principles as the chemica reactors become more complicated and additiona
factors need to be included.

4.1 Write the reactor mass-balance equations that must be solved for the methane oxidation reaction
system,

CH4 + 20, — CO; + H,0, ri =k, Cch, Co,
CO +H,0— CO,+H,, 12 = kpCcoCuyo = ky2Ceo, Ch,
CH; + H,0 — CO + 3H,, r3 = k3 Cen, Cuyo
CH; + CO; — 2C0 + 2H,, ra = k4 Cep, Ceo,
described in the text for a feed ot CH4 and Oj:
(@ in a batch reactor,
(b) in a CSTR,
(©) in a PFTR.

These reaction rates are written in very simple form. In al industrial processes catalysts are

used to increase rates and selectivities, and the rate expressions are more complex than those
indicated.

4.2 Write the equations to be solved for the reaction set
A > B - D

+ \

C E —» F
assuming al reactions are first order and irreversible
(@ inaPFTR,

(b) in a CSTR.

(c) Solve these equations for C;(z). [Partial credit will be given for setting up the equations in
S0Me situations.]
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Find 7, Sg, and Y for 90% conversion in the reactions in a PFTR for al ks in min~!
(a) A — B, rn = 0.5C,

A — C, rao=0.1C4
() A—> B,  r=05C,

B—C ra= 0.1Cp

Find 7, Sg, and Yz for 90% conversion in the reactions in a CSTR for al ks in mint.
(@ A > B, r= 0.5C4

A= C, rn= 0.1C,
(b) A - B, ri= 0.5C4

B — C, ra= 0.1Cp

Solve for Ca, Cp, and C versus 7 for the reactions
A — B, rn=k
A - C, r2 = kCy
ina PFTR and in a CSTR for k; = 2 moles liter-l min—!and k; = 1 min~!.
Find 7 and Sp a 90% conversion in a PFTR and in a CSTR for C4, = 4 in the reactions of the
previous problem. Which reactor type is better?
For the reactions
A - B, r = kiCa
A - C, ry = kpCh
will a PFTR or a CSTR give the better selectivity to B for

@n=0
(b)yn=1
(€) n= 27

Ethanol is to be oxidized to acetaldehyde in agueous solution. The adehyde can further oxidize
to acetic acid, which can decarboxylate to methane. There is an excess of O, in the solution; so
all reactions are first order in the organics and irreversible.

(a) Write out the species mass-balance equations to be solved in PFTR and CSTR reactors.
(b) Find C,(t) in PFTR and CSTR.

(c) For Cy4, = 0.1 moleliter, find the optimum residence times, conversions, and selectivities
to acetaldehyde in PFTR and CSTR. The rate coefficients with a certain catalyst are 1 .0,
0.1, and 0.2 min~!, respectively.

(d) Sketch a reactor-separator configuration that will separate products and recycle unused
ethanol. What is the best reactor?

(e) What reactor size is required if we need to produce 100 moles/h of acetaldehyde?
(f) How would your answer change if the second reaction step were second order?

Consider the reactions
A — B, rp = k]
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4.10

411

A - C ro= kaCy
A— D, Y3 = k3Cﬁ

(a) What is the best reactor to produce B, C, and D? Do S, Sc, and §p increase or decrease
with conversion?

(b) Solve these equations for all species versus T in PFTR and CSTR for k; = 8, k; = 8, and
k3 = 2 in appropriate units with time in minutes and C,, = 4 moles/liter.

(c) Plot the differential selectivity s¢ versus C, and use this plot to determine S¢ in PFTR and
CSTR versus conversion.

(d) What would be the best single reactor to produce C for different C 4, and conversion? For
what situations would multiple reactors give the best selectivity to C?

Find X4, Sz, Y5, and Fz in a PFTR and in a CSTR for the reactions
A — B, r = k]CAZ
A = C, = kyCy

with &y = 2 liter mole™! min~!, k; = 1 min—!, v = 20 liters/min, V = 100 liters, and C4o = 4
moles/liter.

(a) Develop expressions for X 4, Sp, Yz, and Fy in a CSTR and in a PFTR for the reactions
A - B, r= k]CA

B - C, = sz%i

(b) For the CSTR find numerical values for these quantities for &, = 2 min~!, k; = 0.2 liter
mole-1 min~1, v = 20 liters/min, V = 100 liters, and C4, = 4 moles/liter.

4.12 We want to isomerize a species A to form B in liquid solution. The rate for this process is

4.13

4.14

4.15

ri = ky CA. However, A can also dimerize to form a worthless and unreactive species C with
arate ;= k C}. Calculate the yield of B in a CSTR and in a PFTR if 90% of A is reacted if

Co = 2 molar, k2 = 0.2 liter/mole min, and k; = 0.1 min~!. How might conditions be altered
to improve the performance of a tubular reaction?

For the parallel reactions A = B, r; = k1 C4 and A = C, ry = kj, caculate the residence time
and selectivity and yield of B in PFTR and CSTR for C 4, = 2 moles/liter, k= 5 min~!, and
k; = 1 mole liter-l min—!at 50, 90, 95, and 99% conversion of A. Note the tradeoff between
conversion and selectivity in the two reactors.

You find that a process and reactor that you don't know much about gives a higher selectivity
to the desired product at higher conversion.

(a) If the process involves parallel reactions, what can you say about the kinetics?
(b) If the process involves series reactions, what can you say about the kinetics?

(c) Would the above processes give better selectivity in a mixed or an unmixed reactor?

[Computer] Plot C, (t) versus k, 7 for the reaction A - B — C ina PFTR for
(&) First-order irreversible reactions with &;/%, = 0.1, 0.3, 1, 3, 10.
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(b) First-order reversible reactions with k,/ ky = Cl. 1, 0.3, I, 3, 10 and equilibrium constants
= 2.0.

(c) Repeat (a) for second-order kinetics for all steps.
(d) Plot (by hand is OK) Cp pax @d Tayx VErsus ky, k; for part (a).

4.16 [Computer] Plot C;(t) versus kt for the polymerization process A| — Ay — A3 & Ay =
ce.=>A;—=...to j=20foral ksequa if al reactions are first order and irreversible with
rate coefficient k;
(@ in a CSTR,
(b) in a PFTR.

Note: This is a prototype of polymerization reactions and reactors that will be considered further
in Chapter 11.

4.17 Ethylene oxide (EO) is made by passing ethylene and oxygen over a promoted silver catalyst
in a multitube reactor with each tube 20 ft long and 1 in. in diameter. The feed is 0.2 atm of
03, 0.6 atm of CyH4, and 2.0 atm of CO,. At 50% O, conversion the selectivity to EO is 80%
[based on carbon, Sgp = Cro/(Ceo + 2Cco,)] a 270°C at a reactor residence time of 1.2 sec
with the rest of the products CO, and H,0. After the reactor the EO is condensed in H,0 and
enough CO; is stripped in caustic to maintain the recycled product at this composition after
adding makeup ethylene and oxygen.

(a) Sketch the flow diagram of the process and calculate the partial pressures after the reactor
and before and after the EO stripper (which also removes all water) assuming no pressure
drops.

(b) What are the makeup flow rates of ethylene and oxygen?

(c) The reaction to form EO is 1/2 order in Po, and independent of ethylene. Ignoring mole
number changes, caculate the rate constant for this reaction from these data.

(d) How many tubes must be used to produce 200 tons/day of EO?

(e) Experiments show that at 300°C the O> conversion is 60% and the selectivity is 70%.
Calculate the number of tubes required to produce 200 tons/day of EO at this temperature.

4.18 The reaction NO + O; — NO, could proceed through the elementary steps
NO + O; Z NO4
NO; + NO — 2NO,

rather than the mechanism described in the text. Show that this mechanism can predict
r= kC,%,OCQZ, which isidentical to the expression derived in the text. How might you determine
experimentally which mechanism is correct?

4.19 (a) Show that a unimolecular reaction should obey second-order kinetics as the pressure goes
to zero.

(b) Show that a termolecular reaction such as NO oxidation to NO, should obey second-order
kinetics as the pressures go to zero.

4.20 The parale first-order reactions A — B, A — C have activation energies of 8 and 10
keal/mole, respectively. In a 1 liter batch reactor at 100°C the selectivity to B is 50% and
the conversion is 50% in a reaction time of 10 min with C,4, = 1 moleliter. The solvent is
water and the reactor can be pressurized as needed to maintain liquids at any temperature.
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(a8) What temperature and reactor volume are required to produce 90% selectivity to B at 90%
conversion in a CSTR using a feed of 2 molar A at a flow rate of 10 ljters/min?

(b) What temperature and reactor volume are required to produce 90% selectivity to C at 90%
conversion in a CSTR using a feed of 2 molar A at a flow rate of 10 liters/min?

(c) What temperature and reactor volume are required to produce 90% selectivity to B at 90%
conversion in a PFTR using a feed of 2 molar A at a flow rate of 10 liters/min?

(d) What temperature and reactor volume are required to produce 90% selectivity to C at 90%
conversion in a PFTR using a feed of 2 molar A at a flow rate of 10 liters/min?

The first-order series reactions A — B, B — C have activation energies of 8 and 10 kcal/mole,
respectively. In a1 liter batch reactor at 100°C the selectivity to B is 50% and the conversion is
50% in a reaction time of 10 min with C4, = 1 molée/liter. The solvent is water and the reactor
can be pressurized as needed to maintain liquids at any temperature.

(a) What temperature and reactor volume are required to produce 90% selectivity to B at 90%
conversion in a CSTR using a feed of 2 molar A at a flow rate of 10 liters/min?

(b) What temperature and reactor volume are required to produce 90% selectivity to C at 90%
conversion in a CSTR using a feed of 2 molar A at a flow rate of 10 liters/min?

(¢) What temperature and reactor volume are required to produce 90% selectivity to B at 90%
conversion in a PFTR using a feed of 2 molar A at a flow rate of 10 liters/min?

(d) What temperature and reactor volume are required to produce 90% selectivity to C at 90%
conversion in a PFTR using a feed of 2 molar A at a flow rate of 10 liters/min?

4.22 Consider the reaction sequence

4.23

A % B 3¢ 8 b
ks | ks | ks |
E F G

with al reactions first order and irreversible.

(@ Find C,(t) for all species in a CSTR.

(b) Find C; (7) for al speciesin a PFTR.

(c) Find Sg in each of these reactors.

(d) Find Sp in each of these reactors for very long residence times.

(a) What is the overall yield of product in a sequence of n steps if each of the n reactors has the
same selectivity § and conversion X if unconverted reactant after each stage is discarded?

(b) What is the overall yield of product in a sequence of n reactor steps if each reactor has the
same selectivity § and conversion X if unconverted reactant after each stage is recycled?

(€) What is the overall yield of a six-step process in which each step has a yield of 0.87 If the
raw materials cost $0.10/1b, what must the products sell for to obtain a positive cash flow?

(d) Suppose that this six-step process can be replaced by a three-step process. What per step
yield would be necessary to achieve the same overal yield? Why might the three-step
process be preferred even if its overall yield is less than the six-step process?

4.24 We wish to produce ethylene by the oxidative dehydrogenation of ethane. Over a suitable

catalyst the reactions and rates are found to be
C,Hg + 1/20, — C,H, + H,0, r = klchH(,COz
CHg + 7/20, — 2C0O;, + 3H,0, ry = szCZHGCéZ
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The reaction is to be run at 1000 K, where it is found that &, = 9 I/mole sec and k; = 1670 ]2
/mole2 sec. The feed pressures are P,y = 2 atm, Py, = 1 atm, and Py, = 4 atm. The pressure
is constant and the reaction is to have a residence time such that the product contains 0.05 atm
of O,. Assume that there is sufficient diluent that the density remains constant.

(& Will a PFTR or a CSTR give a higher ethylene selectivity?
(b) Will a PFTR or a CSTR require the longer residence time?

(c) Caldulate the selectivities to ethylene on a carbon atom basis in PFTR and CSTR for this
O, conversion.

(d) Set up the problem to calculate the residence times required in PFTR and CSTR. [This
illustrates how complex multiple-reaction systems can become and why the selectivity
formula is useful.]

Yttrium 90, which has a half-life of 64.2 h, is produced from the fission product strontium 90,
which has a half-life of 27.5 years. How much Y-90 will be present after | week from a sample
of pure Sr-90 in a closed container? )

We wish to produce B in the reaction system
A 4 B, ry = k[CA
A — C, 2= kCy

A costs $1.20/1b, B sells for $2.50/1b, and C costs $0.50/1b to dispose. Assume that unreacted
A can be recycled into the reactor at no cost.

() What relation between the ks will give a positive cash flow if the reactor and operating
costs are ignored?

(b) What relation between the ks will give a 30% profit on sales if the reactor and operating
costs are ignored?

4.27 We have a ten-step process to produce a product from a reactant, and each step has an 80%

4.28

4.29

yield. What must be the yield of each step in a three-step process to obtain improved economics
before we worry about lower reactor and separation process costs?

On atriangular diagram of Cy4, C, and C¢ sketch trajectories (not detailed plots) in the reactions
A — B — C and dso in the reactions A —» B, A — C for the following situations:

(@) k1 = 2k,, irreversible, series, PFTR,

(b) ky = 2k,, irreversible, series, CSTR,

(¢) ki = 2ky, ky = 0.5ky, k5 = 0.5k, series, PFTR,
(d) ky= 2ky, k= 0.5k;, k) = 0.5k, series, CSTR,
(e) k; = 2k, irreversible, parallel, PFTR,

(f) ky = 2k,, irreversible, parald, CSTR,

(9) ki = 2k, ky = 0.5k, ky = 0.5k, paralel, PFTR,
(h) ky = 2ky, kj = 0.5ky, k} = 0.5k;, paralldl, CSTR.

On atriangular diagram of C4,Cs , and C sketch trajectories (not detailed plots) in the reactions
A — B,A— Cfor rj =k, r»=0.5k;C4 in PFTR and CSTR.

4.30 In the cross-flow reactor a species B is introduced at several places in a reactor while species

A is introduced at the entrance as sketched in Figure 4-16. What might be the benefits on
selectivity and in autocatalytic reactions by this flow situation?
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Figure 4-16  Cross-flow reactor in which a species B is intro-
duced a severa points in the reactor.

I I

4.31 The reactions
A — B, r= k|
A = C, ry = kch

give 67% selectivity to the desired product B at 75% conversion of A in a CSTR with areaction
time of 1 min with C4, = 2 moleg/liter.

(a) What'are the selectivity and conversion for this reaction and feed in a CSTR with 7 = 1
min?

(b) What are the conversion and selectivity in this reactor if Cao = 1 mole/liter?
(c) What + and conversion will give 99% selectivity in a CSTR?
(d) Give short reasons why the trends in each of the above situations should be expected.

4.32 The reactions
A > B, rn = k]
A - C ry=kyCy

give 67% selectivity to the desired product B at 75% conversion of A in a CSTR with a reaction
time of 1 min with C4, = 2 moles/liter at a temperature of 400 K. It is found that Et = 5
kcal/mole and E; = 10 kcal/mole. At what temperature will Sg be 95% for + = 1 min and
Co = 2 moles/liter in a CSTR?

4.33 Consider the reactions
A — B, rn= kCau
B —» C, r = k,Cp
A = D, ry= kyC}
with B the desired product.
(a) How would you describe this reaction set?

(b) Should one use a PFTR or CSTR, and is there an optimum residence time? [The answer
depends on the relative ks.]

(c) Find C; (1) in PFTR and CSTR if r3 = k3Cy.

4.34 Consider the liquid-phase reaction system
A — B, r= kCu
A =C, r = kCh
(@ Will a PFTR or CSTR give a shorter residence rime for the same conversion?
(b) Find an expression for 1 in a CSTR in terms of k1, k2, and Cao, and Ca.

(c) Find Sz and Yy in a CSTR with rates in moles/liter h, k; = 4 and k; = 1 (in appropriate
units) and C4, = 2 moleg/liter if the reaction is to be run to 90% conversion of A.
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As discussed in the text, the reaction of CO and Cl, to form phosgene obeys the rate expression

r= kCcoCé{j.

(@ Find an expression for Ccocy, versus T in a CSTR for stoichiometric feed assuming constant
density.

(b) Find an expression for Ceqy, versusz in a PFTR for stoichiometric feed assuming constant
density.

(c) Repeat these calculations (or at least set them up) for pure feeds with no diluent assuming
all species are ided gases.

Some of the raw materials in manufacturing polyurethanes (from TDIC and EG monomer) are

Cl, and HNO;, which are used to prepare the TDIC monomer.

(a) Assuming all stages in processing the monomer are 100% efficient, how many tons of salt
are used to prepare a ton of PU?

(b) Assuming that the HNO; is derived from ammonia, which is prepared by steam reforming
of methane, how many tons of CH, are required per ton of PU if all stages are 100%
efficient?

(c) Repesat the above calculations assuming that each stage is 90% efficient.

In nitric acid synthesis from methane the synthesis of H, has a yield of 90%, NH;3 90%, NO
90%, N,Os 90%, HNO3 90%. What is the yield of HNO5 synthesis from CHy, and how many
pounds of CH, are required to produce a pound of HNO3?

4.38 It is desired to produce B in the series reactions A— B = C, r1= k; C4, 12 = koCg, in two

4.39

4-40

4.41

equal-volume CSTRs in series. Find expressions for the optimum residence time and maximum
yield of B. Find expressions for the optimum residence time and maximum yield of B for a
large number of CSTRg in series.
We wish to optimize the selectivity to B from A in the reactions

A — B, r= kCyu

A - C, = kC?4
with k = 1/4 (units of moles, liters, and minutes and C 4, = 2 moles/liter.

Calculate Sg and Y in a CSTR for X4 = 0.99, 0.90, and 0.5.

We wish to optimize the selectivity to B from A in the reactions
A — B, r= kCA
A - C, r=kC3

with k = 1/4 (units of moles, liters, and minutes and C4, = 2 moles/liter.
Calculate Sg and Yg in a PFTR for X4 = 0.99, 0.90, and 0.5.

We wish to optimize the selectivity to B from A in the reactions
A = B, r=kC%
A — C, y = kCA

with k =1/4 (units of moles, liters, and minutes and C 4, = 2 moles/liter.
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(@) Cdculate Sy and Y in the optimum single reactor for X4 =0.99, 0.90, and 0.5.
(b) What combination of two CSTRs will give the optimum Sg for these conversions?

4.42 The reaction to form NO
N; + 0, = 2NO
in high-temperature combustion processes is thought to proceed by the elementary steps
0, 2 20, riy = kiCo, ~ kC}
N; +0 - NO+N, rpi = kp1Cn, Co
0;+N - NO+ 0, rp2 = kp2Co,Cn
Find a reasonable reaction rate for r (N2, O»).

4.43 The gas-phase dehydrogenation of ethane to ethylene
C;He —» C,Hy + Ho

proceeds through the elementary reaction steps

CHg + H - CHs + Hy

C:H¢ 2 C;Hs + H

CHs — C;Hs + H
(@) Identify the initiation, propagation, and termination steps.
(b) Find a reasonable expression for 7(Cc,n,)-
(c) The bond energy of ethane is 104 kcal/mole, and the propagation steps have very low

activation energies. What is the approximate activation energy of this reaction?
4.44 Using the mechanism for phosgene synthesis
co + Cl;, 2 COCl,

discussed in the text, find the rate expression predicted for the reverse reaction.

Show that this expression consistent with thermodynamic equilibrium in this reaction.

4.45 Consider the reaction system

A2B2C

with kjy = 100, kyp = 100, ky; = 1, k25 = 1, where we start with pure A, and B is the desired
product.

(a) What are Sg and Yg for a very long residence time?

(b) Estimate §g and Y in a PFTR for T = 0.02. Do not solve the equations.

(c) What reaction-separation scheme will give 100% yield of B?

(d) Reactant A can also react directly to form C with rate coefficient k3 = 0.1. What is k3?

4.46 Consider the reaction system
AZBZC2DZA

withk; = 1,k; =0.1,ky =1,k = 1, k3 = 0.1, &} = 0.1, k4 = 10 in a continuous reactor.
(@) What is k,?
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(b) Estimate the optimum §p and Yp obtainable, starting with pure A.
(c) Estimate the optimum S¢ and Y- obtainable, starting with pure A.

4.47 Suppose you need to produce B in the reactions
A—->B—->C

with ky=1h-landk, = 0.1 h~!Find §3, Y, and 7 in CSTR and PFTR reactors for maximum
yield of B. Calculate these from the formulas in the text and check your answers with the figures
in the text.

4.48 The expressions in the text for the series reactions A - B — C cannot be used if k1= k»
because the expressions become degenerate (zeros in numerator and denominator). Solve for
C4 (1), Ca (1), and C¢(t) for these reactions in PFTR and CSTR for ki = k2. Note that these
expressions are simpler than the general expressions.

4.49 Our plant produces a chemical A, which is not toxic, but which slowly hydrolyzes in H,O to
form a highly toxic substance B. This chemical B is slowly oxidizes in air to form a harmless
chemica C.

(a) Describe the concentrations in a river downstream from our plant for a steady leak of A of
2 ppm in the river if k; = 0.002 and k, = 1000 with both ks in liter/mole h. The river flows
in plug flow at 5 mph, and the saturation concentration of (), in water is Co, = 1.5 x 103
Assume that O; is replenished as fast as it is consumed.

(b) How far downstream will the toxic chemica reach a maximum?

(c) The intermediate B is highly toxic to fire ants and boll weevils, but only moderately toxic
to humans. How might we market this product as a pesticide with interesting properties?

How and under what conditions should this chamical A be applied? Monsanto makes an
herbicide Roundup with similar properties.

4.50 Our plant produces a chemical A that is not toxic but slowly hydrolyzes in HyO to form a highly
toxic substance B. This chemical A aso sowly oxidizes in air to form a harmless chemical C.

(@ Describe the concentrations in a river downstream from our plant for a steady leak of A of
2 ppm in the river if k; = 0.002 and k, = 1000 with both ks in liter/mole h. The river flows
in plug flow at 5 mph, and the saturation concentration of O, in water is Co, = 1.5 x 1073,
Assume that ), is replenished as fast as it is consumed.

(b) The intermediate B is highly toxic to fire ants and boll weevils, but only dightly toxic to
humans. How might we market this product as a pesticide with interesting properties? How
and under what conditions should this chamical A be applied?

4.51 Consider the reactions
A — B, rn=9
A - C, ra= 6C,
A— D, rn= C?
with rates in moleg/liter min and concentrations in molefliter.

(& What type of reactor and what conversion will give the maximum selectivity to C for
Cao = 2 moled/liter?

(b) Calculate the maximum selectivity and yield obtainable to form C.
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(c) Repeat these calculations if B or D are the desired products.

452 Consider the paralel reactions
A — 2B, ri= k1Cy
A — 3C, rp = kCy
where all species are ideal gases with no diluent.
(a) Write expressions for Cj (X;).
(b) Find C; (t) in a CSTR. )
(c) Set up expressions for 7(C;) in a PFTR.

4.53 We wish to produce B in the reaction A — B in a continuous reactor at ¥ = 5 liter/min with
C 4o =4 moles/liter. However, we find that there is a second reaction B — C that can also
occur. We find that both reactions are first order and irreversible with k; = 1 .0 min~! and
ky =0.1min~1. Findz, V, Cg, Sp, and Y for 95% conversion of A in aPFTR and in a CSTR.

4.54 We wish to produce B in the reaction A — J in a continuous reactor a v = 5 liter/min with
Cao = 4 moled/liter. However, we find that there is a second reaction B -+ C that can also
occur. We find that both reactions are first order and irreversible with %; = 1.0 min~! and
ky =0.1 min~1. Find 7, V, §g, and Y for maximum yield of B in a PFTR and in a CSTR.

4.55 We wish to produce B in the reaction A — B in a continuous reactor at v = 5 liter/min with
C4o = 4 moles/liter. However, we find that there is a second reaction A — C that can also
occur. We find that both reactions are first order and irreversible with 4y = 1.0 min~! and
k; =0.1min~!, Findz, V, Cg, Sz, and Y for 95% conversion of A inaPFTR and in a CSTR.

4.56 We wish to produce B in the reaction A — B in a continuous reactor at v = 5 liter/min with
C 4, = 4 moles/liter. However, we find that there is a second reaction B — C that can aso
occur. We find that both reactions are second order and irreversible with k; = 1 .O liter mole-t
min~! and k» = 0.1 liter mole~! min—}. Find 7, V, Cg, Sg, and Y for 95% conversion of A in
aPFTR and in aCSTR.

4.57 We wish to produce B inthereaction A — B in a continuous reactor at v = 5 liter/min with
C a0 = 4 moleg/liter. However, we find that there is a second reaction B — C that can also
occur. We find that both reactions are second order and irreversible with k; = 1 .0 liter mole-t
min~! and k; = 0.1 liter mole-t min~!. Find 7, V, Sg, and Y for maximum yield of B in a
PFTR and in a CSTR.
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Z“=— NONISOTHERMAL REACTORS
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temperature. However, red reactors are dmost always and unavoidably operated
nonisothermally. This is because (1) reections generate or absorb large amounts
of heat and (2) reection rates vary strongly with temperature.

In fact, we usudly want to operaie exothemic reactions nonisothermaly to teke
advantage of the heet release in the reection to heat the reactor to a temperature where
the rates are higher and reactor volumes can be smdler. However, if the temperature is too
high, equilibrium limitations can limit the converson, as we saw previoudy for NH; and
CH;0H synthesis reactions,

Smdl lab reactors are frequently thermostatted, either by contact with the surround-
ings (a smal besker on a bench) or by placing them on a hot plate or in an oven. This is
because in a lab reactor the wal area (where heat transfer occurs) is usualy large compared
to the reactor volume (where reaction hegt is generated).

However, the large reactors encountered in industry are usudly so large that it is
impossible to thermogtat the reactor a a fixed temperature that would be independent of
the reactions and conversions. Further, it is frequently desired to use the heat release from
exothermic reactions to heat the reactor above the feed temperature to atain a higher rate.
On the other hand, one of the greatest problems in exothemic reactions is that of overhegting
if the heat generated is too large.

The temperature dependence of reactions comes from dependences in properties such
as concentretion (C; = P;/RT for ided gases) but especidly because of the temperature
dependence of rate coefficients. As noted previoudy, the rate coefficient usudly has the
Arrhenius  form

W e have thus far conddered only isotherma reactors in which we specified the

K(T) = koe /%

if we ignore the smdl temperature dependence in the pre-exponentia factor.

One important reason to consider the nonisotherma reactor is because it is the mgor
cause of accidents in chemicd plants. Therma runaway and consegquent pressure buildup
and reease of chemicas is an ever-present danger in any chemicd reactor. Engineers must

207
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be intimately acquainted with these characterigtics in designing and operating chemicd
reactors.

Chemicad reactors may look similar to other units of chemicad processing and some-
times they behave dmilarly, but the nonisothermd chemicd reactor has nonlinearities that
never occur in nonreacting systems.

HEAT GENERATION AND REMOVAL

We first need to develop energy-balance equations for these reactors. Shown in Figure 5-1
is a sketch of a generdized reactor with heat flows indicated. Heat flows into the reactor
with the reactants and out with the products. Reection generates or absorbs heat, depending
on whether the reactions are exothermic or endothermic. Any girring and friction generate
heat. Findly, heat is trandferred through wals in heat exchange. In a CSTR the temperature
in the reactor is equd to the temperature at the exit, but in any other reactor the temperature
and converson are functions of position in the reector.

A reactor will be isotherma a the feed inlet temperature T, if (1) resctions do not
generate or absorb sgnificant heat or (2) the reactor is thermodtatted by contact with a
temperature bath a coolant temperature T,,. For any other stuaion we will have to solve
the energy-badance equation long with the mass bdance to find the temperature in the
reactor. We therefore must set up these equations for our mixed and unmixed reactors.

Thermodynamics of a flow system

Before we develop the energy baances for our reactors, it is worthwhile to define some
quantities from thermodynamics because the energy balances we need are thermal energy
balances. We begin with the First Law of Thermodynamics,

du=dq-dw

where U is the internd energy per mole, q is the amount of heat added to the system per
mole, and w is the work done by the system per mole. For a flow system, pressure-volume
work is done in flowing a fluid through the system,

dw = d(PV) + w;

where w; is any shaft work that may be done by the system. Since the enthadpy is defined
through the reation

3 Figure 51 Energy balance in chemical reactors. The vol-

WS ume shown could be the totd reactor volume in a CSTR or a
| differential volume in aPFTR.

¥

=FoCpoTo




Heat Generation and Removal 209

dH = dU + d(PV)

an energy bdance on a flow sysem becomes

dH=dqg-dw,
These are the fundamentd thermodynamic equations from which we can develop our energy
balances in batch, stirred, and tubular resctors.

In thermodynamics these quantities are usudly expressed in energy per mole (quan-
tities in bold), while we are intereted in the rate of energy change or energy flow in energy
per time. For these we replace the molar enthdpy H (cal/mole) of the fluid by the rate of
enthdlpy flow H in a flow system.

For the energy balance in a flow system we therefore assume that we can make an
enthalpy balance on the contents of the reactor. We can write the rate of enthapy generation
AH in ay flowing or closed system as

AH=H,— H
=) FojHy; — ) FH;
j j

where the first term on the right is the rate of enthdpy flow into the sysem and the second
is the enthdpy flow out of the system.

Heat generated by reaction

Our mgjor concern is the heat generated or absorbed by the chemical reactions that occur
in the reactor. If H; is the molar enthapy of a chemical species, then the heet of a chemical
reaction is defined as

Z VjHj = _AHR

If a reection is exothermic, then the reaction generates heet, which tends to increese
the reactor temperature, while if a reaction is endothermic, the reaction absorbs heet, which
tends to cool the reactor.

Heat removal and addition through reactor walls

Heat can be removed from or added to a reactor through heat exchange across the walls.
For an integra reactor we write the rate of heat removd from the reactor Q as

0=UA(T -To)

In this equation, U is the hest trandfer coefficient in energy per area A, per temperature
difference (don't confuse this U with the internd energy U), and A, is the area across which
heat exchange occurs between the reactor at temperature 7 and coolant at temperature 7.
We want to define ) as the rate of heat remova as a positive quantity; so Q will be positive
if T>T.IfT<T, heat flows into the reactor; so the reactor is being hested. We could use
T,, as the heating temperature, but since the cooled reactor is the more interesting Situgtion,
we shdl use T, as the temperature of the fluid, which is exchanging heet with the reactor.
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For a differentid reactor we write

dQ = U(T - T, dA.

as the heat flow through an éement of reactor wal area d A, between the reactor a T and
coolant at T..

Shaft work

Any dirring within the reactor will generate heat, and we cdl this term W,. We omit
gravity and kinetic energy terms in the energy baance because thee are usudly very smal
compared to the other terms in the energy balance in a chemicd reactor.

Note that we call this term positive when work is done on the system, just as we meke
Q positive when hest is removed from the reactor. Thus the sSigns on W and Q are opposite
to those of dq and dw, in the thermodynamic equations. We are dways interested in shaft
work done by a dirrer on the reactor fluid, and we are usualy interested in cooling rather
than heating. Therefore, we carry these sign conventions so that we can be sure of the signs
of these terms.

Heat flow with fluid

The other mode of heat interchange with the surroundings in a flow reactor is by inflow and
outflow of heat with the fluid entering and leaving the reector. If the fluid is flowing into
the reector with volumetric flow rate v, and has a heat capacity per reactor volume pCp,
or with totd molar flow rate F,, with a heat capacity per mole C,, (written in bold), then
the rate of enthdpy flow into the reactor is

H= Vo0CpoT, = FonoTo
and the enthdpy caried out is smilarly

H = vpC,T = FC,T

where the quantities with subscript o represent inflow and without the subscripts those in
the outflow. The totd molar flow rate F is the sum of the molar flow rates of dl species
F =) F; . The enthapy per mole of fluid H = C, T, so that multiplication of H by the
molar flow F raegves H,or § = FH. The reference date of enthapy where H = 0
is arbitrary, and we aways write enthdpy changes, so the aove expresson is adequate
(assuming that C,, is independent of T).

For liquid weter and for agueous solutions we will assume C, = 1 cal/g K, and, since
the density p of water is -1 g/cm3, we have pC,, = 1 cal/em?® K or pC, =1000 cal/liter K.
To edimate the heat capacity of gases, we will usudly assume that the molar hest capacity
C,is % R cal/mole K. There are thus three types of heat capacity, the heat capacity per
unit mass C,, the heet capecity per unit volume pC,, and the heat capecity per mole C,.
However, we will use heet capacity per unit volume for much of the next two chapters, and
we use the symbol pC, for most of the equations.

Ancther approximetion we frequently make in amplifying the energy bdance is thet
the molar heat capacity, which might be approximated as
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s
C,(T) =) yCpy(T)

j=1
is independent of temperature and composition, so that we can assume C,, = C, ad
PoCpo = pCp. Thus we continue the gpproximation that &l therma properties of the fluid
in a reactor are condants that are independent of composition and temperature. We can
easly modify these to be more accurate, but for most preiminary cdculaions in chemicd
reactors, these approximations make the equations much smpler.

In the above expressons we used symbols in bold for thermodynamic quantities per
mole to show how these thermodynamic relaions are used to develop the energy bdance.
We will not use them elsewhere except for A Hp, which is the heat of reaction per mole (but
will not be written in bold).

ENERGY BALANCE IN A CSTR

We firgt derive the energy balance in a CSTR. For the mass baance in a constant-density
reector we wrote an integral balance on the rate of change of the number of moles N; of
species j in the reactor to obtain

dN; dc; _

dt = 7 =V (Cjo — Cj) + ijr

dN; dc; _ X

71‘— =V d—tj=V(Cjo—Cj)+V E Vit

i=1

for gngle and multiple reactions, respectively. (We follow our custom of ignoring densty
changes so that V is a condant and C; is an appropriate species density unit) For the
steady-state CSTR we set the time derivatives equal to zero and obtained mass baances on
pecies j as in the previous chapters

Cj = Cjo =Ty1
C] - C]O =T Z vijri
For the corresponding energy baance in a CSTR we write an analogous expression

[accumulation of heet] = [heat flow in] — [heat flow out]

+ [heat generation by reaction] = [heat remova to surroundings]

The lagt term is not present in the mass baance (unless the reactor leeks), but heat can be
caried in and out not only with flow but dso by heat transfer through the walls. An enthapy
balance on the contents of this CSTR gives

dH dT .

gt = PGV = wCo(Ty = T) + V(=AH)r = UA(T = T+ W,

dH dT d :
o = POV =G T =Z) + V Y (—AHg)ri = UA(T - To) + W,

i=l1
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for single and multiple reactions, respectively. Heat transfer occurs across the walls of the
reactor with A, the wall area across which heat transfer occurs (the subscript ¢ stands for
cooling).

Each term in the preceding equations has units of energy/time. Note the signs on each
term indicating that heet is removed or added to the reactor. We preserve the minus sign
on A Hy because we are more interested in excothermic resctions for which A Hg < 0. The
student can recognize each term on the right side from the steady-state enthdpy baance we
derived in the previous section from the thermodynamics of a steady-date flow system.

For steady date in the CSTR we set dH/dz = 0 and divide each term by vpC, to
yidd deady-dtate energy balance

~AHrx  UA,
T—To=t—=r vpCp(T 1.)
or
R —AHy  UA
T-To=1) ——r————(T=T)
oCy vpC,

i=1
for single and multiple reaction systems, respectively. We have omitted the W, term from

these expressons because, even for very vigorous dirring, this term is usudly smal
compared to the other terms in the energy baance.

ENERGY BALANCE IN A PFIR

For the PFTR we wrote the mass balance on species j by writing a shell balance between
position z and z + dz. After leting dz — 0 we obtained the expressions
(oF
U —L = vjr
dz

for dngle and multiple reactions, respectively.

For the energy bdance we make a smilar differentid bdance on the enthdpy flow
between 7z and z + dz for a tube of length L and diameter D as sketched in Figure 5-2. In
deady date this energy bdance is

A,= tube area
AC =coolantarea

Fo=v.C FAVA F=vC

jo=Vo¥jo  _, 1y VY

. \ [ ! °

H0=V0p0CpT0 \\ /I \\ /I H=VpCpT
Z z+dz

Figure 52 Energy balance in a PFTR. A shell balance is made on an element of volume 4V between z and
2 + dz. Spedes flow F; and enthdlpy flow in and out of this dement of volume ae baanced by spedes and energy
generated by reaction.
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0 = [uApC,T], = A PCpT ] 1a; + A(—AHR)r dz — Upy(T — T¢) dz
In this expression A, is the cross-sectiona area of the tube (r D?/4 for a cylindrica tube);

50 the volume dV of this dement is A; dz. Heat transfer occurs across the external wal of
the tube, which has area d A, (subscript ¢ stands for coolant), so that

dA.= py dz

where py, is the perimeter length of the wall of the tube (7 D for a cylindricd tube). The
heat trandfer rate in this dement is

dQ = Upy dzT = Tp)

Next we assume that the fluid dendty and the tube diameter are the same a z and
z + dz to obtain

0= AwpCp(T; = Tria:) + A(—=AHR)r dz ~ Upw(T = To) dz
Findly we take the limit as dz — 0,
. dT
‘}le_l)lo(Tz —Tp4ar) = T4z dz
The energy-bdance equation after dividing by dz is

ar
uApCp d_Z = A((—AHR)r =Upy(T — Tp)

dT i
uhipCp — = A > (=AHg)ri = Upu(T = To)
Z ,
i=1
for sngle and multiple reactions, respectively. Divison by A;pC, yidds
daT _ —AHg Upw

- T-T)
“&Z T e, | pc,a, LT
R ) U
y dT _ Z A Hg; ry - Pw (T - T.)
dz ‘0 pC? pCEAt

for dngle and multiple reactions, respectively.

Batch reactor

For a single reaction in a nonisotherma batch reactor we can write the species and energy-
baance equations

dCy
A vy
\Y at r
dr
V,onE =V(—AHp)r —UAA(T =T,

or
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—_ == ——(T =T,
dt oC, VoG, )

We can dso obtain these expressions from the energy-balance equation for the steady-
date PFTR by smply trandforming dz/u — dt with A,/ V replacing p,,/A;. The solutions
of these equations for the batch reactor are mathematically identical to thoseinthe PFTR,
dthough the physicd interpretations are quite different.

Assumptions

In deriving these equations we have made many assumptions to keep them smple. We have
assumed constant density so that we can use concentration as the composition variable. We
have dso assumed that the parameters in these systems are independent of temperature and
composition. Thus parameters such as AHg, pCp, and U are considered to be constants,
even though we know they al depend a least weskly on temperature. To be exact,
we would have to find the heat of reection, heat capacity, and heat transfer coefficient
as functions of temperature and compostion, and for the PFTR insat them within the
integrds we must solve for temperature and compostion. However, in mog stuations
these variations are smdl, and the equations written will give good agpproximations to
actud performance.

In this chapter and in Chepter 6 we will usudly solve these equations assuming a single
first-order irreversble reaction, r = k(T)C4. Other orders and multiple reactions could of
coure be conddered, but the eguations are much more difficult to solve mathematicaly,
and the solutions are quditaively the same. We will see that the solutions with these smple
kinetics are aufficiently complicated that we do not want to consider more complicaed
kinetics and energy baances a the same time.

There are many interesting problems in which complex chemistry in nonisothermd
reactors interact to produce complex and important behavior. As examples, the autocatalytic
reaction, A — B, r = kC4Cp, in a nonisotherma reactor can lead to some quite com-
plicated properties, and polymerization and combustion processes in nonisothermal reectors
must be consdered very carefully in designing these reactors. Thee are the subjects of
Chapters 10 and 11.

EQUATIONS TO BE SOLVED

For the nonisotherma reactors we need to solve the mass and energy-balance equations
simultaneoudly.

CSTR

For a single reaction in a steady-state CSTR the mass-balance equation on reactant A and
temperature T give the equaions

Cao—Ca=71r(Cs,T)
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—AH, UA
2r(Cpr T) = —(T =Ty
p 14 U,OC,,

T—-T,=1

Thee ae two coupled agebrac equations, which must be solved smultaneoudy to
determine the solutions C;(r) and T(t). For multiple reactions the R + 1 equations are
easly written down, as are the differentid eguations for the trandent Stuation. However,
for these gdtudions the solutions are condderably more difficult to find. We will in fact
consder theaolutions of the trandent CSTR equations in Chapter 6 to describe phase-plane
trgectories and the gability of solutions in the nonisotherma CSTR.

PFTR

For a single reaction in a steady-state PFTR the mass-balance equations on species A and
the temperature are

d
u—gﬁz—r(CA,T)
dz
and
dT -AH Upw
- = Y- ———(T-T.
u G = o O D= ST =T

These are firg-order ordinary differentia equetions that have two initid conditions at the
inlet to the reactor,

Ca = Cao and T=1T, atz=o0
We have to solve these two equations smultaneoudly to find C4(z) and T(2) versus position
z or a the exit L of the reactor, C4(L)and T (L).

These ae two smultaneous differentid equations with two initid conditions for
a sngle reaction. For R smultaneous reections we have to solve R + 1 smultaneous
differentid equations with R + 1 initid equations because there are R independent mass-
balance equations and one temperature equation.

These equations look innocuous, but they ae highly nonlinear equations whose
solution is dmost dways obtainable only numericaly. The nonlinear terms are in the rae
r (Ca, T), which contains polynomids in C4, and especidly the very nonlinear temperature
dependence of the rate coefficient k(T). For firg-order kinetics this is

r(Ca, T) = ke BRI C,

and it is the factor ¢~E/RT tha is most nonlinear and creates the most interesting mathe-
matical and physicd complexities in the nonisotberma resctor.

We will find that the solutions of the dgebraic equations (CSTR) or differentid
equations (PFTR) can be very complicated. However, we must examine these solutions in
some detail because they reved some of the most important festures of chemica reactors.
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For a sngle reaction in the CSTR we solve two agebraic equations
Fi(Ca, T) = 0
F(Cy, T) =0
which are genegrdly polynomids in C4 and exponentids in T. While dgebraic equations are
genegdly smpler to solve than differentid equetions, these agebraic equaions sometimes
yiddd multiple roots, which indicate multiple steady states in CSTRs. This will be the subject
of the next chapter.

In this chapter we consider mainly the plug-flow reactor. For the PFTR we solve the
equations

aCy

el Fi(C4, T)
z
dT
i Fx(Ca, T)

dong with the inlet condition

Ca = Chao, T=T,, atz=0

Since dC4/dz and d T /dz ae the dopes of the functions C4(z) and T(2), they must
be unique a z = 0 and a dl z Therefore, in contragt to the CSTR, the PFTR can exhibit
only a sngle steady date.

HEAT REMOVAL OR ADDITION TO MAINTAIN

A REACTOR

ISOTHERMAL

One of the first considerations in a reactor is the heat load that is necessary to control the
temperature. It was implicit in dl the previous chapters on isotherma reactors that the
reector was somehow thermogtaited to maintain its temperature at that specified. For this
case we did not have to solve the energy-balance equation, but we do need to consider the
heat load

0=UA(T -T)
to maintain the reactor temperature at T,

Example 51 Consider the reaction A — B, r = kCj, ksgo = 0.05 min~', AHg = -20
kcal/mole in a 10 liter reactor with C 4, = 2 molesliter and T, =300 K. At what rate must
heat be removed to maintain the reector isotherma a 300 K for

(a) a batch reactor a 90% conversion?

This is an isothermd reactor with » = 0.05C4. If batch, then
Ca=Cpoe™™
Q1) = V(—~AHR)kC4(1)
= V(=AHR)kCpoe™
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I
= Q(t) ~Qt) T ]
Batch CSTR PFTR
6\\\\ ar—> é«:
"t t z

Figure 53 Plot of rector cofigurations and Q necessty to mantan a bach rector, CSTR, ad PFTR
isothermal.

=10X 20X 0.05 x 2 x ¢ 90

=20 ¢~ %05 kcal/min

(b) a CSTR a 90% converson?

Ina CSTR

V(—AHRkC,4
10 x 20 x 0.05 x 0.2 = 2 kcal/min (constant)

Q(7)

() a PFTR a 90% conversion?

In a PFTR the answer is identical to that in a batch reactor except that ¢ is replaced
by T,
0(z) = 20 799/ kcal/min

Note, however, that the significance of heat removd or addition (Q postive or
negdive) is quite different with the batch reactor, requiring a heat remova that
varies in time, the CSTR requiring a congtant heat remova rate, and the PFTR
requiring a heet removd rate that varies with pogtion z in the reactor. These are
sketched in Figure 5-3.

If this reaction were endothermic, we would have opposite signs to those shown in
the previous example, because we would have to add heat to the reactor to maintain the
process isotherma rather than cool it.

Note that the batch reactor requires programming Q(t), and the PFTR requires either
avery high U A, [to remain & T(z)] or programming Q(z). The CSTR operates with a fixed
Q because T is uniform throughout the reactor for given conditions, and for dteedy-dtate
operation Q is independent of time. Therefore, the CSTR is usudly much smpler to design
for stable hest removd. This is another attrective festure of the CSTR: It is much esder to
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maintain congant temperature in a CSTR reactor than in a batch or PFTR because the heat
load required is not a function of either time or pogtion in the reaector. We will see later
that the CSTR has even higher heat transfer characteristics when we consider that girring
increases convective heat transfer so that U is frequently higher in a CSTR.

We 4ill must use a PFTR in many chemicd processes, and we must then determine
how to program the cooling or hegting to atain a temperature profile in the reactor close
to that desired. The subject of this chapter is the proper temperature management to attain
desred operation of a PFTR. In the next chapter the nonisotherma CSTR will be consdered
spedifically.

ADIABATIC REACTORS

The mass- and energy-badance equations must be solved numericdly in the generd situation
where heat is transferred to or from wadls. There are three terms on the right Sde of the
energy equation, heat flow with reactants and products, reaction heat, and heat transfer
through walls. However, the adiabatic reactor is a specia case where we need to solve only
one equation for a single reaction.

The adiabatic reector is dso an important limiting case of red reactors. As we have
noted previoudy, the isotherma reactor (previous chapters) is a limiting case where the
energy equation can be ignored. This situation occurs in practice whenever heat transfer

0=UA(T -Tp)
is 0 large that the reactor temperature T is maintained isothermd a T = T..

The other limit of red reactors is where the hest removd term is not infinite but
instead is negligible. We call case where () = 0 the adiabatic reactor. For wall cooling, A,
is proportiona to V1/2 for a tube and to V2/3 for a spherical reactor. Since heat generation
is proportiond to V and cooling is proportiond to A,, cooling becomes more difficult to
maintain as the reactor becomes larger, and, as noted, large reactors frequently must be
operated adiabatically.

Anocther reason why cdculations of the adigdbatic reactor is important is for safety.
Suppose we have a reector operating in a stable fashion with cooling. What happens if
the cooling is suddenly stopped? The limit of this Stuation is the adidbatic reector, and
the engineer must dways be aware of this mode because it is the worst-case scenario
of any exothermic reactor. Note that if AHp > O, we must supply hest to maintain the
reector temperature, and loss of heat will cause the reactor to cool down and the rate will
decrease sofely.

Adiabatic CSTR

Here the mass- and energy-baance equations are

Caio Ca=1r(Cs T
)r(CA, T)

T—T0=t( il
pCp




Adiabatic Reactors 219

We dill have the r(Cy4, T) factors in both terms, but note that they are identica in both
energy- and mass-balance equations. Therefore, r (CA, T) may be diminated between them
by dividing the second equetion by the first to yied

-AH, —AHg -—-AHR>
T-T,= = Chao—Ca) = CaoX
0=T oC, r ( oC, )( 40 — Ca) ( oC, Ao

or

pCp
Note the sgn on terms in these equations. T increases as a reaction proceeds (CA decreases)
if AHg is negative (reection exothermic), as we know it must be since resction is then
generating heat. For an endothermic reaction T decreases as a reaction proceeds.
To amplify the gppearance of these equations, we will find it convenient to define a
new varigble
_ "'AHRCAO
rCp
s0 that the previous equation becomes
T-T,=JX

This has exactly the same dgnificance as the preceding equation, but the congtants are
grouped in J, which has the units of temperature and will be postive if the reection is
exothermic.

Adiabatic PFTR

Here the equations are

dCy4
oA T
u—- r(Ca, T)

WL ("AHR)r(cA, T)

dz pC,
The right-hand sdes both contain r; so we can divide the first equation by the second to
yield
aT _ (—AHR)
dCA - pcp

The right-hand dde is condant (assuming AHg and pC, are independent of T and
composition); so we can integrate this single differentid equation between T = T, ad
Cy=Cpoat z=0to T and C, a podtion z. This gives

—AH, —AH
T-T,= ( CR)(CAO—CA)=< pc")cAoX = JX

PLp P

which is an identical expresson as we obtained for the adidbatic CSTR.



220 Nonisothermal Reactors

We can generdize this for any reactor since we assumed nothing about r (C4, T). The
preceding relation is true for any single reaction in any adiabatic reactor, no matter what the

kinetics or resctor flow pattern. This smple relation between C4 or X versus T is plotted
in Figure 5-4.

Example 5-2 Find Cy4, — C4 versus T for areaction with A Hg = -20 kcal/mole, pC, =
1000 cal/liter K, T, =300 K, and C4, =4 molesliter in an adiabatic reactor. What is the
temperature if the reaction goes to completion?

The previous eguation

T_T,= (’AHR) (Cio — Ca)

pCp
becomes
20000
T = 300 + 4 - =300 +80 — 2
To00 &+~ Ca) 0Ca
= 380 — 20C,

Thus T is 300 K initidly and 380 K if the reaction goes to completion, and this
would be true in any adiabatic reactor.

This reaction is in agueous solution. Why might bad things happen if this reactor were
operated with Cyo = 5 molesliter?

Throughout this chapter (and throughout this book) we will make the frequently
ungtated assumption that AHg and pC, are independent of temperature and composition.
They are of course dependent on T because C,, of each species depends on T. Each species

CAO_ 10_
CA - X -
0 0

Figure 54 C4 and X versus T for an exothermic adiabatic reactor with a single reaction with constant
—AHg/pC).
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of course has a different heat cagpacity, but we will unless stated otherwise assume that these
can be ignored. The actual vaue of A Hg is computed through the relation

T
AHp = AH 595 + ij”ijj ar
298
where AHpR 4 is the heat of reaction in standard state at 298 K, and C,; is usualy written
as a polynomid in 7. It is frequently a good approximation to assume that AHg = AHp 59,
which is equivdent to having dl hesat capacities condant. We adso assume that the average
heat capacity of the fluids is independent of compostion, especialy when reactants are

diluted with solvent. The mathematics becomes more complex if we have to include these
factors, dthough the principles remain the same.

Multiple reactions

For multiple reections smilar arguments hold. For multiple reactions in the CSTR in which
A is areactant (v, = -1) in dl reections, we can write

CAO_CA=CAOZ '=TZE

i=l1 i=1

pC,)(T =To)= 5 Z(—AHRi)r,-
i=1
Therefore, divison of the second equaion by the first equation yields

R
—AHg;
T-T7,= Z oC, CaoX;

i=1
In these expressons we have defined the tota conversion of A as a summation of its
converson in al reactions,

Xy = CA" = ZX

Only if A is a reactant in dl reactions (v;4 = -1) can this Smple relaion be written in
terms of X;. In the previous chapter we also used conversion to describe a reactant species
such as X4, but this definition of X; refers to the conversion of the ith reaction.

Solutions

For the adiabatic reactor we have a unique relation between T and conversion. We can
therefore solve for T and eiminate it from the mass-baance equation. For the CSTR the
mass-balance equation for a single first-order irreversible reaction

A > B r=k(T)Ca, AHp

Cao=Ca=1r(Ca, T) = Tk(TNCs
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We can diminae T in k(T) to obtain

E
Cuo=Ca=1k,C -
4 A= Thta €0 ( RIT, — (AHr/pCp)(Cao = CA)])

Thisis a single equation in C4 and 7. It is not easy to solve explicitly for C4(7), but it can
easily be solved for T(Cju),

. CAo - CA N _ E
T DG [(C’“ Cal/ Cako C"p( R[To—(AHR/pcp)(cAo—cAn)]

Therefore, this problem can be solved smply by determining vaues of t versus vaues of
C, for secified vaues of congants.
In the adidbatic PFTR the differentia equation is

dCy _ Csk, ex ( E )
dr A TP TR, = (AHe/pCp)(Cao ~ Co)]
which can be separated and integrated to yield

Ca
_fac, —E
TE / KT)Ch / dCa/ [C""" e"p(R[To—(AHR/pcpcho—cA)])}

Cao Cao

This expresson must be solved numericdly, but it is a single integrd expression, which
can be integrated directly rather than two sSmultaneous differentid equations.

Example 5-3 Plot C4(t) and T (v ) for the reaction A — B, r = k(T) C, in an adiabdic
PFTR for E = 30 kcal/mole, k, = 2.6 x 1020 min™", AHg = -20 kcal/mole, pC, = 1000
cal/liter K, T, = 300 K, and C,, = 2 moleslliter.

This is the same reaction we used in the previous example, because k = 0.05 min™"
a 300 K, but now the temperature varies. The preceding equation becomes

L / _dCa
- K(T)Cy
CAo

Cy
_ dCy

- J Cax26+ 1020 exp{(—15000)/[300 — 20(2 — CA)]}

We can ea€ly integrate this equation numericdly to find the sblutions for the
PFTR. We can dso solve the dgebraic equation for the CSTR. We will solve this
problem numericaly usng a Soreadsheet in the next example, but in Figure 5-5
we just plot the solutions X(r) and T(t).
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Figure 5-5 (CjandT versust org
in an adiabatic PFTR. Thetimeisin
minutes.

350 T (or 2)
340[
T 330
(C) 320
310
S N
1 (or 2)

It is interesting to compare C4(7) for the adiabatic reactor with the solution for the
reactor maintained isotherma a 300 K. For the isotherma PFTR, the solution is

1. Cao 1 2

r=-1 = —In —

k Ca 005 Ca

or

C,(t) = 2e 005
These solutions C, (1) are plotted in Figure 5-6. Several features of these curves are worth
noting. Firdt, the adiabatic reactor requires a much shorter 7 to attain complete conversion
than does the isotherma reactor. Second, the shapes of the curves are quite different,
with the isotherma reactor exhibiting the standard exponentid decay but the adiabatic
reector exhibiting an acceleration in rate as the reaction proceeds because the temperature
increases.
For the adigbatic CSTR we have to solve the equation

r:M—(c —C)/[kCex (— £ )]
K(T)C, Ao T B oA P R IT T (AHR/pC))(Cao — C)]

20 =Cy

Ca x 2.6 x 1029 exp [— 15000 }

300 — 202 - Cy)
This is dso plotted in Figure 5-7.
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Figure 5-6 C4 versus t or z in an isothermal
PFTR maintained at 300 K and in an adiabatic
PFTR starting at T, = 300 K.

2.0

Ca 10

T (min)

Figure 57 C4 ad T vesus 7 in an adiabatic CSTR. The unusud
shapes of these curves will require condderable examinaion in this
Chapter and in Chapter 6. Residence timeisin minutes.

340 -
T 330+
") 320+
310 -
300' 1 |
0 0.5 1 1.5 2
T —>

Note severa festures of these solutions. Firgt the C4(t) and T(f) solutions have
identical shapes (but T increases as 4 decreases for the exothermic reaction) for the
adiabatic reaction in these reectors or in any adiabatic reector. If we plot Cy4, — C, versus T
from these solutions we obtain Figure 5-8, because, by the previous arguments, this must be
a sraight line for any single reaction in any reactor as long as parameters do not depend on
temperature or composition. Second, note that the CSTR in this example requires a shorter
residence time for a given converson than a PFTR. Third, note that the CSTR exhibits
multiple values of C4 and T for arange of 7. This sStuaion is physicdly red and will be
the subject of the next chapter.
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2 PFTR / 2l csTR -
1.5¢ 1.5F 7
CaoCa 1F / CaoCa 1[ Rad .

05 0.5 'y

0 I | L I 0 I I 1 L
300 310 320 330 340 300 310 320 330 340

T(°C) T(°C)

Figure 58 Plot of C4, = C4 versus reactor temperature T for the adiabatic reactors of Figure 5-7. For the CSTR the points
indicate the steady dates for 7 = 1 .0 min.

While the draight-line graphs of the adiabatic trgectories in the X-T plane appear
amilar for CSTR and PFTR (but they are different curves), their sgnificance is quite
different. For the PFTR the graphs can be thought of as plots of concentration and
temperature versus position in the reactor, while in the CSTR 1 = V/v is the resdence
time for a paticular sst of feed conditions. In the CSTR the solutions C4(1) and T(t)
are the locus of solutions versus resdence time. This difference has great sgnificance for
the CSTR, and, as we will see, it suggests that sometimes states on these curves are not
accessble but are in fact unstable.

Other reactions

We have used the first-order irreversble reaction as an example, but this is easy to generdize
for any reaction, irreversble or reversible, with any kinetics. In a PFTR the mass-bdance
equation for an arbitrary reection becomes

CA Ca
= / dCy / dCy
- r(Ca, T) - Fad(Ca)
Cho Ciao
where we define ryy (Ca) as the rate versus C 4 with the temperature varying as the converson
changes.
The 1/r plot

Let us return to the graphica construction we developed in earlier chapters for isothermal
reactors, because for nonisothermd reectors 7 is ill the area under curves of plots of 1/r
versus C4, — CA. For the firg-order irreversible reaction in an adiabatic reactor 1/r,g is
given by
1 1
ra(Ca)  Cako exp{—E/R[T, . (—AH/pCp)(Cpo — Ca)l}
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& Example 5-4 For the irreversble firg-order reaction with parameters in the previous
example, caculae t in adiabatic PFTR and CSTR from a table of I/r versus Cj.

We compute I/r versus Cyo — CA from the eguation
1 1

rad(C1) . Cako eXp{—E/RI[To + (—AH/0Cp)(Cro — CI}

i _ :

i Ca x 2.6 x 10% exp{—15000/[300 + 80(2 = Ca)]}

We can caculate vaues of 1 usng a Smple spreadsheet as shown in Table 5-1.
The previous figures of C4 and T versus T were obtained from the first and second
columns of this spreadsheet for the ts in the lagt two columns, because from the
previous equations, we see that

Ca
dCy ACy
T = ——— T
PRTR kC, 2 kC4
CAo
tesr - CAo—Ca
~ K(T)Ca)
These vaues of I/r are plotted versus C4, — C4 in Figure 59. The rectangles

have aress indicated in Table 5-1. The sum of these areas is an approximation to
the residence time in an adiabatic PFTR because

Ca
dCyu AC,
T - =
PRIR C/ 72d(Cy) Z kCy
Ao

The lagt two columns show tpprr and Testr; SO One can Smply reed C4 (1) and
T(t) from Table 5-1, and, snce this is the same problem worked previoudy, the
previous graphs can be plotted smply from this spreadsheet (see Figure 5-10).

TABLE 5-
Spreadsheet Solution for Adiabatic PFTR and CSTR

r 1/r Area TPFTR TCSTR
Cy T k kCa  1/kCy  ACa/kCq X ACa[kC4 (Cao — Ca)/kCy

2.0 300 0.05 0.1 10 — —
W18 304 0097 0174 5.14 115 115 1.15
W16 308 0.184 0.294 3.40 0.680 1.83 1.36
| 14 312 0.343 0.480 2.08 0.416 2.24 1.25
1.2 316 0.630 0.757 1.32 0.264 2.51 1.06
10 320 1.14 1.14 0.876 0.175 2.68 0.876

0.8 324 2.04 1.63 0.614 0.123 2.81 0.737

0.6 328 3.58 2.15 0.465 0.093 2.90 0.651
0.4 332 6.21 2.48 0.402 0.080 2.98 0.64
= 02 33 106 2.13 0.470 0.094 3.07 0.84

0.0 340 18.0 0 e ¢] o0 co co
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Figure5-9  Plot of I/r versusC4, = C4 for the previous
example. It is seen that r increases and then decreases so
that 1/r has a strong minimum. The arrows indicate the
three possible steady states in a CSTR for ¢ = 1.0 min
(dashed rectangles).

s

o

S

CSTR
PFTR

I 1 J
1 2 3 4

T (min)

%F‘igw‘e 510 Reddence times in a PFTR and CSTR for adisbdic reactors The CSTR can require a much smdler
};w 7 than the PFTR and can exhibit multiple steady states for some z (arrows).
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Euler’s method solutions of differential equations

The 1/r solution is in fact just an Euler's method approximetion to the integrd for the
PFTR, in which one approximates the integrd as a summation. The caculation is not very
accurate because we used a 0.2 moles/liter step size to keep the spreadsheet smdl, but it
illustrates the method and the identity between Euler's method and a spreadsheet solution.
Thus we see that for nonisotherma reectors this 1/r versus C4, — C4 Curve is not
adways an increesng function of converson as it was for isothermd resectors even with
positive-order kinetics. Since the 1/r curve can have a minimum for the nonisothermd
reector, we confirm the posshility that the CSTR requires a smdler volume than the PFTR
for pogtive-order kinetics. This is true even before the multiple steady-state possibilities are
accounted for, which we will discuss in the next chapter. This is evident from our 1 /r plot
for the PFTR and CSTR and will occur whenever r hes a aufficiently large maximum that
the area under the rectangle is less than the area under the curve of 1/r versus Cy, — Cy.

Reversible reactions

The nonisothermd behavior of reversble reections is especidly interesting because the

equilibrium compostion is temperature dependent. Recdling our description of reversible
reections, we wrote for the rate expresson

R ‘ R
r=r r=kT ] c;"ff -kMm 1™
j=1 j=1

and we noted that near equilibrium the reaction kinetics become eementary and that the
rate coefficients are related to the equilibrium congtant by

k(T) k —(E—E")/RT —AGo/RT —AH/RT v

K(T) = k—Ze /RT Keo(T) =e o/RT — K e /RT HC].]
We will find it convenient to use X rather than C, as the compostion variable for a single
reaction and consder C,. and X, as the corresponding quantities at equilibrium. For an
endothermic reaction A Hg > 0 and X, increases with T, while for an exothermic reaction
AHg <0and X, decresses with T.

Since our god is frequently to atain a high converson in a reactor, the relaion of

equilibrium to reector temperature is obvioudy important.

Example 5-5 A chemig obtained the kinetic data in the previous example [Rumors are
creulding that he started out in chemicad engineering but faled thermodynamics and never
had a course in reection engineering.] He says that he made a dight mistake and the reaction
is not quite irreversible but the equilibrium conversion is actualy 0.95 a 300 K. He doesn't

think this will be a serious eror. Is he correct?

We need to cdculate the rate versus temperature and the equilibrium conversion
versus temperature. From the requirement that the rate must be conssent with
equilibrium, we have

AH,=E-F =-20 =30 - 50
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] ]
300 325 350 375 400

Figure 5-11 Equilibrium conversion versus 7' for an exothermic reversible reaction in
preceding example.

Therefore, since the conversion is given a 300 K, we can determine k,, and the
complete rate expression,
r =26 x 10* exp(=30,000/RT)C (1 = X)
=39 x 10* exp(—50,000/RT)C 40X
and the equilibrium converson is given by the expresson

4

1- X,

Keq = 6.7 x 107" exp(+20,000/RT) =

This gives equilibrium conversons in the teble:

T (K) Keq Xe
300 19 0.95
310 6.8 0.87
320 25 0.71
330 097 049
340 040 0.29
350 0.17 0.15
400 0.005 0.005

These data are plotted in Figure 51 1. Thus we have a very serious problem if
this reaction is revershle because the adiabatic reactor trgectory intersects the
equilibrium curve a a low converson. For these kingtics, eguilibrium limits the
process to a very low conversion a high temperatures.

TRAJECTORIES AND PHASE-PLANE PLOTS

We need to examine the solutions of the reactor mass- and energy-baance equations, starting
a Cyo, X =0, T =T, and proceeding (continuoudy in a PFTR and discontinuoudy in a
CSTR)to Cy, X,and T & 1, z,0r L.

For this we will find it convenient to examine trajectories of Cx(t) or X(r) and T(t)
in a phase plane of X versus T. Thus we do not examine explicitly the time or position
dependences but instead examine the trgjectory followed as the reaction proceeds.
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We need to follow r(X, T), and a convenient way to do this is to map out lines of
congtant r inthe X-T plane. At equilibrium r = 0 and we have X,(T), which is a curve
going from X = 0 a low temperature to X, = 1 a high temperature for an endothermic
reectionand X =1 a low T and g, = 0 a high T for an exothermic reaction.

We can plot lines of congtant r for any single reaction, but for smplicity we consder
A — B,

FX,T) = koo E/RTCy = ke E/RT (Cpo = Cy)
= ke ERT Cpo(1 = X) = kLe E/RT O X
At r = o this gives
c X, ko
Keq(T) = M = = ;
[Ch] 1-Xe K
which can easily be plotted.

!
e—-(E—E )/ RT — Koe—AH/RT

# Example 56 For the example discussed plot lines of congtant # for ¥ = 0, 1, 10, 100 in
- the X(T) plane.

We have to solve these eguations numericdly, and the solutions are shown in
Figure 5-12.

Figure 5-12 Plots of lines of constant

1.0 ratein the X — T plane for an exothermic
reversible reaction.
X
AH R <0
irreversible
0 |
T
1.0E
A H R < 0
reversible
X
. /\ I
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TRAJECTORIES OF WALL-COOLED REACTORS

We next examine trgectories on these grgphs. Two of these are smple draight lines: a
vertical line a temperature 7, for the isotherma (UA — oo) reactor and a draight line
sarting & T, with sope (—Ca,AH/pC,)™" for the adiabatic reactor.

Possible  trajectories

In Figure 51 3 are plotted the possble trgectories for the exothermic reaction. These are
the limiting cases of the trgectory in a wall-cooled reactor, and any wadl-cooled reector
will have a trgectory between these two graight lines. The trgectory cannot go above the
equilibrium curve X,(T). For an adiabatic reactor the curve stops there, and for finite UA,
the curve finishes & X, a T..

For an endothermic reaction we assume that the reactor is heated rather than cooled
2o tha T, > T,. (We are now usudly heating so we should write T;, rather than T..)
Since AHg > 0, the dope of the adiabatic curve is dso negative, and the equilibrium
converson is the reverse of that for the exothermic reaction. The corresponding regime of
possible trgectories for an endothermic reaction is shown in Figure 5-14. This sStuation is
generdly uninteresting because we usudly want to heat an endothermic reactor as hot as
practica because the rate and the equilibrium converson both increase with temperature
(see Figure 5 5).

However, for exothermic reactions we see that we have a tradeoff between high initia
rates a high temperature and high equilibrium conversion a low temperature. We therefore
sk an optimum where the initid rate is suffidently high to require a smdl sze and the
equilibrium converson is acceptable. For an exothermic reection in a tubular reactor there
is therefore some optimum program of T, T, and geometry for a given reactor with given
kinetics and feed.

These arguments do not hold in a CSTR because the converson and temperature jump
discontinuoudy from X =0, T = T, to X, T in the resctor and &t the exit. Trajectories are
continuous curves for the PFTR but are only sngle points for the CSTR. We will examine
this in more detall in the next chepter.

Figure 5-13 Possible region of trgjectories for exotbermic re-
versible reactions, starting at feed temperature T, with cooling
from the wal & temperature Tc. Trgectories must be in the shaded
region between the adisbatic and isothemd curves and beow the
equilibrium curve.
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Figure5-14 Possible region of trajectories for endothermic and
for reversble reactions dating a feed temperdure 7, with hedting
from the wdl & temperaiure Tj. Traectories must be in the shaded
region between the adiabatic and isothermal curves and below the
equilibrium curve.

possible
trajectories

Figure 5-15 Possible trajectories for different amounts of wall
heating for an endothermic reversible reaction, starting at feed
temperature T, with heating from the wall at temperature 7j,.

Findly we sketch the possible trgectories that might be followed in an exothermic
reaction in a cooled reactor. The trgjectory starts at the feed condition of C4 = Cy4o, X = 0,
T =T, and when 1t goes to infinity, the trgectory will end up a 7. a the equilibrium
composition X,. Sketched in Figure 5-16 are three trgectories.

We digtinguish between four types of trgjectories of these curves:

(8 Nearly adiabatic. If UA, is smdl, then the reection firgt follows the adiabatic trgectory
up to X, a the adiabatic temperature, and then it moves dong the equilibrium curve
out to T;. This is not efficient because the rate will be very smdl near X,.

(b) Optimd trajectory. If we choose UA, coptimally, we initidly trace the adiabatic curve
(maximum T and therefore maximum rate) out to where the rate is a maximum. Then
the temperature fals as converson incresses to findly wind up a X, and T..

(c) Moderate cooling. Here the cooling is enough that the temperature does not increase
grongly but rises nearly isothermdly until the rate dows enough that the temperature
cools back to T, as X approaches 1.



Figure 5-16 Possble traectories for an exothemic reversble re-
action, starting at feed temperature 7, with cooling from the wall at

temperature 7.
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(d) Srrong cooling.

(e) Nearly isothermd. If UA, is large, then the reactants immediately cool down to 7, and
the reaction proceeds up to X, at temperature 7,. This curve gives a high converson,
but the rate should be dow because the temperature in the reector is low.

In designing a wall-cooled tubular reactor, we want to operate such that the trgectory
days near the maximum rate for al temperatures. Thus for an exothermic reversible reaction
the temperature should increase initidly while the conversion is low and decrease as the
converson increeses to stay away from the equilibrium congtraint. One can easily program a
computer to compute conversion and T versus T to dtain a desred conversion for minimum
T in a PFTR. These curves are shown in Figure 5-17 for the three Stuaions.

Ancther way of visudizing the optima trgectory for the exothermic reversble
reaction is to consder isothermal reection rates a incressng temperatures. At T, the
equilibrium converson is high but the rete is low, a T, the rate is higher but the equilibrium
converson is lower, a 73 the rate has increased further and the equilibrium conversion is
even lower, and a a high temperaure T, the initid rate is very high but the equilibrium
converson is very low.

These four isotherma trgjectories are shown in Figure 5-18, a long with plots of r
versus X and plots of I/r versus X. It is seen tha the minimum resdence time in such
a reector is one in which the temperature decreases to maintain the lowest I/r as the
converson incresses from O to 1.

EXOTHERMIC VERSUS ENDOTHERMIC REACTIONS

It is interesting to note that the exothermic reversble reection A = B is identical to the
same endothermic reversible reaction B 2 A. This can be seen by plotting X versus T and
noting thet the r = O eguilibrium line separates these two reactions. In the reaction A 2> B
the rate in the upper portion where r < 0 is exactly the resction B 2 A. We defined dl rates
as positive quantities, but if we write the resction as its reverse, both r and A Hp reverse

sgns This is plotted in Figure 5-19.
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C N Figure 517 Plotsof C4 andT versus 5 for anexothermic
Ao d > reversible reaction for situations sketched in the previous
( ) figure.
(©)
(b)
Ca @
0
(a)
T (b)
T (c)
o T~
(d)
Tc F —

Figure 5-18 lllugration of isothemd tra
jectories for an exothermic reversible reac-
tion. At the lowest temperature the rate is
low but the equilibrium converson is high,
while at the highest temperature the initial
rate is high but the equilibrium conversion
islow. Fromthel /r versus X plot at these
temperatures, it is evident that 7 should de-
ceee & X increaes to require a minimum
residence time.

O'THER TUBULAR REACTOR CONFIGURATIONS

Multiple reactors with interstage cooling

It is sometimes possible to overcome the problem of low X, with adisbatic operation by
using severd adiabatic reactors with cooling between reactors. Thus one runs the first reactor
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Figure5-19 Plot of X vesus T for an exother- 1.0
mic reversible reaction A 2 B. The upper por-

tion of this curve where ¥ < 0 can be regarded

as the endothermic reversible reactionB 2 A if

the sign of r isreversed or if X is replaced by

1-x

up to near the maximum rate, then cools and runs the second reactor up to near the maximum
a that temperature, and continues through successve reactors and heat exchangers until a
satisfactory conversion is atained.

The reactor configurations and possible trgectories for three adiabatic reactors with
interstage cooling are shown in Figure 5-20.

There are saverd examples of exothermic reversible reactors where interstage cooling
is practiced. One is methanol synthesis from synges

CO + 2H; — CH,0H, AHp = -25 kcdlmole

As discussed in Chapter 3, this reaction is reversble a 250°C, where the commercid
reactors are operated, and it is common practice to use interstage cooling and cold feed
injection to atain high converson and extract reaction heat. Another important reaction is
the water-gas shift, used to prepare industriad H, from syngas,

X X X
-] — | f . 8
ind ind
3CSTRs

T— T—

Figure 5-20 Trgectories in the X versus 7 plane for three reactors in series with interstage  cooling.
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CO + H,0 — CO, +H,,  AHg = -10 keal/mole

This process is typicaly run with two reactors, one a ~800°C, where the rate of the reaction
is high, and the second a ~250°C, where the equilibrium conversion is higher.

We have discussed these reections previoudy in connection with equilibrium lim-
itations on reactions, and we will discuss them again in Chapter 7, because both use
catadysts. These reactions are very important in petrochemicas, because they are used
to prepare indudrid H, and CO as wdl as methanol, formaldehyde, and acetic acid. As
noted previoudy, these processes can be written as

CH; — CO + H; — CH;0H — HCHO

— CH3;COOH

All steps except the first are exothermic, dl reactions except HCHO synthesis are reversible,
and dl involve essntidly one reection. Energy manegement and eguilibrium considerations
are crucid in the design of these processes.

Jacketed PFTR

The cooled TR is frequently operated with a cooling jacket surrounding the reactor in a
tube-and-shdll configuration. This looks smply like a tube-in-shell heat exchanger, typicaly
with catdys in the tube to catalyze the reaction.

A mgor example of this reector is ethylene oxidation to ethylene oxide (EO)

CHy + 30; > GH,0

CoHy + 30, = 2CO; +2H,0

As noted in Chapter 2, the heat release in the second reaction is much greater, so that much
more heat is released if the sdectivity to EO decreases. For world-scae ethylene oxide
plants the reaction is run in a reactor condsting of severa thousand |-in-diameter tubes
-20 ft long in a tube-and-shdll heat exchanger. Heat transfer is accomplished using boiling
recirculating hydrocarbon on the shell sde to absorb the reection heet. This heat transfer
method assures thet the temperature of the tubes is constant at the boiling point of the fluid.

If the coolant flow rae is suffidently high in a jacketed reector or if bailing liquid
is used as the heat transfer fluid, then T, is congant, as we have assumed implicitly in the
previous discussion.

However, with finite flow rate in the jacket, the coolant may heat up, and we must now
distinguish between cocurrent and countercurrent flows. While it is true that countercurrent
operation gives better heat transfer for an ordinary exchanger, this is not usualy desired
for a tubular reactor. Hest is generated mostly near the reactor entrance, and the maximum
amount of cooling is needed there. In countercurrent flow, the coolant has been heated
before it reaches this region, while in cocurrent operation, the coolant is the coldest exactly
where the heat load is greatest. Thus cocurrent operation reduces the hot spot, which can
plague cooled tubular reactors with exothermic reactions.

llustrated in Figure 5-21 are possible temperatures of reactor and coolant versus
postion z for cocurrent and countercurrent operation.
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Figure5-21 Temperature profiles for cocurrent and countercurrent cooled PFTR with feed temperature T, and
coolant feed temperature Tto.

A mgor god in wdl cooling is to spread out the hot zone and prevent very high
peak temperatures. High pesk temperatures cause poor reaction sdlectivity, cause carbon
formation, deactivate catalysts, and cause corrosion problems in the reactor walls. Cocurrent
flows spread out the hot zone and cause lower pesk temperatures, but many additiona design
festures must be considered in designing jacketed reactors.

Temperature profiles in jacketed reactors can be examined rather smply by writing
the energy badance on the coolant and on the reactor. In analogy with the energy-baance

equaion in the PFTR
dT -AH Upw
U— = r(Cy4, T) —
= o0, O Ry
we assume that the coolant aso obeys plug flow; so the energy baance on the coolant
becomes

(T-T)

dT. Upw
“G T TacA T

We have of course omitted any heat generation by reaction in the coolant, and we
have defined the corresponding quantities for the coolant with the subscript ¢. Note dso that
we have reversed the sign of the heat-remova term because whatever heet is transferred
from the reactor mugt be transferred into the coolant.

The student should recognize these problems with the jacketed reector as similar to
those encountered in andyss of heat exchangers. The only difference in chemica reactors
is that now we have consderable heat generation by chemica reaction on one sde of
the heat exchanger. The eguipment used for these reectors in fact looks very smilar to
heat exchangers, but pressures, temperatures, and catalysts must be chosen very carefully,
and materids of congruction are frequently more difficult to ded with in the reective
environment.
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Feed cooling

A find mode of heat transfer in tubular reactors is the feed-cooled reactor, where the hot
products from the reactor are cooled by the feed before it enters the reactor. As shown in
Figure S22, the cold feed in the jacket is prehested by the reaction in the inner tube or
a heat exchanger is used for this purpose before the reactor. Temperature profiles for feed
cooling are shown in Figure 5-22,

One interesting characterigtic of this type of reactor is that the maximum temperature
of the products can be above the adiabatic temperature predicted for reactant temperatures
before heat exchange. Hest is retained in the reactor by prehegting the feed, and temperatures
in some sStuations can be many hundreds of degrees above adiabatic. This can be useful in
combugtors for pollution abatement where dilute hydrocarbons need to be heated to high
temperatures to cause ignition and attain high converson with short residence times.

THE TEMPERATURE PROFILE IN A PACKED BED

Thus far we have only conddered the PFTR with gradients in the axia direction. The heet
transfer to the wall a temperature T, was handled through a heeat transfer coefficient U. The
complete equions are

acC

_aTj +u-VC; = D;V*C; +vjr

oC, (aa—f +u- VT> = ky V2T + (= AHp)r
where u is the velocity vector, VC; and VT ae the gradients of concentration and
temperature, respectivdly, and kr is the effective therma conductivity in the resctor. If
we retain the plug-flow approximation, then these gradients are in the z direction only and
we lump heet transfer in the radid direction through an overdl heat trandfer coefficient 4.
However, heat trandfer from the wals must occur by temperature gradients in the radid
direction R, and these show up in the term

TT Figure 5-22 Temperature profilesin awall-cooled reactor
I with countercurrent feed cooling.
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VZi=—i - —
&2+R3R( )

If we assume that the reactor is in steady state and that in the z direction the reactor is ill
in plug flow, then the equations for a firg-order irreversble reaction become

dCy
—— = —kCy(z, R
u = 4z, R

CuaT k L9 RaT + (—AHR)kC
Pt g T RAR\" BR RIKCa
We need to solve these equations with inlet conditions
Ca = Cao
T=T,

a z = 0 as before. However, now we need to add two boundary conditions on temperature
in the radid direction,

T= Ty, R= £R,/2

aT

R

a wdl as additional boundary conditions on C4. For a tubular resctor we can solve
these equetions numericaly to yidd Cu(z, R) ad T(z, R. These solutions are plotted

Ca(z,

=0, R=0

Figure 5-23 Plots of reactant and temperature ¢
profiles versus axid postion z and radid postion A
x in awall-cooled tubular reactor. The reactor

can exhibit a hot spot near the center where the

rae is high and cooling is least.

EERREY =

-
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The notable feature of the wall-cooled tubular reactor is that there can exist a hot spot
near the center of the reactor and near the entrance. We saw this for the lumped modd, which
dlowed only for vaiations in the z direction, but when radid variations are dlowed, the
effect can become even more severe as both temperature and concentration vary radidly.

If we examine the temperature and concentration profile in the radia direction for the
plot in Figure 523, we obtain gragphs approximately as those in Figure 5-24.

We used the wal temperature T, in the boundary condition, and this may be different
from the coolant temperature 7., There may be temperature variations across the wdl as
well as through the coolant. These are described through the overdl heat transfer coefficient
U, but in practice dl these effects must be considered for a detailed description of the wall-
cooled tubular resctor.

5.1 Find Q(r) or Q(z) necessary to maintain a 5 liter batch reactor or PFTR isothermal reactor at
300 K for the reaction A — B, r = kC, in agueous solution with k = 2.0min‘1, Cpo =2
molelliter, A Hg = -30 kcal/mole. What is the average rate of heat removal for 95% conversion?

5.2 Cdculate C4 (T) and T (1) if the above reaction is run in an adiabatic PFTR to 90% conversion
if the reaction activation energy is 6000 cal/mole.

5.3 Under what conditions would you have to worry about boiling in the reaction of the previous
problem? How might one design a reactor to process 5 molar feed to eliminate boiling?

5.4 What is the ratio of volumes required for adiabatic and isothermal operation for this reaction?

5.5 Compare T (z) and T,(z) trajectories of a wall-cooled PFTR with cocurrent and countercurrent
flows. Which configuration is more likely to produce more problems with a hot spot in the
reactor?

Figure5-24 Plotsof Caand T versus radid position
R for a wall-cooled reactor. The temperature is highest
and the conversion is lowest near the centerline.
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5.6 The maximum reactor temperature is much more sensitive to feed temperature for feed-cooled
tubular reactors than for tubular reactors with a separate cooling stream. Why?

5.7 A tubular reactor in which the feed is heated by product in a countercurrent adiabatic config-
uration can attain a maximum temperature much hotter than the adiabatic temperature (and in
fact it can be infinite). Sketch 7'(z) to show why this is so.

5.8 [Computer] Plot C4(t) and T (z) for the reaction A — B, r = k(T)C, in an adiabatic PFTR
for E = 30 keal/mole, k, = 2.6 x 10?° min~!, A Hg = -20 kcal/mole, pC,, = 1000 cal/liter K,
T, =300 K, and C4, = 2 moles/liter. [This is the example in the text.] Repeat these calculations
for C4,=0.1,05,1.0, 2.0,4.0, and 10.0. Wherever possible, plot C4 (r) and T(t) on the same
graphs to display the differences with initial concentration.

5.9 [Computer] Plot C4(t) and T(t) forthereaction A+B — C, r = k(T)Cﬁ inanadiabatic PFTR
for E = 30 kcal/mole, k, = 2.6 x 10?° liter/mole min, A Hy = -20 kcal/mole, pC, = 1000
callliter K, T, =300 K, and C4, = Cp, = 2 moles/liter. [This is the example in the text but
with second-order kinetics.] Repeat these calculations for C4, = Cp, = 0.1,0.5, 1 .0, 2.0, 4.0,
and 10.0. Wherever possible, plot C4(t) and T () on the same graphs to display the differences
with initial concentration.

5.10 [Computer] Plot C4(1) and T () for the reaction A — B, r = k(T)C, in an adiabatic PFTR
for E = 30 kcal/mole, k, = 2.6 x 102° min~!', A Hp = -20 kcal/mole, pCp, = 1000 calfliter K,
T, =300 K, and C4, = 2 moled/liter. [This is the example in the text.] Repesat these calculations
for T, =280, 290, 300, 310, 320, 330, 340, and 350 K. Plot C4(t) and T(s) on the same graphs
to display the differences with initia 7.

5.11 Thereaction A — B, r = kC4 is carried out in an adiabatic CSTR with C4, =2.0 moles/liter
and T, =300 K. It is found that 50% conversion is obtained with T = 4 min, and the reactor
temperature is 350 K.

(a) Find k at 350 K.

(b) The reaction is in water with pC,, = 103 cal/liter K. Find the heat of the reaction.

5.12 [Computer] Sketch lines of »(X,T) on an X versus T plot for A — B assuming the reaction
is (a) irreversible, (b) reversible and endothermic, and (c) reversible and exothermic.

5.13 Show that (X, T)for A = B, r = kyCs — k;Cp has a maximum (8X/dT), = O if the
reaction is exothermic but not if endothermic.

5.14 [Computer] Plot C4(7) and T(r) in a wall-cooled tubular reactor for the liquid-phase reaction
A =, k(T) = 1000 exp(-3000/T) min~!, A Hg/pC, = 17 K liter/mole, C4, = 1 molelliter.
The heat transfer coefficient is 5 min—!. Consider a feed temperature of 300 K and different
wall temperatures in 50 K increments starting with 250 K.

5.15 (a) Sketch r versus Cy, — Cy4 for a reversible exothermic reaction if the reactor is operated
isothermally at a range of temperatures where the equilibrium conversions go from high to
low.

(b) From I/r plots show how severa isotherma PFTRs in series could achieve a higher
conversion with a smaller total volume than a single isothermal PFTR.

(c) Why is this generaly not an economica reactor design?
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5.16

5.17

Sketch r and I/r versus C4, — C4 for a reversible exothermic reaction for fixed 7, and a fairly
low T if the reactor

(@) is adiabatic,
(b) is isothermal at Ty, or
(c) quickly cools to T.

Sketch some possible r and 1/7 versus C s, — Ca curves for an irreversible exothermic reaction
for nonisothermal operation. Show that a CSTR becomes even more attractive for nonisothennal
operation.

5.18 The reaction

519

A — B, r=k(T)Cy, AHg = -25,000 cal/mole
is to be run in aqueous solution at atmospheric pressure.
(a) If the reactor is adiabatic and 7, =300 K, what is the highest C 4, for the reactor not to boil ?

(b) 1t is found that & a 300 K is 0.2 min~! and the activation energy is 30,000 cal/mole. Calculate
X () in an adiabatic PFTR and in an adiabatic CSTR for C4, = 2 moles/liter.

In the preceding reaction it is found that the equilibrium constant is 0.99 at 300 K.
() What is the maximum conversion attainable in an adiabatic reactor?
(b) Calculate X(t) in an adiabatic PFTR and in an adiabatic CSTR for Cy4, = 2 moles/liter.

5.20 The reaction

5.21

A = B, r =k(T)C,, AHp = -25,000 cal/mole

is to be run in agueous solution in an adiabatic CSTR with 7, = 300 K, C4, = 2 moles/liter,
k= 2.0min"" a 300 K, and E =30,000 cal/mole. Calculate and plot X(t), T(t), and X(T),

for initial temperatures varying in 10 K increments starting at 280 K for initial conversions of
X =0 and 1. Do calculations for ¢ =

(& 0.3 min,
(b) 1.5 min,
(c) 3.0 min.

Consider methanol synthesis from CO and H, with a stoichiometric feed at pressures of 10, 30,
and 100 atm.

(a) If the reactor goes to equilibrium, what conversions will be obtained at 250,300, and 350°C
at each of these pressures?

(b) If the reactor operates adiabatically, what T, will give these conversions? Assume Cp, = % R

(c) How many stages are necessary to give 90% conversion in adiabatic reactors with interstage
cooling to 25°C at each of these pressures?

(d) Repeat with interstage methanol separation.

(e) What are the final temperatures expected to compress these gases isentropically to these
pressures starting at 1 atm and 25°C? Assume C, = % R.

(f) Assuming that electricity costs $0.02/kwh, what is the cost per pound of compression for
each pressure?
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5.22 Construct a table of the reactors needed to synthesize methanol from natural gas and water.

5.23

Include reactions, A Hpg, reactor type, heat management method, and catalyst.

Plywood contains approximately 30% binder, which is a urea-formaldehyde polymer. Indicate
the reactions and steps in its synthesis from natural gas and water (and trees). Approximately
how many SCF of natural gas go into a 4x 8 sheet of 3/4-in. plywood?

5.24 Consider an autocatalytic reaction A — B, r = k(T)C4Cpg, in an adiabatic PFTR. This reac-

5.25

5.26

tion has both chemica autocatalysis, which can produce a lag in the rate as the concentration
of prodnct B builds up, and aso thermal autocatalysis, in which the rate accelerates at the
temperature increases. Solve these equations for the example in the text but replacing the
kinetics by the above expression to show how the temperature and C4 vary with 7.

The oxidative coupling of methane to ethylene
2CH,; + O, — C;Hy + 2H,0, AHg = -50 kcal/mole

occurs in an adiabatic tube wall reactor. The feed is 90% CH,4 in O; at atmospheric pressure at

300 K. In excess CHy4 the reaction can be regarded as O, — products with a rate first order in

Pg,, and the change in moles may be ignored. [Do these arguments make sense?] Assume that

the heat capacity of the gases is R

(8 Find the adiabatic temperature if the reaction goes to completion assuming the wall has
negligible thermal conductivity. [Answer: ~800°C.]

(b) Find the reactor wall temperature versus oxygen conversion X.

(c) It is found that 90% O, conversion occurs in a reactor with a very large wall thermal
conductivity such that the wall is isotherma at the exit temperature. For a velocity of 1 m/s,
atube diameter of 0.5 mm, and alength of 1 cm, find the surface reaction rate coefficient in
molecules/cm* sec atm at this temperature. Assume that the gases are incompressible (not
a very good assumption).

(d) Assuming instead that the wall thermal conductivity is zero, show that the conversion versus
position z is given by the expression

X -E
2X)=u [dX/ [(1 = ko &xp (R[T0 + (—AHR/NCP)X]):l

0
(e) The reactive sticking coefficient of O, has an activation energy of 20 kcal/mole. Estimate
Ko-
(f) Find L for 90% conversion of O.

Suppose your apartment has a 50 gallon hot water heater and your shower uses 10 gallons per
minute. The water in the tank initialy is at 120°F and the supply water is at 60°F. The heater
has an on—off control and requires 1 h to heat 60°F water to 120°F.

(a) Describe the temperature of your shower versus time assuming a mixed tank, ignoring the
effect of the heater.

(b) What is the wattage of the heater?
(c) Describe T(t) assuming that the heater is on continuously.

(d) This design is clearly unsatisfactory, and manufacturers configure hot water tanks to
minimize mixing. How can this be done fairly smply? What is T(t) for this system?
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5.27

5.28

5.29

5.30

Reactors

(e) Expensive water heaters provide hot water continuously on demand. Sketch the reactor
diagram and control system that will accomplish this with no storage reservoir. What heater
wattage is required to maintain your shower at 120°F?

Derive the mass-balance equation on species A and the energy-balance equation for a batch
reactor of volume V with rate r(C4, T) with wall coolant area A, and heat transfer coefficient
U.

[Computer] We have a catalyst that causes the oxidative dehydrogenation of ethane to ethylene

CHg + 30, - CoHy + HRO,  AHg = -25,000 cal/mole ethane

The process produces only ethylene in a reaction that goes to completion with a feed of 5 mole
% C,Hg in air in an adiabatic CSTR operated at a pressure of 2 atm with 7 =10 min. We find
that the reaction rate is given approximately by the expression

r= ko exp(—E/RT)CC2H6
with &, = 1.4 x 108 mole/liter min and E =30,000 cal/mole. Assume constant density and that
the heat capacity is % R at al temperatures and compositions. Calculate Ce,p, and T versus t

in steady state in a CSTR and in a PFTR using a spreadsheet to solve the equations as discussed
in the example in the text. Assume Ce,ig = Po,ug0(1 ~ X)/RT,.

We have a catalyst that causes the oxidative dehydrogenation of ethane to ethylene
C;Hg + %02 — C,H, + H;O0, A Hp =-25,000 cal/mole ethane.

The process produces only ethylene in a reaction that goes to completion with a feed of 5 mole
% C,Hg in air in a CSTR operated at a pressure of 2 atm.

(a) If the reaction goes to completion, how many moles are produced for each mole fed into
the reactor?

(b) Find an approximate expression for the temperature versus conversion in an adiabatic
reactor with 7, = 350°C. Assume constant density and that the heat capacity is % Radl
temperatures and compositions. [Answer: T -500°C at completion.]

(c) What is the relationship between the space time and the residence time if the reaction goes
to completion?

(d) We find that the reaction rate is given approximately by the expression
r= ko exp(—E/RT)Ccyn,

with k, = 1.4 x 10® molelliter min and E =30,000 cal/mole. Plot X(T) for T = 1, 3, 10,
30, and 100 min. [This problem can be worked with a calculator and graphed by hand or on a
spreadsheet with graphics].

(e) From this graph determine the conversion and reactor temperature for these residence times.
What startup procedure would you use to attain the upper steady state for T =10 min?

(f) From these curves plot (by hand is OK) X versus T.

Solve (or at least set up) the preceding problem exactly, taking account of the density change
caused by mole number changes in the reaction and to the temperature variations.
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4= MULTIPLE STEADY STATES

<= AND TRANSIENTS

complex behavior than isotherma reectors. This occurs basicaly because Kk(T) is

strongly temperature dependent. Only a single steady state is possble in the PFTR,
but the CSTR, dthough (or because) it is described by agebraic equations, can exhibit even
more interesting (and potentidly even more dangerous) behavior.

This chepter will dso be more mathematical than previous chapters. We need to
andyze these equations to find these steady states and examine their stability. Some students
will find this mathematics more than they are comfortable with or than they want to learn.
We assure you tha this section will be short and fairly smple. The intent of this chapter
is (1) to show how multiple steady states arise and describe their consequences and (2) to
show how mathematical anadyss can reved these behaviors. Attempts a nonmathematical
discussons of them makes their occurrence and consequences quite mysterious.

We will dose this chapter by summarizing the principles of designing nonisotherma
reectors, S0 if you want to skim the more mathematica sections, you should till read the
lagt section carefully.

I n the previous chapter we showed how nonisotherma reactors can exhibit much more

HEAT GENERATION AND REMOVAL IN A CSTR

We solved the mass- and energy-balance equations for the CSTR in the previous chapter.
The mass balance on species A is

dc
rd—tA = Cao—Ca—1r(C4, T)

For the energy badance the terms were
[accumulation] = [heat flow in] — [heat flow out] + [reection heat] — [cooling]
which for condant densty gave
/oCI,VL;—TIw = vC,(T, — T) + V(—AHR)r = UA(T -~ Ty + W,
24.5
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The fird term on the right dde of the equetion is the rate of heat removd in the inlet and
outlet streams, the middle term is the rate of heat generation by reaction, and the third term
is the rate of heat removad by cooling. We usudly omit the shaft work term Wy in this
equation because it is usudly much smdler than the other terms.

We next divided by vpC), to obtain

dT A Hy UA,
T—=T,—-T+1 r{(Cu, T) —
dt 0 pcp ( A ) U,OC,,
where each term has the units of temperature.
We want to find solutions of these equations. It will be convenient to make the energy-
baance eguation dimensonless before solving it. As introduced in the previous chapter,
we define an dmogt dimensonless rate of heat generation as

_ —AHg CAO

pCp
where J has the units of temperature. We adso define a dimensionless hegt transfer coefficient
as

(T - Tc)

J

UA,
K =
vpC,
to obtain a transent energy-badance equation
dT Jtr(X, T)
— =T, -T+t —"=_ -
T ar T Cro k(T =T,
or in steady state
ror,=2"&ED _ o1
cAo

Returning to the mass-bdance equetion, we write it in tems of fractiond converson
(another dimengonless variable) as

Cao—=Ca= CpoX =r(X, T)
or

r(X, T)

XM = —

We can now write the preceding energy-balance equation in terms of temperaure aone as

T-T+ k=T _ 4
J -

We need to examine the nature of these solutions X(T) for given inlet and reactor
parameters. These are agebraic equations, so after dimination of X from the mass-bdance

I
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equation, we only have to solve the single energy-baance equation for the reactor temper-
ature T versus conversion X for specified fluid, reaction, and other resctor parameters.

This seems to be a ampler set of equations than the differentia equations of the PFTR,
but snce the PFTR equations are firg-order differentia equations, their solutions must be
unique for specified flow, reaction, and reector parameters, as we discussed in the previous
chapter. This is not necessarily true for the CSTR.

Dimensionless variables

Until now we have tried to keep dl quantities in dimensond form so their physicd
significances can be readily appreciated. Here, however, we define groups of parameters
that we define as new parameters (J and « S0 that the equations look simpler and will be
easer to manipulate.

Thus, even though each term in the energy-badance equaion is now dimensonless,
we asociate each term with a term in the origind energy-bdance equation: (T — T,)/J
represents the heat fiow out minus the heat flow in, « (T — T.)/ J represents the heat transfer
through the walls, and X(T) represents the rate of heat generation by reaction.

First-order irreversible reaction

We begin by conddering our old friend the firgt-order irreversible reaction
A — B, r=k(T)Cy,
in the CSTR. For these kinetics the mass-balance equation,

Cao = Cx = CuoX = th(T)Cpo(1 = X)
can be solved explicitly for X(T) to yied
tk(T)

1+1k(T)
This is a sgmoidd function of T as plotted in Figure 6-1. Note that a low temperature,
X = 1k(T); s0 X increases rgpidly with T as k(T), while a high temperature X — 1 as
the reaction goes to completion. Note dso that X = %when kr = 1.

Now we subditute this expression for X(T) into the energy-bdance eguation to yield

a combined energy- and mass-bdance equation for a firg-order irreversble reection in a
CSTR,

X(T) =

T—To+k(T=T)  tk(T)
J = 1+ k()

We further write this equation as

R(M = G(M)

as a short-hand description of the energy-bdance equation. The right-hand side of the
equation G(T) is a dimensonless description of the rate of energy generation, while the
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1.0 Figure 6-1 Plot of conversion X versus
temperature for an imeversble fird-order re-

actioninaCSTR.

X 05

T

Ieft-hand side is the rate of energy removad. The term T — T, represents the net rate of heat
removal with the feed and exit streams, while the rest of the left-hand sSide is the rate of heat
remova from the coolant.

Thus on the left-hand side the removd term is

T—T,+ k(T =T) (1.10T =T, —«T,

R(T) = 3 3

while the right-hand sde is

_ Tk(T) _
1+ tk(T)
Again, we encourage the student to try not to become confused by the fact thet all

these terms were made dimensionless to keep them smple. However, we gill associate esch
term with a particular term in the origind energy baance.

G(T) X(T)

Graphical solution

We search for the solution(s) to this equation. Note that heat remova term R(T) is linear in
T, while the heat generation term G(T) contains k(T) and is highly nonlinear. The method
we will use to solve this equation is to congtruct a graph of the left- and right-hand Sides
and look for intersections that must be the roots of the equation or T solutions to the CSTR.
We do this in a plot of R(T) and G(T) versus T.

One can aways find solutions of agebraic equations of the form Fy (x) = F(x) by
plotting F; and F, versus x and determining intersections (Figure 6-2). For the Stuation
on the left there is only one solution x;, while for the Stuation on the right there are three
solutions xy, x3, and x3

ADIABATIC CSTR

We first consider the adiabatic reactor for which Q = 0 and therefore « = 0. The left-hand
dde or heat removd R(T) is

RM = (T =To)/J
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Figure 6-2 Graphical solution to the equation
Fi(x) = F(x) for situations with | and 3 inter- F,(x)
sections (solutions). 1
Fa(x) I
F1,Fo | I | [
| Folx) |
| | | |
Fix) b |
| I | ]
X X =

This is a draight line whose dope is 1/J and which intersects the T axis & X = 0 where
T, (Figure 6-3). It is evident that there may be one or three intersections of these curves
(the large dots in the figure), and these represent one or three steady states in the adiabatic
CSTR.

We can now remove the R and G curves and retain only the intersections that are the
possible steady dates in the reactor (Figure 64).

We solved this example for the fird-order irreversible reaction A — B because it
is easy to solve. If the reactor is not adiabatic, the R(T) curve has a different dope and
intercept, but it is gtill a straight line. If the kinetics are not first order but are il irreversible,

_T|_____

ToTs T

T—>

T—>

Figure 63 Dimensionless heat removal curve R(T) versusT for the adiabatic reactor plotted along with the heat generation
cuve X(T). There can be one or three intersections corresponding to one or three possble temperaures in the adiebatic CSTR,
depending on T,.

x 35t . X1s - .
X X X
X2s
|
st
Kol t 18 I 1 i
T T Ty Tae Tog Tas To T
T—> T-> T->

Figure 6-4 Steady-state solutions for the preceding situations, with asingle solution X, 7; or three solutions X, 77, X5, 7>,
ad X5, T,, depending on T,. Thee seady dates are obtaned by removing the R and G curves and keeping the intersections
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X(T) dill has the same quditetive shape, and if the reaction is reversble and exothermic,
X(T) decreases a sufficiently high temperature as the equilibrium X decreases. We can
generdize therefore to say tha multiple steady States may exist in any exothermic reaction
in a nonisotherma CSTR.

The existence and properties of these steedy dates and their implications in the design
of CSTRs is the mgor subject of this chapter.

STABILITY OF STEADY STATES IN A CSTR

Thee dteady dates are within the physicdly possble range of T(0 < T < o0) ad
X(0 < X < 1). This is in contrast to many stuations in the physca sciences where
equations have multiple roots but only one root is physicaly acceptable because the other
solutions are either outside the bounds of parameters (such as negative concentrations or
temperatures) or occur as imaginary or complex numbers and can therefore be ignored.

Multiple solutions to equations occur whenever they have sufficient nonlinearity.
A familiar example is equilibrium compostion caculaions for other than A 2 B. The
reaction composition in the reaction A 2 3 B yields a cubic polynomia that has three roots,
dthough dl but one give nonphysica concentrations because thermodynamic equilibrium
(the solution for a reactor with ¢t — co or T — c0) is unique.

However, even if there are three seady dSates, there is dill the question of whether
a seady date is stable even if it is in the phydcdly dSgnificant range of parameters. We
ak the quettion, darting the reactor & some initid Stuation, will the reector eventudly
approach these solutions? Or, garting the reactor near one of the dteady dtates, will it remain
there? To answer this, we must examine the transient equations.

For a single reection in the CSTR, the trandgent mass- and energy-balance equations

are
dX (X, T)
T = X —2
dt Cao
dT TJr(Cy, T)
— =T, - T+ —————=xk(T=T1,
t =% + Cue K( )

Note that the first eguaion is dimensionless, while eech term in the second equation
haes the dimensions of temperaure. [We repest these eguations many times to emphasize
their importance; if we can understand thelr solutions, we will understand multiple steady
states)

Stability would occur if there are initid conditions in the reactor €, and T, (subscript
s for steady state) from which the system will evolve into each of these dteady dates. Also,
if we gart the reactor a exactly these steady dtates, the system will remain at that state for
long times if they are stable. We will look &t the first case later in connection with transents
in the nonisotherma CSTR. Here we examine stability by asking if a deady stae, once
atained, will persg.

Consider a steady-state solution (X7¢). This solution is dable if the system will
return to it following a smal perturbation avay from it. To decide this, we linearize the
equations about the steady state and examine the stability of the linear equations. First we
subtract the steady-state version of these equations from the transient equations to obtain
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d(X = X;) T(r—ry)
T T “*‘EI‘
ru=(Ts -7)* M—K(T—Ts)

dt Cao

Note the cancellation of the T, and T, terms in the energy baance. For smal deviations
from steady date, the deviations of T and r from their steady-state values can be expanded
in a Taylor series. [More math again.]

Condder a function of a single varigble f(x) that is not too far from f(x;). We can
expand f(x) ‘about x, to give

2
FO) = Fa) = L +1dfua
dx 2

and for two variables f (x, y) this expansion becomes

FGy) = flryy) = Ll 2 o+ W@y g

0x ay
The rate for a first-order irreversible reaction can be written as

(Bx)2 + e

r(X, T) = koexp(—E/RT)Cyo(1 = X)
The devidion of r from the steady-state r; may be expanded to yidd

ram—mam=%a—m+%@—m+~

Therefore, for the firs-order irreversble reaction these derivatives are

d

— = —Caok(T)

ar

_3? RT2k(Ts)CA0(1 - Xs)

where both derivatives are evaluated a the steady date.
The linearized massbaance equation therefore becomes

dx

ror T o Tl=k(Tox + RTZk(T)(l X5y
= ~[1+ tk(THlx + (RTZk(T)(l ) Y
= ax + By
where we have defined
x=X-X
y=T-T;

and have given the coefficients of x and y the symbols @ and 8. Although the coefficients
o and B look messy, they are just constants. Similarly, we can linearize the energy-baance
equation to obtain an expression of the form

dy
-~ = 8
tdt yx + oy
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where we will not bother to write out the coefficients y and §.
Thus we have two smultaneous lineer firg-order differentid equations in x and y,

dx
T— = +
i By
dy

—_— = (S
rdt YX + 0y

These smultaneous firg-order differential equations can be written as a single second-order
differentid equation with congant coefficients,

d%x (“ 5 dx ; 0

—— — + — + —_ =
The generd solution of this eguation is

x(t) = C1eMT + o™

The codfficients C; and C, ae determined from the two initid conditions. The quantities
+A are called eigenvalues. They are relaed to the coefficients through the relation

\= %(a +5)+ %[(a = 8 + 4py1'”

[Recdl that the same equetions were encountered earlier for the reversble A 2B 2 C
reection system. However, for that example there was only one solution that had physcaly
possble concentrations, and that solution was dways dable)]

The dability of x(¢) is determined by whether the solution will return back to xi,
y, following a perturbation. This will ocour if the soluions x ~ ¢*/* are stable, and
this requires that the rea part of A be negaive. This can adso be regarded as a problem
of finding the eigenvalues of the matrix [‘; %] from the Jacobean of the origindl linear
equations. Solutions of x(¢) can be as shown in Figure 6-5. This pair of equations is stable
if [(¢ = 8)2+ 4By] >0 () red). When we insart coefficients a, B, ¥, and 8 as defined,
we find that when there is only one steady date, it is stable. However, when there are three
deady dates, the fird and third are stable but the middie steady date is aways ungtable.

. Figure 6-5 Posshle transents in a CSTR following smal pertur-
exponential bations from the steady state x;. If A isreal, the solution will return
growth to x,if A < O but not if A > 0. If A is complex, the system will
oscillations steady exhibit  either dampe?d o growing ogcillations depending on  whether

state the red pat of A. is postive or negative

damped
oscillations

\xtinction
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OBSERVATION OF MULTIPLE STEADY STATES

We next examine the variations of these solutions with respect to parameters of the system,
T, and v. We consder the stuations where we vary these parameters dowly and examine
how the steady states change.

Variation of feed temperature

Picture a CSTR in which the feed is preheated to different temperatures T, while holding dl
other feed and reactor parameters congtant (Figure 6-6). In this “experiment” we assume
that we have a prehester of the feed so that we are changing T, suffidently dowly thet the
reactor moves to its new steady state each time T, changes with no significant transents. On
the plot of X versus T avaridion in T, corresponds to moving the heat remova line while
holding its dope congant and maintaining the heat generation curve unchanged (Figure
6-7). As T, is dowly veried, the steady-state intersections go from a single T at low T,
through three intersections a intermediate 7,, to a single intersection a high 7,. We can
now plot T versus T, and track the solutions (Figure 6-8). As T, increases, T firg follows
a line with a dope near unity, then incresses discontinuoudy, and findly increeses with a
dope near unity. When 7, is decressed from high values, T is first retraced, but then T

continues dong the upper curve until some point where T decreases discontinuoudy to the
origind T versus T, curve. Thus, from this “experiment” in which we varied T,, we see
both discontinuities and hysteresis in the plot of T versus T;,.

Figure 6-6 Adiabatic CSTR in which feed temperature
Toisvaried.

Figure 67 Hest removd curves in which T,
isincreased or decreased. One or three inter-
sections with X(T) indicates that one or three
steady states occur.
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Figure 6-S Plot of reactor temperature T versus feed temperature
T, in an adisbatic CSTR. The arows indicate discontinuous jumps in
5 6 reactor temperature T. The points marked are from Figure 6-7 with
points 4 and 8 tangents of the heat generation and removd curves
7
8
i y
T /
s
y4 7
7/
s
s
/4
73
/1/2
To —~

?:% Example 6 (3 Plot X(T) for the reaction A — B, r = kCy4, AHg = -20 kcal/mole,
© E =30 kcal/mole, k = 0.05 at 300 K for ¢ = 1 min.

i This is the example from the previous chapter, and k( T) was determined previoudy.
§§% X(T) is shown in Figure 6-9 for 7 = 1 mm. As T, increases so that the curves

move into the stuation where multiple roots emerge, the system does not jump to
them because it is dready in a stable steady state. Only when T is 0 high tha
the heat remova line becomes tangent to the heat generation curve does the lower
intersection disgppear. The system then has no dternative but to jump to the upper
intersection. A smilar argument holds in the decrease in T, from the upper steady
state.

Note thet in this “experiment” in which we varied T,, we somehow never
reached the middle intersection but jumped from the lower steady Sate to the upper
one and back again. We said previoudy that this middle gate is unstable, and we
see that it is never attained in a dow variation of T,

e
HeEaRRa

o
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1.0
B kM
- "1 +k(M)
B T =300 + 40X
X 05
0 A ! b | (ol
290 300 310 320 330 340
T(K)

Figure 6-9 Plot of X(T) for the previous example for conditions that produce three steady states for 7 =1 min..

Example 6-2 Plot C4(r) and T(t) for the previous reaction for T, = 300 K by plotting
X(T) curves versus 7 and finding intersections (Figure 610).

It is seen that multiple intersections exigt for a limited range of . For t > 1.3 min
the reection goes nearly to completion, while for t < 0.8 min the conversgon is
very smdl. Between these ts the system exhibits two steady States as 7 (or v) is
varied.

0 0.5 1 1.5 2 0 0.5 1 1.5 2
T > T—>

Figure 6-10 Plot of C4(z) and T(s) for the preceding reaction for T, = 300 K from intersections of X(T).
Thisisthe same example that was worked in Chapter 5.
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Variation of other parameters

The previous examples showed that we can atain multiple steady sates in a CSTR by
varying the feed temperature T,. Many other parameters in the reactor such as y and Cy,
can dso be varied, and these can give multiple steedy dates.

Figure 6-11 shows a plot of X versus T for this example for 7, =300 K and 1 = 1
min. It is seen that for this dtuation a sngle low converson deedy date exiss for low
C o, @ Sngle high converson seady date exists for high C,,, and multiple steady states
can exig for an intermediate range of C4,. We will discuss these further in a homework
problem.

Whenever multiple steedy states in a resctor are possible, we must be very concerned
that we are operating on the desired steady-state branch. This requires a proper startup
procedure to atain the desired steedy state and suitable operation limits to make sure that
we never exhibit a sufficiently large transient to cause the system to fall off the desired
converson branch. We will condder transents in the CSTR in the next section.

TRANSIENTS IN THE CSTR WITH MULTIPLE STEADY STATES

Next we consider the time dependence of C, and T when a CSTR is started from different
initid conditions We solve the equaions

dx
22 - X 4 k()1 = X
T Th(T)( )

dT
‘EE =T =T+ tJk(T)(1 =~ X)
We choose the reaction A — B, r = k(T)C4, with k = 0.05 min~! at 300 K, E = 30
kcal/mole, AHg = -40 kcal/mole, pCp = 1000 cal/liter K, and C,, = 2 molesliter. We
choose T = 1 min, the conditions where caculétions in the previous chapter showed that
multiple steady dates exist in the dteady-dtete CSTR.
Figure 6-12 shows plots of C4(r) and T(t) for different initid reactor varidbles. We

choose Cy; = O (ftarting the reactor with pure solvent) and dso C,; = 20 (dtating the

Figure 6-11 Posshle multiple steady <tates in an adi-
abatic CSTR for variations in the feed concentrations
Cao. For low Cy, the conversion is low, while for
Cao > 26 molesliter only the high converson steady
state can exist. Forarange of C 4., three steady states
are possible.
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Figure 6-12 Transients in the adiabatic 1.0 X 400
CSTR for the irreversibe reaction of the pre- 3s
vious example. The upper panels show X(t)
and T(t), while the lower panel displays X(T)
for the same curves shown in the upper pandl. 0.5
The system converges on one of the stable

deady dates but never on the midde ungable

deady  date

T 11171 T

\UWL 177

L1 11
300 340 380

T —

reactor with pure feed). Shown are C, (t) and T(t) for different values of T;. The solutions
converge on Xy, Tjs or Xs,, T5 for long times as the reactor approaches steady state.
However, it is seen from Figure 6-1 1 tha the time to converge to the dteady Sates varies
drongly with initid conditions. Also, there is a temperature overshoot for some initid
conditions where the reactor temperature has a maximum much higher than the steady-dtate
temperature. Note also that, even though the reactor gppears to be approaching the unstable
steedy state at X ,,, T, for some initid conditions, it always moves awvay from this state to
one of the two stable steady dates.

Detailed trangent studies and plots such as these must be done whenever one is
interested in designing a nonisotherma reector to determine how sartup and shutdown
transents might cause unacceptable trangent conditions in the reactor.

OTHER REACTIONS IN A CSTR

We have as usud examined an dmog trivid example, the firg-order irreversble reaction.
We did this because the math is smple and we could easily see what can happen. For more
complex examples the equations become more difficult to solve.

Other order irreversible reaction

Consider 2A — products or A 4 B — products with C4, = Cpg, for arate r = ka‘.
The mass-balance equation now becomes

CroX = Th(T)C3,(1 = X)?
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which is a quadratic in X,

1£ (1+ 4kTCaf)'?
2erAo

XM =1+
Since X < 1, we must take the smdler root,

1= (1+ 4TCyo)\?

2kt X Ao
The heat removd line is of course unchanged no matter what the kinetics, and X(T) has a
quaitativdly smilar sgmoida shape for second-order kinetics We could continue this for
any order irreversble reection, and the solutions would be quditativly similar, athough
the agebra becomes messer.

Therefore, we can generdize the previous discussion to say that al quditative features
of multiple deady dates in the CSTR remain unchanged for the nth-order irreversble
reaction as long as is obeys postive-order kinetics. We will consider zeroth-order and
negative-order kinetics in problems.

X(M) =1+

Reversible reactions

For A= B, r= kC4 — k'Cg we have a similar X(T) curve

CaoX = TCL[K(TI(A = X) = K(T)X]

which has the solution

tk(T)
1+ tk(T) + k()]
The shapes of these curves is plotted in Figure 6-13 for endothermic and exothermic reac-
tions. If AH > 0, then the shape of the X(T) curve is nearly unchanged because the equilib-
rium converson is lower a low temperatures, but if AH < O, then X(T) increases with T
initidly but then decreases a high T as the reversihility of the reaction causes X to decrease.
However, the multiplicity behavior is essentidly unchanged with reversble reactions.

XM =

____________ Figure 6-13 Plots of X(T) for the exothermic irre-

p -~ irreversible versible (dashed curve) and reversible (solid curve) re-
7 ations, If the reaction is reversble the converson fals
at high temperature, but multiple steady states are still
possible.

reversible




Other Reactions in a CSTR 259

Multiple reactions

For R smultaneous reactions we have R different X; vdues and R smultaneous mass-
balance equations to solve dong with the energy-balance equation. In the energy-baance
equation the flow and heet remova terms are identicd, but the energy generation has terms
for each of the R reactions,

R
R Jin(X
ToT,+ w(T—T,)= Lz fiXXo, . Xp 1)

CAo
_t S dir(X, Xa, L XR,T)
CAo
These R + 1 equations must be solved for Xi, X,, X3,. .., Xg, T. For aparticular set of

reactions there may be many steady states, and in genera no smple grgphica or andytical
smplifications are possible.

For conversons with multiple reactions we encounter a problem we have escaped
previoudy. In a multiple-reection system we need a symbol for the converson of eech
reaction and aso a symbol for the conversion of each reactant. In Chapter 4 we defined the
conversion of a species as X4 for reactant A and as X; for thejth reactant. If we are talking
about the conversion of each reection, we need a symbol such as X; for the ith reaction. We
should therefore not use Xs for both of these quantities. However, rather than introducing
a new vaiadle, we will smply use X; to specify the converson of a species and X; to
indicate the conversion of a reaction. We will not use these quantities enough to make this
ambiguity too confusng.

For A — B —» Cwith Cg, = Cco = 0 in a CSTR the two mass-balance equations

are
CpoX1 = 1r1 = Th1Cho(l = Xy)
Cpo(X1 = X3) = 1Cxk1(1 = X1) = 1Choka(1 = Xy = X3)
These give
T tky
X, = _
'T Che 14Tk
12k1k2

X o B

The energy-badance equation is
UA,
voCp

T—T,+ (T =T)= —(AHyr + AHyrs)
PCp

= LhXi+ LhX;

Solutions can be found by plotting the left-hand side and the right-hand side together on a
plot of Xi + X, versus T. In this case Xi + X; versus T may appear as shown in Figure
6-14. For appropriate values of the parameters, these curves give up to five intersections,
corresponding to three steble steady states. This Stuation will be consdered in a homework
problem.
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2.0 Figure 6-14 Plot of possble conversons (X +
X») versus reactor temperature T in an adia-
batic CSTR with series exothermic reactions
A —» B — C. Up to five steady state inter-

X1 n X2 sctions ae possble for this Stuation.
1.0
0 ] | | ] ] ] | | ]
300 320 340 360 380
T (K)

VARIABLE COOLANT TEMPERATURE IN A CSTR

We have thus far considered only the Stuation where the coolant is & condant temperature
T.. This requires that the heat load from the resctor and the coolant flow rate are adequate
to maintain the coolant a constant temperature.

The reactor configuration might look as shown in Figure 6-15 for the jacketed reactor
and with an internd cooling coil. If T, is not constant, we have to solve an energy baance on
the coolant aong with the mass and energy baance on the reactor, where now the coolant
has inlet temperature T, and outlet temperature and the coolant flows with volumetric flow
rate v. and has contact area A, with the reactor.

These configurations are essentidly two reactors connected by the hest exchange area
A,, and we will consder this in more detal in a later chapter in connection with multiphase
reactors. We do not need to write a species balance on the coolant, but the energy balance
in the jacket or cooling cail is exactly the same as for the reactor except that we omit the
reection generation term.

The jacketed CSTR

The jacketed reactor may be assumed to have mixed flow (either by dirring the jacket or by
mixing through naturd convection); so the jacket aso obeys the CSTR equation. Therefore,
for the jacketed reactor with a single reaction we write the three equations

/ Figure 6-15 Skeiches of a CSTR with cooling
either through a jacket (left) or a cooling coil

/ (right). A separdte energy bdance mugt be solved

T0 —»TC T0 — for the coolant temperature if the temperature of

the cooling fluid 7, is not constant and equd to
the coolant feed temperature Tcq.
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Cao = Cy = CAOX = rr(X, T)
vpCp(To =T)+ V(-AHR)r ~UAT = T.) = 0
vcpCpC(Tco - Tc) + UAC(T Tc) =0
Note that the heat transfer rates across the wal are the same except for the sign change. The
residence time of the coolant in the jacket is 1. = V. /..

We now have to solve the three dgebraic equations to find C,, T, and T for
given vdues of paameters. It is evident that the possble heeting of the coolant by
exothermic reactions provides added ingahility to the CSTR, and makes multiple steady
dates even more likely. This occurs because the reaction heats the coolant and thus lowers
its effectiveness in controlling the reactor temperature.

Cooling coll

If there is an internd cooling cail in a CSTR, the coil can exhibit a coolant temperature thet
is a function of pogtion in the coil. Thus we should write a mass baance on the coolant,
which is that of a PFTR without chemicd reaction,

arT;
iz~ +UA(T =T;)
Note that now T is a variable that is a function of position z in the cooling coil, while T,
the reactor temperature in the CSTR reector, is a congtant. We can solve this differential
equation separately to obtain an average coolant temperature to insert in the resctor energy-
balance eguation. However, the hest load on the cooling coil can be complicated to caculate
because the heat transfer coefficient may not be constant.

ucCpe

DESIGNING REACTORS FOR ENERGY MANAGEMENT

In this and the previous chapters we consdered the effects of nonisothermal operation
on reactor behavior. The effects of nonisothermal operation can be dramatic, especialy for
exothermic reactions, often leading to reactor volumes many times smdler than if isothermd
and often leading to the posshility of multiple steady doates. Further, in nonisotherma
operation, the CSTR can require a smdler volume for a given converson than a PFTR.
In this section we summarize some of these characteristics and modes of operation. For
endothermic reections, nonisotherma operation cools the reactor, and this reduces the
rate, so that these resctors are inherently stable. The modes of operation can be classified
as follows

Isothermal

This mode is sddom used except for extremely dow processes such as fermentation or for
very smal reactors where the surfece area for hest trandfer is large enough to maintain the
reector thermodtatted at the temperature of the surroundings. In fact, we seldom want to
operate a reactor isothermaly, because we want to optimize the temperature and temperature
profile in the reactor to optimize the rate and sdlectivity, and this is mogt efficiently achieved
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by alowing the heat released by the reaction to supply the energy to maintain the desired
temperature.

Adiabatic

This mode is easest to achieve in large reactors, and it will be attained if hest removd or
addition is stopped. For endothermic reactions the reactor smply shuts itsdf off as it cools,
but for exothermic reactions the sStuation becomes much more complex and interesting.

This is frequently the required mode of operation for fast oxidation reactions because
the heat rdease is too fast to provide efficient heat exchange. Most combustion processes
are nearly adiabaic (your home furnace and your automobile enging), and many cadytic
oxidation processes such as NH; oxidation in HNQO; synthesis are nearly adiabatic.

Some endothermic resctors are operated nearly adiabaticdly. Huidized cataytic
cracking (FCC), which was described in Chapter 2, is adiabatic in the sense that, when the hot
cadys is mixed with the cold gas ail in the riser reactor, the reactions are sufficiently fast (a
few seconds residence time in the riser section) that little heet is lost and the fluid and catdyst
cool srongly as they flow up the reactor pipe. The inlet temperature of the regenerated
cadys determines the temperature profile in the reector, and the endothermicities of the
different cracking reactions dso will have a strong effect on the temperature profile within
the pipe. The regenerator of the FCC is adso nearly adiabatic, and the exothermic burning
of carbon from the spent catalyst heets the catalyst back up to the desired temperature to
enter the reactor. A key feature of FCC is that the entire reactor-regenerator combination
is nearly adiabatic. The heat needed for the endothermic cracking reactions in the reactor
is supplied by the exothermic combustion reactions in the regenerator. The heat is caried
from reactor to regenerator, not by conventionad heat exchangers through reactor wals but
by hest carried in the flowing catalyst. It is clear that the reactor engineers who designed and
continue to improve FCC must be very concerned with the mass and heat flows throughout
the reactor. We repeat our comment that FCC is the most important and probably the most
complex chemica reactor in our discipline.

Interstage heating or cooling

The next smplest reactor type is a sequence of adiabatic reactors with interstage hegting
or cooling between reactor stages. We can thus make simple reactors with no provison for
heat transfer and do the heat management in heat exchangers outside the reactors.

This mode is used indudrialy for excothermic reactions such as NHj oxidation
and in CH3;0H synthesis, where exothermic and reversible reections need to operate a
temperatures where the rate is high but not so high that the equilibrium conversion is
low. Interstage cooling is frequently accomplished dong with separation of reactants from
products in units such as water quenchers or didtillation columns, where the cooled reactant
can be recycled back into the reactor. In these operations the heat of water vaporization and
the heat removed from the top of the didtillation column provides the energy to codl the
reactant back to the proper feed temperature.

Endothermic reactions can dso be run with interstage heating. An example we have
conddered previoudy is the catdytic reforming of naphtha in petroleum refining, which
is strongly endothermic. These reactors are adiabatic packed beds or moving beds (more
on these in the next chapter) in which the reactant is preheated before each reector stage.
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In the most used current verson of catdytic reforming, severd moving beds are arranged
verticdly with the catalyst moving dowly down the reactors as the reactant moves upward.
Between stages, the reactant is diverted into a furnace, where it is heated back up to the
desired temperature and returned to the reactor. The catayst moves too dowly for it to carry
sgnificant heat as in FCC, but it is circulated dowly (perhaps 1 week residence time) so
that it can be withdrawn at the bottom of the reactor (the entrance of the reactants) and the
carbon burned off before the catdyst is returned to the reactor. These reactors operate at H;
pressures of 10-50 am; so the engineering of cataytic reforming processes with moving
catalyst is aso farly complex.

Reactor heating or cooling

The obvious way to heat or cool a chemical reactor is by heat exchange through a wall,
dther by an externd jacket or with a cooling or heating coil. As we discussed previoudy, the
coolant energy baance must be solved along with the reactor energy balance to determine
temperatures and hest loads.

The CSTR has obvious virtues in hegting and cooling because the fluid can be stirred
to promote heat transfer. Thus better heat management can be obtained with minimum hesat
trandfer area. For example, the cooling coil is excelent for heet management in the CSTR,
but wall cooling is the only means of heat transfer in the PFTR. Note, however, that a coiled
tube in a tank could be regarded as a heat exchanger coil for a CSTR if the reaction occurs
in the tank or as a wall heat exchanger for a PFTR if the reaction occurs within the tube.
Mogt of the reactors we ded with are in fact cataytic; so the previous examples would have
cadys dther within or outdde of the coil.

6. 1 Show that the reactions A - B —> C can exhibit up to five steady states in a CSTR. How
many of these are stable?

6.2 How many steady states are possible for A — B, I = k in an adiabatic CSTR if the reaction is
exothermic? endothermic?

6.3 A second-order reaction A + B —» 2C is taking place in the liquid phase in a continuous-flow
stirred flask of 1 capacity. The feed concentrations of both A and B are (20/3) g mole/l and the
flow rate 100 em3/min; their heat capacity is 6.50 cal/1 °C and the flask is partially immersed in
a bath at 87°C (area of contact 250 ¢cm?2, heat transfer coefficient 0.1 cal/cm? min). Find all the
steady-state conditions by plotting the fractional conversion of A against temperature. Assume
k = 33 x 10%exp(20,000/RT)£/mole min, 8 Hg = 20 kcal/mole, and Tp = 17°C.

6.4 In the preceding problem use your graph to estimate the feed temperature at which an operating
temperature jump might occur, al other things being left the same. What would be the magnitude
of this jump in temperature?

6.5 The agueous reaction A — B, r = kC, isto be run in an adiabatic reactor to 90% conversion.
The rate constant is
k (min—1) = 1010¢~9200/T
The heat of reaction is -20,000 cal/mole. The solution is pressurized to remain liquid a all
temperatures. Assume t = 1 min and To = 300k.

(a) For what C4, could multiple steady states occur in a CSTR?
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6.6

(b) If Cao =4 moles/liter and = 1 min, how would you start up the reactor to obtain a high
conversion?

Plot X(r) versus T for the agueous reaction A — products, ¥ = kCy4, A Hg = -20 kcal/mole,
k = 0.05 min~! at 300 K, E=30 kcal/mole in an adiabatic CSTR for 7 = 0.5, 1.0, and 2 min.

Use this graph to determine the range of residence times for multiple steady states in a CSTR
for C4o =2 and T, = 300 K.

6.7 Find the range of feed concentration and residence time in which the reaction A — B with

6.8

6.9

6.10

r=2C4/( 14 C4)? will exhibit multiple steady states. A graphical procedure is suggested.

Show that the intermediate steady state in a CSTR will always be unstable by considering the
slopes of the heat generation and heat removal curves.

For the exothermic reactions A — B — C in an adiabatic CSTR the total conversion (X +X3)
versus T curves might look as shown in Figure 6-14.

(a) From the graph determine for what values of T, this system could exhibit five steady states.
(b) How many of these steady states are stable?
(c) Sketch T versus T, for this situation, analogous to Figure 6-8.

(d) What startup procedure or procedures could you use to attain the intermediate steady state
in order to maximize production of B? to maximize production of C?

For the adiabatic PFTR of Problem 6.5 with T, = 250 K, find T and C, versus t for T, varying
from 300 to 600 K in 50 K steps. What must be T, if the reactor temperature is not to exceed
500°C?

Plot X(s) versus T for the agueous reaction A — products, r = kCa, AHp = -20 kcal/mole,
k = 0.05 min~! at 300 K, E = 30 kcal/mole in an adiabatic CSTR for = = 0.5, 1.0, and 2 min.
Use this graph for the following problems.

(a) For an adiabatic CSTR with C4, = 2 moles/liter and T, =300 K, what are the steady-state
conversions and temperatures for each of these residence times?

(b) What is the maximum C,, that will produce only a single steady state for any 7, for each
of these residence times?

(c) For 7 = 1 min, plot T versus T, for an experiment where T, is varied to pass up and down
through the multiple-steady-state region.

6.12 A reaction A — products with unknown kinetics gave the following rate data in an adiabatic

PFTR with C4, = 1 moléeliter.

Rate moles/liter min C, moles/liter
1x 1073 10
15 x 1072 0.8
4 %1073 0.6
1x 1072 0.4
1x 1072 0.2
1x107? 0.1
0 0.0
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(a) From a graph of these data (by hand is OK), plot X(t) in the PFTR.
(b) Plot X(t) for this reaction in an adiabatic CSTR with the same volume and flow rate.
(c) Estimate the range of r where multiple steady states can occur in this adiabatic CSTR.

6.13 Analyze the following statement: An adiabatic CSTR usudly gives a shorter residence time

than a PFTR for the same conversion.

6.14 Consider the reaction A — B — C in-an adiabatic CSTR reactor with the first reaction

6.15

6.16

exothermic and the second reaction endothermic. How many steady states can this system
exhibit?

[Computer] We have a catalyst that causes the oxidative dehydrogenation of ethane to ethylene
C>Hg + %02 — CyH, + H,0, A Hyp = -25,000 cal/mole ethane

The process produces only ethylene in a reaction that goes to completion with a feed of 5 mole
% C,Hy in air in areactor operated at a pressure of 2 atm. We find that the reaction rate is given
approximately by the expression

r=k, exp(—E/RT)Cc,n,
with k, = 1.4 x 10® molelliter min and E = 30,000 cal/mole. Assume constant density and
that the heat capacity is% R at al temperatures and compositions.
(@) Cdculate X(r) and T(t) in a steady-state adiabatic PFTR with T, = 350°C.
(b) Calculate X(r) and T(t) in a steady-state adiabatic CSTR with 7, = 350°C.

[Computer] We have a catalyst that causes the oxidative dehydrogenation of ethane to ethylene

CoHs + §0, » CyH, + Hy0, A Hpy = -25,000 cal/mole ethane

The process produces only ethylene in a reaction that goes to completion with a feed of 5 mole
% CyHg in air in an adiabatic CSTR operated at a pressure of 2 atm with 1 = 10 min. We find
that the reaction rate is given approximately by the expression

r=k, exp(—E/RT)Cc,u;
with k, = 1.4 x 10% molelliter min and E = 30,000 cal/mole. Assume constant density and
that the heat capacity is % R at al temperatures and compositions.

(@) Calculate and plot X(t) and T(t) with 7, = 350°C and t = 10 min, starting initialy {t = 0)
with X = 0 or 1 and 7; between 200 and 1000°C in 50°C intervals (34 runs).

(b) Plot these trajectories on the X(T) plane.

6.17 Butadiene and ethylene react to form cyclohexene with pure equimolar feeds at a feed tem-

perature of 520°C in a 100 liter continuous reactor operating at 1 atm. The reaction may be
considered irreversible and first order in each reactant with a rate coefficient
k(liter/mole sec) = 6.2 x 107 exp(-14,000/T)

The heat of the reaction is -30,000 cal/mole, and the heat capacity pC, of the fluid is 0.10
cal/liter K, and both may be assumed independent of temperature.
(a) Write out this reaction.

(b) What is the reactor temperature versus conversion?
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6.18

(c) Calculate the space time necessary to convert 10% of the butadiene to cyclohexane in a
CSTR operating at 525°C. You may assume that the density does not change significantly
since the conversion is low.

(d) Caculate the space time to convert 10% of the butadiene to cyclohexene in an adiabatic
CSTR for T, = 520°C. Y ou may assume that the density does not change significantly since
the conversion is low.

(e) Calculate the space time to convert 10% of the butadiene to cyclohexene in a PFTR
maintained at 525°C. You may assume that the density does not change significantly since
the conversion is low.

(f) [Computer] Calculate the space time to convert 10% of the butadiene to cyclohexene in
an adiabatic PFTR with T, =520°C. You may assume that the density does not change
significantly since the conversion is low.

(g) Set up the preceding problems exactly taking into account the density change with conver-
sion.

A CSTR is used to carry out the agueous reaction
A —> B, r=kCy
with C4o = 8 moleslliter, T, = 300 K, pC, = 1000 calfliter K, k = 10%~5000/7 AH =
15,000 Cal/moale.
(8) What residence time is required to achieve 50% conversion in a CSTR operating at 300 K?

(b) If the flow rate into the reactor is 100 litet/min, what is the heat remova rate to maintain
the reactor isothermal at 300 K for 50% conversion?

(¢) In an adiabatic reactor what will be the outlet temperature at 50% conversion?
(d) What residence time is required for 50% conversion in an adiabatic CSTR?

(e) What conversion can we obtain in an adiabatic reactor if the temperature is not to exceed
the bailing point of water, 370 K?

6.19 Consider the preceding reaction system to be run in two adiabatic CSTRs operated in series

with interstage cooling.

(a) If the temperature in each reactor is 370 K, calculate the residence times and conversions
in each reactor.

(b) For aflow rate of 100 liter/min, what is the heat load on the interstage cooler?

6.20 Consider the burning of a spherical carbon particle of radius R in air at temperature 7, with

6.21

an air concentration C4,. The temperature of the particle is T and the air concentration at the
particle surface is T, The rate of the process is k,,C 4 (in appropriate units). [We will consider
these processes in more detail in Chapter 9, but even without knowing much about what is going
on, you should be able to answer these questions although the problem doesn’t look much like
an adisbatic CSTR|]

(a) Write the mass and energy balances for an oxidizing particle to show that it can exhibit
multiple steady states if mass transfer limited. [Find Cy, = C4=..and T, = T = .. .]

(b) Find an expression for AT.

Figure 6-1 1 shows the steady states in an adiabatic CSTR for several different values of Cy,
for the example worked previously with T = 300 K.
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(a) Sketch X versus Cy, and T versus Cy, for this situation.
(b) For what values of (,, will multiple steady states exist and what will be the reactor

temperatures?
(c) How could you start up this adiabatic CSTR to attain the high conversion steady state for

situations where three steady states exist?
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ost red reactors are not homogeneous but use catdysts (1) to make reaction

occur a temperatures lower than would be required for homogeneous reection

and (2) to attain a higher sdlectivity to a particular product than would be attained
homogeneoudy. One may then ask whether any of the previous materid on homogeneous
reactions has any relevance to these dtuations. The answer fortunately is yes, because the
same equations are used. However, catalytic reection rate expressons have a quite different
meaning than rate expressons for homogeneous reactions.

CATALYTIC REACTIONS
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Cataysts are substances added to a chemical process that do not enter into the stoichiometry
of the reaction but that cause the reaction to proceed faster or make one reaction proceed
faster than others.

We diginguish between homogeneous and heterogeneous catadysts. Homogeneous
catdysts are molecules in the same phase as the resctants (usudly a liquid solution),
and heterogeneous cataysts in another phase (usudly solids whose surfaces catdyze the
desired reaction). Acids, bases, and organometallic complexes are examples of homogene-
ous catdysts, while solid powders, pellets, and reactor walls are examples of heterogeneous
cataysts.

Catdysts provide an dternate path for the reaction to occur. If the catdyst provides
a lower energy barrier path, this rate enhancement can be described on a potentia energy
diagram (Figure 7-1). The energy barrier for reaction (the reection activation energy) is
lowered from Epomeg t0 £y by the use of an appropriate catalyst, and this will enhance the
reection rate. If the sdectivity to form a desired product is more important than reactivity
(which is usudly the case), then a catdyst can provide a lower barrier for the desred
reaction, leaving the undesired reaction rate unchanged. The seerch for this active and
sective cadys in biology or in chemicd synthess is perhgps the centrd god in most
biologicad and physical sciences research.
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with
catalyst

products desired products

reactants reactants

undesired
products

single reaction multiple reactions

Figure 7-1 Energy diagram showing how a catalyst lowers the barrier for a reaction to improve conversion
(Ieft) or lowers the barrier for a desired reaction to improve selectivity (right).

By far the mogt efficient catadyds are enzymes, which regulate most biologica reac-
tions. Biologicad catalysts are without question the most important catalysts (to us) because
without them life would be impossble Enzymes are proteins that may be ether isolated
molecules in solution (homogeneous) or molecules bound to large macromolecules or to a
cel wal (heterogeneous). We have not yet learned how to create cataysts with nearly the
efficiency and sdectivity of naturés enzyme catdysts. We will consder biologica reectors
a the end of this chapter as the example of the most efficient chemica reactor possible.

Catdysts can strongly regulate reections because they are not consumed as the
reection proceeds. Very smdl amounts of catdysts can have a profound effect on rates
and sdectivities. At the same time, cataysts can undergo changes in activity and sdectivity
as the process proceeds. In hiologica systems this regulatory function determines which
reactions should proceed and in what regions of the body. In industrid reactors the search
for active catdysts and the prevention of their deactivation during operation consume much
of the engineer’s efforts. Promoters and poisons of these catalysts (caled cofactors and
inhibitors in biology) play a dominant role in al cataytic processes.

We should be clear as to what a catdyst can and cannot do in a reaction. Most
important, no catdys can dter the equilibrium composition in a reector because that would
violate the Second Law of Thermodynamics, which says tha equilibrium in a reaction is
uniquely defined for any system. However, a caidyst can increase the rate of a reaction
or increase the rate of one reaction more than another. One can never use a catayst to
take a reaction from one dde of equilibrium to another. The god in reection engineering
is typicaly to find a catayst that will accelerate the rate of a desired reection so thet, for
the residence time alowed in the reector, this reaction approaches equilibrium while other
undesired reactions do not. Attempts to violate the laws of thermodynamics aways lead to
falure, but many engineers ill try.

The first complication with cataytic processes is that we need to maintain the catalyst
in the reactor. With a homogeneous catalyst (catalyst and reactants in the same phase), the
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only method to reuse the catalys is to separate it from the products after the reactor and

recycle the catadys into the feed streams shown in Figure 7-2. Much more preferable and

economical is to use a heterogeneous catdys that is kept indde the reactor such as in a
powder that is filtered from the product or as pellets packed in the reactor.

Nature dso prefers this method by keeping enzymes within cdls, on cdl wals or
adsorbed (“bound”) on large molecules, which are said to be immobilized. We therefore
need to consder carefully the binding of catalysts on supports. The cregtion of structures
and configurations of catalyst, support, and reactants and products to facilitate mass transfer
and to provide access of reactants to the catays are essential features in designing a reaction
sysem that has appropriate mass transfer characterigtics.

Mass transfer

After reactivity and sdectivity, the next complication we encounter with dl cataytic
reections is that there are essentia transport steps of reactants and products to and from the
cadys. Therefore, in practice catdytic reaction rates can be thoroughly disguised by mass
transfer rates. In fact, in many industrid reectors the kinetics of individua reections are
quite unknown, and some engineers would regard knowledge of their rates as unimportant
compared to the need to prepare active, sdlective, and dtable catdysts. The role of mass
transfer in reactions is therefore essentid in describing most reaction and reactor systems,
and this will be a dominant subject in this chapter.

Mass trandfer steps are essentid in any multiphase reactor because reectants must
be transferred from one phase to another. When we consider other multiphase reactors in
later chapters, we will see that mass transfer rates frequently control these processes. In this
chapter we condder a smpler example in the caaytic reector. This is the firs example of
a multiphase reactor because the reactor contains both a fluid phase and a catayst phase.
However, this reactor is a very smple multiphase reactor because the catalyst does not enter
or leave the reactor, and reaction occurs only by the fluid reacting at the catalyst surface.

CATALYTIC REACTORS

The packed bed reactor

The most used indudtrid reactor is the cataytic packed bed resctor. This is typically a tank
or tube filled with catalyst pellets with reactants entering a one end and products leaving

catalyst
L) ° L] Py [ ]
—> —> 3, e —>
o« %o ¢ [}
T
c a t a | y s t
homogeneous heterogeneous homogeneous
catalytic reactor catalytic reactor catalytic reactor

with separation

Figure 7-2 Homogeneous catalysts must be separated from the reaction products and returned to the reactor
while heterogeneous catdysts can be essly retaned in the  reactor.
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a the other. The fluid flows in the void space around the pellets and reacts on and in the
peles as illugrated in Figure 7-3.

[Human organs such as the liver are nature's very clever versions of a packed bed
reactor, which we will consder a the end of this chapter. Enzymes on surfaces catayze
rections in blood flowing through this reector, dthough the geometry, flow pattern, and
reection sdectivity are much more complex and efficient than any reactor that engineers
can design]

The fluid in a packed bed reactor flows from one end of the reactor to the other; o
our firgt gpproximation will be to assume no mixing, and therefore the mass baance on the
fluid will be a PFTR,

u 4 _ Vir
dg ~ 7
or for multiple reactions

u ddiz] = Z Vit
Here u is an average veocity of the fluid flowing around the catdyst particles The tota
reactor volume is Vg, but this is a sum of the volume occupied by the fluid and the volume
occupied by the catayst Veaysts
VR = Viuid + Veatalyst
These can be rdaed by the relations

Vivia = eVr

Veatalyst = (1 —&)Wg

where V3 is the volume of the reactor, eVg is the volume occupied by the fluid, and ¢ is
the void fraction or the fraction of the reactor volume occupied by the fluid. In a tubular

Figure 7-3 Packed bed reactors, which may be
asingle bed, many tubes, or asingle tube filled

fident heat trandfer for exothermic o endothermic

with cadys pelets Multitube reactors dlow - f
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reactor we will cal u, the velocity tha would occur in the empty tube. These definitions
are formally correct but not dways useful, because in many sStuations the velocity will vary
with pogtion in the reactor.

We have to solve the PFTR mass-balance equation to find C; (z), but the first issue is
exactly what form we should use for r or ; in the mass-bdance equations. This is a mgor
topic of this chapter.

The slurry reactor and the fluidized bed reactor

The other mgjor type of cataytic reactor is a Stuation where the fluid and the catdyst are
dirred ingead of having the catdyst fixed in a bed. If the fluid is a liquid, we cdl this a
slurry reactor, in which catays pelets or powder is held in a tank through which catdyst
flows. The dirring must obvioudy be fast enough to mix the fluid and particles. To keep
the particles from settling out, cadyst particle sizes in a durry resctor must be sufficiently
gndl. If the catdyst phase is another liquid that is gtirred to maintain high interfacid area
for reaction at the interface, we cdl the reactor an emulsion reactor. These are shown in
Figure 74.

If the fluid is a ges, it is difficult to dir solid patides and gas mechanicdly, but this
can be smply accomplished by using very smal particles and flowing the gas such that
the particles are lifted and gas and particles swirl around the reactor. We cdl this reactor a
Sfluidized bed.

'S
catalyst

slurry fluidized bed catalyst
reactor reactor recycle
reactor

Figure 7-4  Slurry reactor (left) for well-mixed gas-solid reactions and fluidized bed reactor (center) for liquid-
solid reactions At the right is shown a riser reactor in which the caadyst is caried with the reactants and separated

and returned to the reactor. The slurry reactor is generally mixed and is described by the CSTR model, while the
fluidized bed is described by the PFTR or CSTR models.
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The moving fluid in these reactors is frequently well mixed within the reector; so the
mass balance on reactant species A is that of a CSTR,

CAO - CA =71r
The reactor residence time is now

Ve ¢ W
IT=—=—
v v

Riser reactor

A variant on the fluidized bed is the riser reactor. In this reactor the flow veocity is o high
that the solids are entrained in the flowing fluid and move with nearly the same velocity as
the fluid. The solids are then separated from the effluent gases a the top of the reactor by a
cyclone, and the solids are returned to the reactor as shown in Figure 7-4. The FCC reactor
is an example where the catalys is carried into the regenerator, where carbon is burned off
and the catalyst is heated before returning to the reactor.
The flow profile of this reactor is incompletely mixed, and in the limit there is no
mixing a dl to yidd the PFTR,
dCy
y -4
dz
with C4 = Cy, @ z = 0. Thus the riser reactor behaves identicelly to the packed bed
reector (a PFTR) with suitable modification of the definition of 1,

SURFACE AND ENZYME REACTION RATES

We will develop the rest of this chapter assuming that the catadys is in a solid phase with
the reactants and products in a gas or liquid phase. In Chapter 12 we will consider some of
the more complex reactor types, caled multiphase reactors, where each phase has a specific
resdence time. Examples are the riser reactor, the moving bed reactor, and the transport
bed reactor.

In cataytic reactors we assume that there is no reection in the fluid phase, and al
reaction occurs on the surface of the catays. The surface reaction rate has the units of
moles per unit area of catdys per unit time, which we will cdl r”. We need a homogeneous
rate r to insert in the mass balances, and we can write this as

( area ) "
r= r
volume

where now r is a “pseudohomogeneous rate’ in units of moles'volume time, and (ared/
volume) is the surface area of catalyst per volume of reactor. We need to find the value of
(arealvolume) in order to find r inteems of r” to describe any cataytic reactor, but we will
just write out this retio rather than define separate symbols for it.

Suppose we have a packed bed reactor filled with pellets with surface area Sgp. per
unit volume of pellet (units of e, for example). Here we define S, as the surface area
per unit weight of catayst (area per gram is a common st of units) and p. as the densty of
a catayst pelet. We therefore have
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area Vcatal st
(volume) = Vgl VRy = Sgpc(l —¢)
because S, p. is the surface area of the catalyst based on pellet volume.
The pellets leave a fraction & unoccupied as they pack into the reactor: so the fraction
1 — ¢ is occupied by the catdyst. The pellet is usudly porous, and there is fluid (void space)
both between catayst pellets and within pellets. We measure the rate per unit area of pellet

of assumed geometricd volume of pelet so we count only the void fraction externd to
the pellet.

For the packed bed reactor we now solve the PFTR equdtion to yield

Ca C
z—s—‘i—ﬂ——fdc“ “_f dCy
B r(Cy) Sepc(1—e)r”

Cao Cio

It is more common to specify not the catalyst surface area per unit volume of pellet (we
frequently have a problem in determining the pellet volume and &), but rather its area per unit
weight of catayst. We then measure its rate per weight of catalyst r (units of molesweight
time) rather than its rate per unit area of catayst r”. The pseudohomogeneous rate r is now

ight
ro= <We|g )r' = per’

volume
We now can write the PFTR equation in terms of r to yied

CA Ca
T—EVR—E—_/ dCA_ dCA
v Uy r(Ca) per’
Cao Cao

Note that, if we mesasure the rate per weight of catalyst, we do not need to worry about the
packing of the catdyst in the reactor (determined by ¢) but just the densty of the catayst
pc in weght/'volume.

We summarize the rates we need in a catdytic reactor in Table 7-1. We dways need
r to insert in the rdevant mass-baance equation. We must be given + or r as functions of
Cjand T from kinetic data

POROUS CATALYSTS

If the rate is proportiond to the surface area, we want a catayst with the highest possible
area to dtain the highest rate with minimum tota reactor volume (high S;). This is usudly

TABLE 7-I

Homogeneous and Surface Reaction Rates

Rate Significance Units

r homogeneous or moles/volume time
pseudohomogeneous  rate

r” rate per catalyst area moles/area time

r’ rate per weight of catalyst moles/weight time
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achieved by formulating the catalyst as a powder, which is then pressed into porous pellets
that are packed into the packed bed reactor. These porous pelets can be powder grains
which are compressed into a pellet or a porous network prepared by drying a durry or a gd
as shown in Figure 7-5.

Our emphasis here is not on catdyst preparation and structure, but we need to describe
briefly the preparation and properties of severd mgor cataysts amorphous slica, y-
aumina, zeolites, activated carbon, and supported metds.

Amorphous dlica (8iO,) can be prepared with very high surface area by precipitating
dlica from an agueous slicate solution (a gel) and drying the precipitate. Silica gels have
surface areas up to -500 m?/g, and they are widely used as supports for catdysts. These
particles are generaly noncrystaline and are typicaly monodisperse spheres that are packed
into a pelet with gases migrating through the voids between these spheres.

High-area aluminas (Al;03;) can be eesly prepared by precipitating aumina from
agqueous solution and drying and heating as for dlica This materid is cryddling, and the
major phase is cdled y-aumina with a surface area up to -200 m%g. Alumina forms a
porous network as the water is removed.

A pdlet is typicdly composed of grains of these porous materids, and gases migrate
both between grains and within the porous network insde the grains. Alumina prepared in
this way has surface stes that are acidic, and alumina and alumin osilicates are widely used
as hydrocarbon cracking cadysts and dso as supports for noble metds. These aumina
cadyss ae genedly cryddline, but they form different crystal structures than the most
stable adumina (corundum or sapphire), which has a very low surface area and little
catdytic activity.

Zeolites (duminosilicates) are cryddline clays tha can be dther naturd mineras or
prepared syntheticaly by cryddlizing slica and dumina solutions. Zeolites have regular
pore szes because they ae cayddline and this offers the posshility of “engineering”
catayst geometry by preparing a particular crystd to catdyze reactions with shape sdec-
tivity. There are many zeolite crystas, some occurring naturdly in clays and some crested
gyntheticdly in the laboratory. These zeolite materias can be used as cadyds by themselves
as acidic cadyds, by ion-exchanging cations that have cadytic activity, or by deposting
sdts that decompose to form meta particles within the zeolite structure.

Carbon is one of the essest materids to prepare with high surface area, and this is
smply done by partidly burning an organic materia such as wood or coconut shells to
volatilize and pyrolyze the organic components and leave behind a porous carbon. The
cdlular gructures of the wood fiber are left intact to attain very high surface aress, up to
500 m¥g of charcoal. Thus ten grams of such a catalyst has an area greater than a football
field! Activated carbons are the easiest and cheapest solids to prepare with high surface
aress, and they find wide use as adsorbents and as supports for catayticaly active metas
and oxides. Since carbon reacts rapidly with oxygen, charcod cadyds can only be used in
the absence of O;. [Why?]

Figure 7-5 Porous catalyst pellets consist-

ing of spheres or grains pressed together into T ———
spheres or cylinders. Reactants must diffuse RN
into the pellet in the space between spheres e memm—
o gans ad poduts mugt diffuse out of the S ——
pellet for reaction to occur. At the right is shown M
a monolith catdyst in which a ceramic is coated NN ——

with a wash coat (gray) of porous catdyd.
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Supported noble metal catalysts (Pt, Pd, Ag, Rh, Ni, etc.) are an important class of
catadyss. Depositing noble metads on high-area oxide supports (duming, slica, zeolites)
disperses the metd over the surface s0 that nearly every metd aom is on the surface. A
critical property of supported catalysts is that they have high dispersion (fraction of aoms
on the surface), and this is a strong function of support, method of preparation, and trestment
conditions. Since noble metds are very expensive, this reduces the cogt of catadyd. It is fairly
common to have situations where the noble metas in a catayst cost more than $100,000 in
a typical reector. Fortunately, these metds can usualy be recovered and recycled when the
catalyst has become deectivated and needs to be replaced.

Powders of these materids are first prepared and then formed into spherical pellets in
a bdl mill or into cylindricd pellets by extruding a peste. A catdyticaly active component
such as a noble metd or a multivalent oxide is then frequently added to one of these porous
supports by depositing ions from sdt solution and heating to dry and decompose the sdt. We
are then interested not in the totd surface area of the pellet but the area of the catadyticaly
active component.

Thus most catadysts condst of porous catalyst pellets that may be sphericd, cylin-
dricd, or planar and have a characteristic Size chosen for desired reactor properties, as we
will condder later in this chapter. In most Stuations resction occurs throughout the porous
pellet, not just on its externd surface.

Example 7-1 Condder a dlica gd catdyd that has been peletized into sphericd pellets
4 mm diameter. The surface area is measured to be 100 m?%/g, and the densty of slica is
3 glem3. Find the ratio of the area of the catayst to the externa surface area of the pellet.

The volume of a pdlet is V, = $7R* = 4£0.2° = 0.0335 cm?, and the externa
aeaof apdletis A, = 4r R? = 470.2% = 0.502 cm?. Each pellet weighs 0.10 g;

50 the surface area of one pelet is 105 ecm?= 10 m2. Thus the total area of the porous
pelletsis 2 x 1 (° grester than the externa area of the pellet.

Find the surface area of 1 liter of these pellets.

If pellets are packed in a cubic configuration, then there are (2.5 x 10°)3 catalyst

pellets per liter. The externd area of packed spheres in 1 liter is 8 x 10° m2. The
interna area of these porous pellets is 1.6 x 10" m? = 1.6 x 10°km? for 1 liter

of pelets an dmost unimaginably large surface ared!

TRANSPORT AND REACTION

When a cataytic reaction occurs on the surfaces within a catdyst pellet in a packed bed,
there are inevitably concentration gradients around and within the pellet. We have thus far
conddered only the overdl varidion in concentrations as a function of distance dong the
direction of flow z in the reactor. However, in order to account for the variaions around
and within catayst pellets, we now need to find C;(x,y, z) raher than just C;(z). Stated
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differently, we need ultimately to reduce C; (x, y, z) to C; (z) to solve for the performance
of the reactor. This is a maor task in describing any cataytic reector.

Length scales in the reactor

It is important to note that we need to consider severd length scaes in attempting to describe
cataytic reactors. The reactor is on the order of 1 meter diameter and length, the pelet is
typicdly 1 cm diameter, the pores within the pelet ae 0.1 mm (107* m) or sndler in
diameter, and catdyst particles might be 100 A or 10~6 m in diameter, and the reactant
molecule might be 3 A or 10710 m in diameter, as shown in Figure 7-6.

It is very important for us to understand the different length scdes with which we
must be concerned. We need to consider dl scales in developing a picture and modd of
overdl reactor performance. We proceed in the reverse order of Figure 7-6

cadys paticde — catdyst pore — pdlet — reactor

In the reactor we are interested in the position in the bed z or height of the bed L, in the
pellet we are interested in the postion x in the pelet with radius R, in the pore we are
interested in distance x down the pore diameter dj,y, and on the walls of the pore we are
interested in reactions on the catayst particle diameter dparcle-

Gradients in the reactor

We are dso concerned with gradients in composition throughout the reactor. We have thus
far been concerned only with the very amdl gradient 4C;/dz down the reactor from inlet to

exit, which we encounter in the species mass baance, which we must ultimately solve. Then
there is the gradient in C; around the catdyst pellet. Findly, there is the gradient within the
porous catayst pellet and around the catalytic reaction ste within the pellet. As we consider

’ny

H — H H
im Imm 1um 1 nm
Reactor Pellet Pore Particle

Figure 7-6 Different sze sdes in a packed bed cataytic reactor. We must consder the posion z in the bed, the
flov aound cadyst peles diffuson within pores of pelles and adsorption and reaction on reection stes Thee
span distance scales from meters to Angstroms.
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each of these, we assume that dl gradients on larger distance scales are negligible. Then we
findly find expressons in which each of these gradients is diminated in terms of the rate
coefficients and mass transfer coefficients and geometry parameters. Figure 7-7 illudtrates
these reactant concentrations around and within pelets.

To summarize the god of this section, we must start with the microscopic description
of the catdytic reaction, then condder diffuson in pores, and then examine the reactant
compostion around and within the pdlet, in order findly to describe the reactor mass-
baance eguations in terms of z done. The dudent should understand the logic of this
procedure as we go from micrscopic to macroscopic, or the following sections will be
unintdligible (or even more unintdligible than usud).

Transport steps

There are essentia trangport steps for reactants to get to the surface for reaction and for
products to escape. These can dradticadly dter the reection rate, and the engineering to
handle these effects is a major part of cadytic reaction engineering.

Congder firg the unimolecular reaction

A — products, " = k"Cyq

which occurs on a catayst surface. We write the surface reection rate coefficient as k”,
usng units of k” (length/time) to satisfy the dimendons of r” (moles/area time) and Cy
(moles/volume).

The deps that must be involved in a cadytic reaction on a surface are shown in
Figure 7-8. Reactant Ay in the bulk of the flowing fluid must migrate through a boundary
layer over the pelet a the externd surface of the pellet. It must then migrate down pores
within the pellet to find surface Stes where it adsorbs and reacts to form B, which then
reverses the process to wind up in the flowing fluid, where it is carried out of the reector.

Figure 77 Retant concentration profiles in  directionx,
W which is pependicular to the flow direction 7 expected for
flow over porous catalyst pelletsin a packed bed or slurry
\\ // reactor. External mass transfer and pore diffusion produce
\ / the reactant concentration profiles shown.
\ 1
- a4—— -
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Figure 7-8 Elementary steps that must occur .
in a catalytic reaction on a surface. All catalytic floyvmg
processes involve transport through a boundary fluid

layer, adsorption, surface diffusion, reaction, and > CAb ®

desorption.

boundary
layer C
As . ®C
®%®S r' L o% Bs
surface

The structures and concentration profiles of reactant near and in a catdyst particle
might look as illugtrated in Figure 7-9.

For the reactant to migrate into the particle, there must be a concentration difference
between the flowing bulk fluid C 4y, the concentration a the externa surface Cyq, and the
concentration within the pellet C4(x). We write the concentration within the pelet as Cy (x),
indicating that it is a function of pogdtion x, which will be different for different geometries,
as we will condder later.

To repest, we don't know and can’'t measure the gas-phase concentrations near the
catayst surface. We therefore have to diminate them from any expressons and write the
mass balances as functions of bulk concentrations aone.

porous
catalyst

pellet ) o
reaction  limited

pore diffusion limited
/external mass transfer
limited

-R +R

X =—>

Figure 7-9 Reactant concentration profiles around and within a porous catalyst pellet for the cases of reaction
control, externd mass transfer control, and pore diffuson control. Each of these Studtions leads to different reaction
rate expressions.
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The overall problem

Our task is to write r”(Cyy), that is to diminae C 4 and C4(x) in terms of resction rate
and mass transfer parameters. The second task is to diminate al distances except z, the

postion in the direction of flow the reactor. Thus we will findly arive a the equations we

have solved previoudy for PFTR or CSTR, which we have consdered in previous chapters.

The mgor issue is exactly wha these averaged macroscopic quantities mean in terms of
microscopic parameters in the catalytic reactor.

MASS TRANSFER COEFFICIENTS

Here we review some of the corrdaions of convective mass transfer. We will find that many
reactors are controlled by mass transfer processes, o this topic is essentid in describing
many chemicd reectors. This discussion will necessaily be very brief and quditaive, and
we will summarize materid that most students have encountered in previous courses in mass
transfer. Our godl is to write down some of the Smple correaions so we can work examples.
The assumptions in and vaidity of particular expressons should of course be checked if one
is interested in serious egimaions for particular reector problems. We will only consider
here the mass transfer corrdations for gases because for liquids the correlations are more
complicated and cannot be eesly generdized.

If there is a difference in concentration of species A between two locations 1 and 2
in a flowing fluid, the mass trandfer flux J4 of species A is given by the expresson

Ja = kma(Ca1 = Ca2)

This is smply the definition of the mass trandfer coefficient k,,, and the subject of mass
transfer courses is to find suitable correlations in order to estimate k4 (units of length/time).
The mass trandfer coefficient is in turn defined through the Sherwood number,

Sh, = [convective mass transfer rate]  kmaf
£ 7 Tdiffusve mess tander rag D,
where ¢ is a characterigtic length in the system and D, is the diffuson coefficient of molecule
A. We therefore find k4 by first computing the Sherwood number and using the equetion
Shy D4
£

kma =

to find k.
We next summarize Sherwood numbers for severa smple geometries.

Flow over a flat plate

For flow over a flat plate of length L the flow is laminer if Re; < 10°, ad
Sh; = 0.66 Re,/’Sc!/?
where the Reynolds number is

L
ReLzu_
\%

and the Schmidt & number (no rdation) is
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v

= Do

with v the kinemétic viscosity and I} the diffusivity of species A, both of which have units
of length?/time. For gases we usudly assume that Sc=1. and we sometimes omit it from
expressons for Sh.

If Re; > 10°, then the flow is turbulent and the Sherwood number is described
through the correlation

Sc

Sh, = 0.036 Re}*Sc'/?

Flow over a sphere

Flow over a sphere is an important geometry in catayst spheres, liquid drops, gas bubbles,
and smdl solid particles. In this case the characterigtic length is the sphere diameter D, and
Shp = 2.0 + 0.4 (Re})” + 0.06Re2”)Sc*

In the limit of dow flow over a sphere Shy = 2.0, and this corresponds to diffusion to
or from a sphere surrounded by a stagnant fluid. When the sphere diameter is sufficiently
smdl, Re becomes suffidently smdl that Shp = 20 in many common situations of flow
around spheres.

Flow through a tube

In this case the characteridtic length is the tube diameter D. For Rep < 2100, the flow is
laminar and
8

ShD:§

This expression is appropriate for sufficient distances from the entrance of the tube thet the

laminar flow profile is fully deveoped. If Rep > 2100, the flow becomes turbulent, and
the most used correation is

Shp = 0.023 Re%8Sc!/3

Flow over a cylinder

Here the trangition from laminar to turbulence depends on position around the cylinder. A
smple corrdetion for Rep < 4 is

Shp = 0.98Re.’
Many other expressons have been found to corrdate deta for different Stuations.

Tube banks and packed spheres

There are many correlations for these geometries, both of which are important for mass
transfer in chemical reactors. Tube banks could be catalyst wires or tubes in a reactor over
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which reactants flow, and packed spheres are a common geometry of catalyst particles in a
packed bed over which reactants flow.

Heat transfer

Convective heat transfer rates Q are given by the redion

0=hA(T -Ty)
with A the area and h the heat transfer coefficient defined through the Nusselt number

where k7 is the thermal conductivity of the fluid. For gases the Sherwood and Nussdt num-
bers are nearly identica, Sh=Nu, because the Lewis number is given by Le = Nu/Sh =kr/
D4 = 1; 0 dl the above corrdations for Sh can aso be used for Nu.

In the previous chapters on temperature variations in reactors, we needed heat transfer
codfficients h to calculate rates of heat transfer within the resctor. For a more detailed
examination of temperature varigtions, we must use Nussdt number correations smilar to
those developed here for mass trandfer.

Liquids

For liquids the dtuation is more complicated for al these flow geometries, and mass and
heat trandfer coefficients cannot be found from the same relations. One mgor difference
with liquids is that Sc, Pr, and Le are frequently not close to unity so they cannot be
ignored in these expressions. Correlations developed for heet transfer in gases are frequently
not directly applicable to mass trandfer for liquids. One should find suitable sources of
correlations for any particular fluid and geometry if accurate estimations of mass and hesat
transfer rates are needed.

Natural convection

Gravity and naturd convection can play an important role in determining flows and mass
and heat trandfer in many chemicd reactors. Whenever there are large temperature gradient,
one may expect natural convection. Also, if there is a dendgity change caused by the chemica
reaction (whenever there is a change in the number of moles and especidly when H; is
a reectant or product), then the dendty may change with converson sufficiently to cause
natural convection to overcome the forced convection impressed by pumping the fluids
through the reector. These phenomena are correlated through the dependences of Sh and
Nu on the Grasshof number, as described in texts on mass and heat transfer.

In multiphase reactors we frequently exploit the dengty differences between phases to
produce relative motions between phases for better contacting and higher mass transfer rates.
As an example, in trickle bed reactors (Chapter 12) liquids flow by gravity down a packed
bed filled with catadys, while gases are pumped up through the reactor in countercurrent
flow so0 that they may reect together on the catayst surface.
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EXTERNAL MASS TRANSFER

We firg consder the stuation where reaction occurs only on the external surface of a pellet.
The smplest example is tha of a nonporous pellet s0 that only the externd surface is
resctive.

Reactant molecules must get to the surface to find the catdytic stes on which to

react. In steady dtate there cannot be any accumulation on the surface, and therefore we
require that

[rate of transport to surface] = [rate of reaction at surface]

For a firg-order irreversble reection on a single sphericad pellet of radius R the tota rate
of reaction on the externd surface of the pdlet is

A7 R*pa(Cap — Cas) = 47 RY" = 41 RPK"C a

This says simply that the rate of reaction on the pellet with surface area 47 R? is equa to
the rate of mass trandfer from the bulk fluid to the surface. We cal k4 the mass transfer
coefficient of reactant species A and note that it has the dimensions of lengthtime, the same
dimensons as K" .

It is a fundamenta fact that in Seady State nothing is accumulating anywhere around
the catalyst and therefore these rates must be exactly equd.

Now from the preceding we can immediately solve for C4g to Obtain

Cap

Cag= ———
ATk kma

we can now diminate C4; from the rate expression and solve for the rate to yied

1"
"o k"C ap

= Kb e
T K kg A

s0 that the reaction rate has an effective rate congtant

kn

keff = 1+ k”/kmA

We now examine limiting cases of this expresson.
If " & kma, then

r// g ”CAb

%0 the reaction is proportiona to C 4, with a rate coefficient k. This Stuation is sad to be
reaction limited.

However if k4 < K', then

r” = kmA CAb
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50 the reaction is proportiona to C,, with a rate coefficient kp,4. This case is sad to be
mass trandfer limited. The quantity k4 / K* is dimensionless, and the reactor performance
depends gtrongly on whether this raio is grester or smdler than unity.

Thus we find stuaions where either k™ or k4 vanish from the expression, and the
larger quantity dissppears. We cdl these ether reaction limiting (k,,4 large) or mass transfer
limited (K" large), but aso note that both rates are aways exactly equd in seady state! The
key idea is that if a rate coefficient is large, the concentration difference is smdl. The
concentration profiles expected in these cases are shown in Figure 7-1 O.

PORE DIFFUSION

In the preceding example we assumed that reaction occurred on the externd surface so we did
not have to be concerned with diffusion within the catayst pellet. Now we consider the effect
of pore diffuson on the overdl rate. We have to do condderable mathematica manipulation
to find the proper expressions to handle this, and before we begin, it is worthwhile to consider
where we are going. As before, we want the rate as a function of bulk concentration Cyp,
and we need to know the rate coefficient for various gpproximations (Figure 7-1 1).

The basic problem is that the rete is a function of podtion x within the pdlet, while we
need an average concentration to insert into our reactor mass baances. We firg have to solve
for the concentration profile C4 (x) and then we diminae it in terms of the concentration at
the surface of the pelet (4 and geometry of the pdlet. We will find that we can represent
the reaction as

r// — k//CAsn

where diffuson effects are handled through an effectiveness factor 7, which is a function
of rate coefficients and geometry of the cadyd.

nonporous
catalyst
pellet

reaction limited
A<< KmA
: 5
T ! ! k">> kmA

™\ MT limited

X —

Figure 7-10 Reactant concentration profiles around a catalyst pellet for reaction control (k,, >» k) and for
external mass transfer control (kny <« k”).
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Figure 7-11 Reactant concentration
profiles within - a porous cadyst pellet
for situations where surface reaction
controls and  where pore diffuson con-
trols the reactions.
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Single pore

First we consider a single pore of length £ and diameter d,,. The walls are uniformly resctive
with r” = k" C4 (x). The concentration at the pore mouth (x = £) is Cy4, and the end of the
pore is assumed to be unreactive so that dC,/dx = 0 a x = 0O, as sketched in Figure 7-12.
A shdl baance between x and x + dx yidds

[net flux in a x] — [net flux out a X + dx]

= [rate of reaction on wdl between x and x + dx]

or for a first-order reaction

d dc d ac
z *’ZDA< A) _z "ZDA( A) = —nd, dx K'C,
X x+dx

4 dx 4 dx
where the terms on the left represent the fluxes of A a x and a x + dx and = d,, dx isthe
wdl area of the cylinder between x and x + dx. Now letting dx — O and dividing by dx
yidds
d’Cy 4K
dx2 - DAdp

ar” \ 2
A=
(dpDA)

We next need to solve this second-order differentiad equation subject to the boundary
conditions

CA = )»2CA

where we have defined

Cy = Chas, atx =¢
dCy

=0, atx =0
dx
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Figure 7-12 Reactant concentration profiles down a single catalyst pore of length £ and diameter dp with a
catalytic reaction occurring on the walls of the pore. The concentration is Cg4 @ the pore mouth, x = ¢, and the
gradient is zero a the end of the pore because the end is assumed to be unreactive and there is therefore no flux of
reactant through the end.

The equation
d*C,

— 32
dxz—ACA

has the generd solution

Cu= Cle)\x + Cze_”
where C; and C, are congtants to be determined from boundary conditions. At x = £ the
solution  becomes

CAs = C1eM + C;he
whilea x = 0

dCy

dx
Therefore, Cy = (C,, and the solution becomes

=}»(C1"—C2): 0

Ax e—kx

e cosh Ax
Calx) = CAsmz

A cosh AL |

We now have found C4(x), but this isn't useful yet because C4 is a function of position x
within the pore. To find the average rate within the pore we must integrate the rate along
the length of the pore

¢
actud rate = md, / k"Cy (X) dx
x=0
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We want to compare this to the rate in the pore if the concentration remained a C 4,

ideal rate = [ares] X r” = nd) £k" Cas

because the area of the wall of the pore is wd,¢

The ratio of these rates (actud raefided rate) is the fraction by which the rate is
reduced by pore diffuson limitations, which we cdl 7, and this is the definition of the
effectiveness  factor,

_ actud rae
" ided rate

for the sngle pore 7 is found from the relaion
_mdy L K Ca(x)dx

7 7d, k' Cas
e
_ f cosh Ax dx
- £ cosh AL
x=0
_tah Al
SV
and findly
1 —e?  tanh¢
= pet+et @
where

ak" 1/2
=M = £
¢ (dpDA)

There is a lot of mathematicd manipulation in these steps which the sudent may (or may
not) want to verify.

Thus the rate of reaction in a porous catayst is equa to the rate if the concentration had
remained constant a C s multiplied by 7, r” = k" C44n. We have defined the dimensionless
quantity ¢ which is cdled the Thiele modulus. This function is plotted on linear and log-log
plots in Figure 7-13.

The limits of n are indructive;

pkl, n=1, no pore diffuson limitation
¢ =1, n = 0.762, some limitation
o> 1, n=1/¢, drong pore diffuson limitation

Thus we can say that if the Thile modulus is much less than unity, there is no pore diffuson
effect on the reaction rate because the reactant concentration remains a C 45 down the pore,
but if the Thide modulus is much greater than unity, then the rate is proportiond to 1/¢
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Figure 7-13 Plots of effectiveness factor # versus Thide modulus ¢ for diffusion in a single catalyst pore or in
a porous catayst pellet. On a log-log plot the effectiveness factor is seen to give n=1if ¢ < 1and 7= 1/¢ if
o> 1

because (4 decreases srongly within the pore so that the overdl rate is much lower than
if the concentration remained as C ;.

Honeycomb catalyst

The single cylindrica pore is of course not the geometry we are interested in for porous
cataysts, which may be spheres, cylinders, dabs, or flakes. Let us consder first a honeycomb
catelyst of thickness 2¢ with equa-sized pores of diameter dj,, as shown in Figure 7-14.
The centers of the pores may be either open or closed because by symmetry there is no net
flux across the center of the dab. (If the end of the pore were catayticaly active, the rate
would of course be dightly different, but we will ignore this case) Thus the porous dab is
jugt a collection of many cylindrica pores s0 the solution is exactly the same as we have
just worked out for a single pore.

Porous catalyst slab

Consder next a dab of thickness 2¢ but containing irregular pores, such as would be
obtained with a foam or a pressed pellet of spheres with the voids between the spheres the
channels down which the reactant must travel. If these pores had an average diameter d,
and length £, we would have exactly the problem we have just solved. If these are irregular,
we replace length and diameter by averages containing the tota surface area in defining the
Thide modulus, but the solution is otherwise the same,

_ tanh ¢
=7

where

¢=<&mw)me
Dy
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Figure 7-14 Structure and concentration pro-
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For the single gtraight cylindrical pore the surface-to-volume ratio was 4/d,, but for a porous
cadyst dab, this ratio is S, o, Where S,y is the catdyst surface area per unit volume of
cadyd, as defined previoudy.

Porous spheres and cylinders

For a spherica pelet we must find C,4(R), where R is a radius within the pelet, which has
total radius R,. Then we proceed as before to find 7. For a sphere the shdll balance is set
up in sphericad coordinates to yied

1 d dCy

— — | R*D, =k"C

R? dR ( dR ) A
This eguation has the solution
Ro sinh AR
> R srh AR,
where snh is the hyperbolic sne. This expresson for concentration gives

_ Egbcothd) -1
¢ ¢

as the effectiveness factor for a porous catdyst sphere, and the Thide modulus ¢ is now

defined as
S, ok \ 12
¢ = ( e Pc ) R,
Dy
For a long cylindricd pdlet, the differentid eguaion describing C4 versus radius
R is

Ca(R) - C4
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1 d dCy
2 (R AN
RdR( Da dR) Ca

This equation can be integrated, but it gives a fairly complicated expresson for C4(R). The
effectiveness factor for a cylinder is given by the expresson
, 20©)
= ¢ I,(e)
where I, and I; are modified Bessdl functions.
Thus we have expressions for the effectiveness factor for different catalyst geometries.
The Thide modulus can be computed from catalyst geometry and surface area parameters.
The characterigtic size is 2¢ for a porous dab and 2R, for a cylinder or sphere. While
the expressions for n(¢) gppear quite different, they are in fact very smilar when scded
gppropriately, and they have the same asymptotic behavior,

n=1 o<1
1=08 =1

n=1/¢,  ¢>1

Thus we can in generd write for the pseudohomogeneous rate of a catalytic reection
in a reactor with porous catadyst pelets

r = Tigea (@)

where rigeq is the rate per unit volume if there is no pore diffusion influence on the catalytic
reaction rate.

TEMPERATURE DEPENDENCE OF CATALYTIC REACTION RATES

We have congidered three limiting rate expressions for cataytic reaction rates, depending
on which rate coefficients control the overal process,

r & (area/volume)k” C 4y, reection  limited
r ~ (area/volume)kma Cay, externd mass transfer limited
r & (area/volume)k” C4p7, pore diffuson limited

It is interesting to consider the temperature dependence of the reaction rates predicted
by these limiting expressons, which are contained in the effective rate coefficients The
true surface reaction rate coefficient has the temperature dependence

k'(T) — k(/)le—E/RT

with k; the usua pre-exponentia factor and E the reaction activation energy. The mass
transfer coefficient has only a wesk temperature dependence, typicaly varying as T2, For
the pore-diffuson-limited case the effective rate coefficient is

k//n ~ k///¢ ~ k///kl/l/2 = k//1/2 ~ e_E/ZRT
Thus the reaction-limited case has a strong temperature dependence with activation energy
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E, the mass trandfer limited case is nearly temperature independent, and the pore diffusion
limited case has an activation energy E/2.

Rate-limiting step Temperature dependence
reaction activation energy E

mass transfer nearly constant

pore diffusion activation energy E/2

As the temperature is varied in a reactor, we should expect to see the rate-contralling
dep vary. At aufficiently low temperature the reaction rate coefficient is smal and the
overd| rate is reaction limited. As the temperature increases, pore diffuson next becomes
contralling (D4 is nearly independent of temperature), and a sufficiently high temperature
externad mass transfer might limit the overdl process. Thus a plot of log rate versus 1/T
might look as shown in Figure 7-15.

THE AJTOMOTIVE CATALYTIC CONVERTER

The largest market for chemical reactors by far is the automotive cataytic converter (ACC),
both in number of reactors in exigence (many million sold per year) and in amount of
reactants processed (millions of tons per year). There are >50 million automotive cataytic
converters operating (or at lesst existing) throughout the world, and everyone owns one if
he or she has a car less than 10 years old.

We begin by consdering the engine and exhaust sysem of an automobile (Figure
7-16).

The engine is basicaly a batch reactor [what is the reection time?] in which the
combugtion  reaction

25
Cngg + —2-02 — 8C02 + 9H20

occurs. This is a grongly exothermic reaction that attains a high temperature and pressure
and is converted into mechanicad energy (with -10% efficiency). As we will condder in
Chapter 10, this is a complex chain reaction that forms an exploson within the cylinder. In
addition to CO, and H,0, combustion processes produce smdl amounts of CO and partialy

Figure 7-15 Plotsof r versusT and log r versus MT
1/T. We expect the rate to exhibit breaks on the limits
I/T plot a the reaction process goes from reaction
limited at low temperature, pore diffusion limited at !
intermediate temperature, and external mass transfer
limted a high temperature.

pore
diffusion
limits

r log r _
reaction
limits

—|=
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Figure 7-16 A highly simplified sketch of an automobile engine and catalytic converter with typical gas
compositions indicated before and after the automotive cataytic converter. The cataytic converter is a tube
wall reector in which a noble-metal-impregnated wash coat on an extruded ceramic monolith creates surface on

which reactions occur.

burned hydrocarbons such as smaler akanes, olefins, and oxygen-containing hydrocarbon
molecules such as adehydes. Findly, these combustion processes produce NO a high
temperatures because the free radicals react with N, from air to produce equilibrium in the
reaction

N; + 0, 2 2NO

which was one of the firgt reaction examples we considered in this book. The NO remains a
nearly thermodynamic equilibrium in this reaction until the temperature fdls to ~ 1300°C,
where it remains “frozen” as the combustion gases cooal.

Thus the engine of an automobile produces approximately 5% of various hydrocar-
bons, 1% of CO, and 0.1% of NO. These gases are mgor pollutants in urban aress, and
clean air regulations require that they be removed to gpproximately 0.2, 0.05, and 0.03%,
respectively.

The purpose of the converter is to reduce unburned hydrocarbon emissions to 4 g/mile,
CO to 40 g/mile, and NO to 0.4 g/mile. (The mixed units are those in severa Federa Clean
Air Acts, which mandate these maximum emissons) In Cdifornia these standards are even
more sringent, and lower levels are mandated to be required in severa years throughout
the country.

The ACC is a danless ged cylinder 3 in. in diameter and 1 ft long through which
exhaust gases pass before they enter the muffler and tailpipe. The converter contains an
extruded ceramic honeycomb dructure with square pores 0.5 mm in diameter through
which gases pass. The walls of these pores are coated with porous y-Al,Oz on which P,
Pd, and Rh are deposited, dong with severa catalyst promoters such as cerium oxide. The
residence time in the ACC is -0.05 sec, because the volume of gas that must be processed
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and the volume of the converter that will fit under an automobile will not permit use of
longer times. Consequently, engineers must devise a chemicd reactor tha will achieve
-95% converson of these pollutants within these very short residence times.

Modern converters contain goproximately $30 of these precious metds, and the retail
cost of the entire converter is $200, most of which is the stainless sted reactor.

The desired reactions are oxidation of hydrocarbons and CO,

In+1
2

C.Hzppo + 0, = nCO; + (n + HH,0

1
co + 502 3 CO,
Remova of NO is a reduction process, which occurs mostly through the reaction with CO

1
It would be smpler if NO could be decomposed through the reaction

1 |
NO — =Ny + <
2N2 202

but this reaction is far too dow under conditions of the ACC.

We have discussed NO, pollution from combustion previoudy, and we will consider
pollution and environmentad modding later in Chepter 8. Thee are stuations where we
need chemica reactors to eiminate the pollutants we have made in other reactors.

The mgjor problems in the engineering the ACC are the facts that (1) they must operate
under transent conditions and (2) customers treat different cars very differently. The feed
and catalyst temperatures vary widdy, from ambient temperature upon dartup (which can
be -30°C in Minnesota) to >500°C during high-gpeed desart or mountain driving.

Three-way catalysts

Since the oxidation reactions require O, while NO reduction requires CO, it is essentia
that the gases entering the ACC be a nearly the stoichiometric composition. This has led
to the “threeway catdyst” in which oxidation and reduction processes are accomplished
smultaneoudy by maintaining the ar-fud mixture near oichiometric.

The firg requirement in developing the ACC was to contral air-fud mixtures, and in
contemporary cars this is maintained at precisdy the 19: 1 stoichiometric ratio for al engine
loads, usng an exhaust O, sensor that controls the fud injection system. The composition
and location of the catalyst within the reactor are aso crucid to proper design.

The problem of a “window” of operation where oxidation and reduction resctions
occur smultaneoudy requires that the air-fud ratio be carefully controlled so that the
conversons of al species remains high. This is shown in Figure 7-17.

Thus hydrocarbons and CO are products of incomplete combustion, which occurs
primarily when the engine (and the catdyst) are cold. NO, is produced primarily by free-
radical reactions with atmospheric N in the high temperatures (2500°C) within the engine
cylinders. The overdl reaction can be written as

1 1
- — NO
2N2 +202">
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1 CcO | | Figure 7-17 Conversions of hydrocarbons, CO (oxida-
tion reactions), and NO (reduction reactions) versus air-
fud ratio. The engine should operate near the stoichiometric
ratio to obtain maximum conversionsin all reactions, and
cas ae tuned to operate within this window of composition
(dashed lines).

|

|
¢=1
% fuel

which we discussed as our firs example in Chapter 2. The equilibrium concentration of
NO in ar is negligible & room temperaure, but the compostion becomes “frozen” at
about 1300°C where the equilibrium composition of NO in air is -100 ppm. ¢ = 1 is the
goichiometric compodtion for complete combustion.

Startup

Mogt of the hydrocarbons and CO are emitted during startup while the engine is cold and
operdting inefficiently, while mogt of the NO, is emitted during high-speed driving, where
free radicals decompose N».

The catadyst has very low activity during warmup until the catdyst temperature attains
-200°C. Since the oxidation reactions are exothermic, the catalyst provides heat, which
further hests the catayst and incresses the rate. Therefore, the ACC can exhibit multiple
steady states, where the catdyst has essentidly no activity until a certain temperature where
the catalyst ignites. This is described as lightoff, and a good catalyst system has alow lightoff
temperature. Lightoff characteristics are sketched in Figure 7-18.

Aging

Probably the mgor problem in designing the ACC is the maintenance of activity as the
cadys ages (law requires performance within tight specifications to at least 50,000 miles).
Rapid activation of the cold cadys in dartup is rlated to aging because the inactive
catayst generates less hedt.

Aging reaults in dntering of the metd clugters, their dissolution into the support, and
their burid by accumulating solids such as Pb (from leaded gasoline) and phosphates (from
lubricating oil). Rapid activation requires rapid hesting by the exhaust gases. The converter
actudly exhibits a lightoff ignition (multiple Seady States driven by the exothermic oxida:
tion reactions) as it heats up, and active cataysts rapidly lightoff to >200°C, when the feed
gases reach 100°C.

There is great interet in new ACC designs that will heat up more rapidly upon startup.
Smal meass catdyds, cose coupling to the hot exhaust temperature, and dectrica hegting
of the catayst are dl being developed.

The gases move down the monoalith ceramic cdls of the ACC in plug flow with the
noble metal catalyst deposited on the walls. This reector is therefore a PFTR with catayst
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Figure 7-18 Since thereactionsin the ACC are T
strongly exothermic, the catalyst can exhibit mul- 400
tiple steady states as the catalyst suddenly lights
off as the car is dated and the temperaure rises to - ta
the ignition temperature, which then causes a rapid TO ca 'ys«
increase in temperature. T (°C) |
L T~ lightoff
0 ] ] ] |

1 2 3 4 5
time from startup (min)

CO, HC

0 1 2 3 4 5
time from startup (min)

on the wall, which is a catdytic wal reactor whose equaions we will develop in the next
section.

THE CATALYTIC WALL REACTOR

Next we condder a tubular reactor with no homogeneous reection but a wal that is catalytic
with a rate r” (Figure 7-19).

This problem may look a firs to be the same geometry as for diffusion in a single
pore, but this stuation is quite different. In the single pore we had reaction controlled by
diffuson down the pore, while in the tube wall resctor we have convection of reectants
down the tube,

Figure 7-19 Skeich of a cadytic tube wal reactor catalyst
with gases flowing down the tube and reaction occur-
ring on the wals of the tube which are coated with a

wash coat of cadys (dots). —> —
CAO > -
—> -
0 L
; Ca
E
0 L
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The mass-balance eguation on C4 is smply

u 8 = /vy
dz
Here (A/ V) is the wal area per unit volume of the tube. For a cylindricd tube the area per
unit volume is 4/d. The mass baance for the reaction A — B, r” = k"Cas, in a oylindricd

tube wadl reector is therefore
AC, Ak"
u -E = _T A
The solution with Cy = Cypo @ z=0is

C C 4k// z
4(z) = Cao eXp<— p u)

which predicts the usud exponentiad decrease of reactant with distance down the tube, just
as for homogeneous reection. For a tube of length L this expresson becomes

4k" L
CA(L) = CAo exp \ —

d u

4k"
= Cyo exp| — p] T

Note the different ds in these problems. While d adways sgnifies diameter, D is
reector diameter (or diameter of a cylinder or sphere because that notation is used in mass
trandfer rether than the radius R), dj, is the diameter of a single pore, and d is the diameter
of a single tube in a tube wal reector.

There are a number of examples of tube wall reactors, the most important being the
automotive catdytic converter (ACC), which was described in the previous section. These
reectors are made by coating an extruded ceramic monolith with noble metds supported
on a thin wash coat of y-alumina. This reactor is used to oxidize hydrocarbons and CO to
CO; and H,0 and aso reduce NO to N,, The rates of these reactions are very fast after
warmup, and the effectiveness factor within the porous wash coat is therefore very smal.
The reactions are dso etlernd mass transfer limited within the monalith after warmup. We
will condder three limiting cases of this reactor, surface reection limiting, externa mass
transfer limiting, and wash coa diffusion limiting. In each case we will assume a first-order
irreversble  reection.

Reaction limiting

If the process is reaction limiting, the compostion is given directly by the preceding
expression,

ak"
Cu(z) =Cyoexp| — E

Mass transfer limiting

In this case the amount of catdyst within the washcoat is irrdevent (as long as there is
enough to make the process mass trandfer limited), and the rae is controlled by the rate of
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mass trandfer radialy across the tube to the externd surface of the wash coa where reaction
occurs rgpidly. In this limit the reactant concentretion fals to near zero a the wal and the
rate is controlled by the mass transfer coefficient in the tube. If species A is limiting, we
replace k” by k4 to obtain

Ca(2) = Cpo XD (—4’;;" z)
If the flow is laminar (Red < 2100 in a sraight tube), then the Sherwood number is

& and the mass trangfer coefficient is given by the expression

ShyDy4 8Dy
T d T34
The effective rae coefficient should be given by the expression

K

eff = 1+k”/km

In the masstransfer-limited Stuation the converson versus z should be given by given by
the expression

4Sh, D 32D
Ca(2) = Cyo exp (— ugz Az) = Cy4o €Xp (— 3ud? z)

Note that, since k., depends on the tube diameter d, the dependence of the conversion on
d is different for reaction- and masstrandfer-limited cases. If the flow is turbulent, the
Sherwood number is given by the corrdation Shy = 0.023Re}® Pr'/?, which predicts a
different dependence on the tube diameter.

kmA

k

Porous catalyst on tube wall reactor

In the previous section we considered the situation where there was a film of catalyst on the

wall of the tube, so that the surface area was the geometric area of the tube wall. Another
common Studtion is where a porous catdys film is coated on the wadls of the tube as shown
in Figure 7-20. Findly we consider the case where the gas-phase concentration is uniform
across the cross section of the tube and mass trandfer rates are large, but (4 fdls within the

layer of porous cadyst on the wall. The thickness of the film is £, and the surface area of
the catdyst per unit volume of catadyst is Sypc. If we assume that £ is much less than the

tube diameter, then

cadyst aea  4Sg0c
reector volume ~ d

Figure 7-20  Sketch of tube wall reactor with reaction control
a porous catalyst film of thickness£ on walls. wash coat
Expected reactant concentration profiles with
reaction-limited, mass-transfer-limited, and
pore-diffusion-limited reaction.

diffusion  control

mass transfer control
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This is exactly the dtuation we consdered previoudy for diffuson in porous catayss, so
we multiply r” in the porous wash coat by the effectiveness factor n to obtain

"
a0 = Ca e (- 522805)
d u
because we smply need to multiply the rate for the reaction-limited case by the effectiveness
factor n. If the thickness of the porous catdyst layer is smal compared to the diameter of
the pore, then we have a planar porous catalyst geometry so that n = (tanh ¢)/¢, where
now ¢ is based on the thickness of the catalyst layer on the walls of the tube.

LANGMUIR-HINSHELWOOD KINETICS

We have thus far written unimolecular surface reaction rates as r” = kC s, assuming that
rates are smply firgt order in the reactant concentration. This is the smplest form, and we
used it to introduce the complexities of externd mass transfer and pore diffuson on surface
reactions. In fact there are many Situations where surface reactions do not obey smple rate
expressions, and they frequently give rate expressions that do not obey smple power-law
dependences on concentrations or simple Arrhenius temperatures dependences.

Surface reactions are in principle multistep processes, and previoudy we saw how
diffuson to the surface of a porous pellet or diffuson within the pores of a pellet can lead
to rate expressions with rate coefficients much different than k”. However, so far al were
first order in the reactant partid pressure.

Another reason for describing surface reaction kinetics in more detall is that we need
to examine the processes on a microscopic scae. While we are interested primarily in the
macroscopic description of cataytic reactor behavior, we cannot do this intdligently until
we understand these processes at a molecular level.

Densities of molecules on surfaces

We will need to describe concentrations of species in the gas or liquid aove the catdyst
surface as well as adsorbed on the surface.
Dengties of molecules adsorbed on surfaces are in moles per unit area, which we
will give the symbol n; for species j. Typica units of n; are moles per cm2. There is a
maximum densty n;, of molecules packed in a two-dimensiond layer on a fla surface
when dl molecules “touch” or reech liquidiike or solidlike dendgities. We cdl this densty
a monolayer, whose dendity is gpproximady the inverse of the square of the molecular
diameter, which is less than 1 x 10" moleculesicm?2 for al molecules (Figure 7-21). We
will find it convenient dso to define a coverage of adsorbed molecules as the fraction of
the monolayer densty 6;,
6 =
J njo
a quantity that is zero for a “clean” surface and unity for a “saturated” surface.
Another convention in catalytic reections at surfaces is to use the partia pressure P
rather than the concentration C; in describing densities in the bulk phase above catdlyst |
surfaces, dthough there are of course many Stuations where the reactants and products are
in the liquid phase. These are Smply related for ided gases by the expresson C; = P;/RT.
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Figure7-21 Densities of molecules adsorbed in a monolayer on surfaces

Therefore, we confess that in this section we violate a principle of this book in that
we promised that we would only use concentration as a variable throughout.

Reactions of NO on noble metals

Some of the important reactions in contemporary technology involve NO,, which is a
desgnetion of N,O, NO, and NO,, and was one of the first examples in this book. The
formation of these molecules in combustion processes is a mgor source of ar pollution,
and the catalytic oxidation of NH3 to NO on Pt surfaces is used to produce nitric acid,
a mgor indudria chemica. The decompostion of NO, to N, is a maor process in the
automotive cataytic converter.

We will use catalytic reactions of NO to illustrate surface reection rates.

Unimolecular reactions

NO will decompose on noble metal surfaces a sufficiently high temperatures to form N,
and O, in the overdl reaction

NO — %Ng + %02
The dementary steps in this reaction are thought to be
NO + S 2 NO-S
NO-S+ S Z N-S + O-S
2N-S — N, + 2§

20-s 2 Oy + 25

The species in this sequence are gas molecules NO, N,, and O, and adsorbed NO, 0 atoms,
and N atoms, which we designate as NO-S, N-S, and O-S, respectively. In fact, this reaction
sequence is not effective in decomposing NO, even though the equilibrium is favoradle in
the presence of O, (air), and it is necessary to use the bimolecular reaction of NO with CO
to remove NO from the automobile exhaust.

Condder a surface-catayzed unimolecular reection A, — B, with A and B gases
with partid pressures P4, and Pg, above the catdytic surface and coverages 64 and 8z on
the surface. The dementary steps and their rates for a Smple unimolecular reection might be
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" " I
A Z As, " =ra—Tda
As — BSs r= g

1" 14 "
BS—>Bg, P ="Fyg = Ftap
Ag — B

where the subscripts g and s refer to gas and adsorbed molecules. Another way of writing
these steps is
A+S2 AS
AS — BS
BS— B+ S
A— B

where in this notation A and B are gas molecules, § is a surface site, and AS and BS are
adsorbed species.

Catalytic reaction cycles

These eementary steps add up to give the overdl reection A — B. It is ingdructive to
consider these steps as a cyclic process in which the surface ste is S, AS BS, and back to
S. This cycle is illugtrated in Figure 7-22. We will encounter Smilar cycles in chain reections
in combustion and polymerization processes in Chapters 10 and 11 where a chemica species
acts as a catayst to promote the reaction around a closed cycle.

In these expressions r;’j is the rate of adsorption of species j, which for A may be
written as A + § — AS where A is the gasphase molecule, S is anh empty ste on the
surface, and AS is the adsorbed molecule. We can consider adsorption as a bimolecular
chemica reaction that is proportiond to the dendties of the two “reactants’ A and S to give

roa = ka PAGS

with k,4 the adsorption rate coefficient of species A, and the two densties are as defined
above.

. \(,)/A . \CQ/A " Q\}S/A
" V Y

unimolecular surface reaction bimolecular reaction

Figure 7-22 Cadytic cyde in which reactant A ajsorbs on a vacat suface ste S to form the adsorbate AS,
which reacts to form BS. The product B then desorbs to form the origind vacant ste S, which dlows the catalytic
process to continue indefinitdy in a cyce
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The surface coverage of empty sites [§] is the fraction of totd stes (dendty [S,]) not
occupied by adsorbed molecules. Since the surface is assumed to saturate when 64 = 1,
thenfg = 1 — 6y, or

riy =kaPa(1—64)
If species A and B compete for the same site, then 65 = 1 — 84 — 05 to give

Taa = kaPa(1= 04 = 68)
The rate expresson rj is the rate of desorption, which can be regarded as the
eementary reaction AS — A + S, which should have the expression

rq = kaa 04
Note that the units of ks in these expressions are somewhat unusud units in thet they must
be condstent with »” (moleculeslarea time), P4 (Torr), and 6, (dimensionless).
The surface reaction rate ry is assumed to be a unimolecular chemica reaction
AS — B S, which has the rate expresson

l"}é = k R 9A
with kp the surface reaction rate coefficient. We have arbitrarily written the first and third
steps as reversible (adsorption and desorption) and the surface reaction step as irreversible.

We now proceed to write rate expressions for @l species and solve them. Mass balances
on adsorbed A and B yidd

46

—c?té = kaAPA(l —'GA —03) "de QA _kR GA
dog

¢ = Fhan P (1= 04~ 6p) — kap 65 + kg 6,

The terms and their signs come smply by applying the formula dC; Jdt = ) v;;r; for 64
and 93 .

We assume that no species are accumulating and therefore the derivetives of coverages
with respect to time are zero.

These are two agebraic equationsin Py, Pg, 6,4, and 8. They can be solved exactly
to diminate g, and @5 for this Smple case to give

ry = ok Ealn
1+ K, Py + Ky Pp

where K, = kaa/(kaa *+ kr) and K = k,p/(kap + kg). We put primes on the Ks because
they ae dmilar to quantities K;, which will be the adsorption-desorption equilibrium
constant. We dready see that our rate expressions are not simple power-law expressions.

For any more complicated rate expressons the equetions become polynomids in
coverages and pressures, and the generd solution is uningructive. As we saw for any
multistep reaction with intermediates whose concentrations we do not know and that may be
smal (now we have surface densties rather than free radica concentrations), we want to find
goproximations to eiminate these concentrations from our find expresson. The preceding
solution was for steady dtete (a very good approximation for a steady-state reactor), but the
expresson becomes even smpler assuming thermodynamic  equilibrium.
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1.0

Adsorption-desorption equilibrium

If the reaction step is dower than the rates of adsorption and desorption of A and B,
then we can assume thermodynamic equilibrium in adsorption and desorption of A and B.
This gives

Taa—Tia=Tig— T =0
= koaPa(1 — 04 —0p) — kanOa = kap 0p — kap Pp(1 — 04 — 0p)
In fact the differences between adsorption and desorption are exactly equa to the reaction

rete; the pss approximation requires that r, and rq be individualy much greater then rg. We
now have two equaions from which we can solve explicitly for 84. This gives

KaPy

9 =
AT 1. KaPs + KgPg

where

Ka = kas [ kaa

Kp = ka/kas

If Kz or Pg is zero, we can neglect the adsorption of B, and the adsorption isotherm
becomes

KaPy

O = ——
AT T K.Ps

This is cdled a Langmuir adsorption isotherm for a species A, and the function 84( P4) is
shown in Figure 7-23. The K;s are the adsorption-desorption equilibrium constants for-
species A and B. By higtorica convention we cal these the adsorption isotherms. Before
we proceed let us note that this is a true thermodynamic equilibrium relation so that

K4 = Koqe Ea/RT
where K,4 is the pre-exponentid factor and E 4 is the heat of adsorption of A. Agan by

higtorical convention we define the “heat of adsorption” as a postive quantity even though
the adsorption process is exothermic.

Figure 7-23 Langmuir isotherm of coverage 4 versus K4 P4 and 1
rate of reaction r” for a unimolecular surface-catalyzed reactic m
A — products.
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Measurement of adsorption-desorption equilibrium

Therdation 8, (P,) is cdled the adsorption isotherm. It is used to determine surface areas of
solids and catadysts as well as to determine the adsorption-desorption equilibrium constant
K 4. This is measured by determining the amount of a gas that can be adsorbed by a known
weight of solid, as shown in Figure 7-24.

The results of N4 versus P, are andyzed by an equation first derived by Brunauer,
Emmet, and Tdler, and the resultant isotherm is cdled the BET isotherm. Typicdly one
measures the amount of N, adsorbed for a particular pressure at 78 K (the boiling point
of N, a a pressure of 1 atm) as sketched in Figure 7-24. There are severd regimes of an
adsorption isotherm. At low densities the dendty increases linearly with pressure. When the
density approaches one monolayer, the surface saturates. As the pressure approaches the
saturation pressure of the gas, bulk condensation of liquid occurs. This condensation can
occur preferentidly in pores of the solid due to capillary condensation, and the amount
of gas and pressure where this occurs can be used to determine the pore volume of
the cadys.

Langmuir-Hinshelwood kinetics

We can now write the Langmuir-Hinshelwood rate expression for this unimolecular reaction
A - B

krK 4Py
1+ K P, + KgpPp

rr= kg 04 =

w—iquid
condensation

«————capillary

@0 @ ® P @
b %%9 %%D

Figure 7-24 Adsorption  equilibrium  gpparatus  to  determine  adsorption  isotherms  and  surface  areas  of  cadyds.
From the saturation of a sample of known weight, the surface area can be determined if the area occupied by a
molecule is known. (Adsorbed molecules are dots.)
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which is the prototype expresson for the smplest surface-catalyzed reaction. We sometimes
further amplify this rate expresson by assuming that the product B desorbs immediady
(equivaent to saying that Kz Pz = 0) to give
e = krK 4Py

L4+ KP4
We see that in this Smplest possble rate expresson we could have for a unimolecular
cataytic resction there is no smple power-law dependence on partial pressures (Figure
7-25).

Approximate rate expressions

We ae interested in obtaining approximate rate expressons tha do have power-law
dependences on partia pressures. We are interested in writing these rates as

ré/ff = ket H Pj"’j = ko,eft €Xp(Eetr/RT) l_[ Pj"’j
] J

where ks, koctf, Eep are effective parameters and m; is the order of the reaction with
respect to species j.

Since there are three terms in the denominator, we recover a power-law expression if
one of these terms is s0 large to be able to neglect the others.

If 1>> K4 Py, K Pp, then this expresson becomes

R = kRKAPA

so we recover first-order kinetics in PA. However, the reaction rate coefficient K" = kg K,
or the rate coefficient is the actud kr multiplied by the adsorption—desorption equilibrium
congtant!

If K4 P4 >>1, Kg Pg, then the expresson becomes

rR= kg
The reaction rate coefficient is now kg, but the reection is zeroth order!
Frdly if Kg Pg>> 1, K4 Pa, then the expresson becomes

rg = krKaKz'Ps/Pg

A —products

Op<<1,r"~P A

0a=1, "~ P

Figure7-25 Langmuir Hinshdwood kingics for a unimolecular surfacecatdlyzed rescion A —  products The
rade is fird order in Py & low coverages and zeroth order & high coverage
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0 the reaction is first order in P4 but is negative order in Pz even though we assumed an
irreversible reection! The reaction rete coefficient is now kf; = kg K4 Kgl .

Mechanism

Why do we obtain such complex rate expressons for such a smple process? The answer
is found Smply in the 1 — § terms we added in the adsorption rate expression. We sad
that the dendty of adsorbed molecules could never exceed one monolayer because that was
the maximum density with which molecules could be “packed.” The rae is assumed to be
dways proportional to the coverage of species A,

rr = kgrOy

When the pressure of A is aufficiently low, its coverage is much less than one monolayer
and 94 = K4 P, to give first-order kinetics. As P4 increases and 6, approaches unity,
the coverage stops increasing [04 = K4 Pa/( 1+ K4 PA)]; s0 the reaction becomes zeroth
order in P4 as 84 — 1, where rg = kg. Findly if the product B is auffidently strongly
adsorbed to build up a sufficient coverage, then adsorbed B blocks the adsorption of
A (84 = K4 Ps/Kp Pp), and the rate becomes first order in P4 but negative order in

the product B.

Adsorption of inerts

Condder next the gdtuation where an additiond molecule is in the sysem that does not
participate in the reaction but strongly adsorbs on the same Stes occupied by A and B. One
can easly show that the coverage of A is affected by this species as

_ KyPy
" 1+ KP4y + KgPg + KcPc
where K¢ is the adsorption equilibrium congtant of C. Now if K¢ Pe > 1, then K4, Kp,
then 84 = K4 P4/K¢ Pc), and the rate becomes

kpK4 Py
rgp = —

Kc¢ Pc

The rate therefore becomes reduced by species C (as P 1y, and the effective rate coefficient
isk”" = kgKa/Kc.

This shows that the “inet” C can drongly inhibit the unimolecular reection of A,
both by creeting a rate inversely proportiond to its partid pressure and by reducing the rate
coefficient. Andysis of the coverages shows the cause of this. Species C blocks the dtes
onwhich A must adsorb to react, and lowers its coverage to a smdl vaue. This species is
therefore a “poison” for the reaction.

It is a common phenomenon to find that gpparently innocuous species that do not
participate in cataytic reections can drongly poison or inhibit cataytic reactions. As
examples, sulfur compounds are severe poisons for most catalysts, and the lead formerly
added to gasoline as an antiknock agent completdy “kills’ the catdyst by covering its
surface stes.

0a
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Temperature dependence

We next consder how surface reaction rates should vary with temperature. Since the rate
coefficients are groups of reaction and equilibrium congtants, one expects that they are
different for different limiting cases.

The reection rate coefficient varies as

kg = kog exp(—Eg/RT)
and the adsorption equilibrium condants are

K; = Kj, exp(+E;/RT)
where Ey is the activation energy for the surface reaction and E; is the heat of adsorption
of species j. We use E rather than A H; because, as noted previoudly, it is a convention to
define the heet of adsorption as a postive quantity. In the above expression Ej is a postive
quantity and K; decreases with increasing temperature (coverages decrease as temperature
increases).

We can summarize the cases and parameters expected in the four cases in the table,
which indicates dl the orders and activation energies that may be expected for the Langmuir-
Hinshelwood modd. Note particularly how activation energies vary by subtracting or adding
heats of adsorption to E (a high activation energy implies a low rate). Subtracting a heat of
adsorption will incresse the rate considerably, while subtracting a heat of adsorption by the
presence of a poison will decrease a rate, perhaps enough to make it negligible by adding
a “poison.”

Returning to our example of NO decompostion, we need to maeke only dight
modification of these eguations to fit experimenta results. The product molecules Ny and
0, adsorb dissociatively in the step

0, + 25 2 20-s
which has a rate
r'=ry= 14 = ky Po, (1= 6o — by ~ On0)* = kab}
With adsorption—desorption equilibrium we st r = 0 and solve for 6, to obtan the
adsorption isotherm of oxygen assume 6y = Oy = 0 and
Ko, Poy

fo = —— b —
1+ K(l)gz PO]/2

2
s0 the normal K P of a nondissociated species is replaced by (K P)!/? for a dissociated

TABLE 7-2
Effective Rate Coefficients for Catalytic Reaction

Approximation k;’ff Eeff Pressure  dependence Coverages
1> KaPa, KgPg  kgKa Er ~ E4 P! 8. 05 K 1
KiPy>» 1,KgPg kg Er P fa=1
KgPs » 1, KaPs  kgKa/Kz Er—Es+Es  Pl'P;! 05 =1

K¢ Pclarge krKa/Kc  Ex—Es+Ep  PilPg! Bc = 1
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species. If nondissociated NO competes for stes with O, and with dissociated N, then the

isotherm for NO becomes
p KnoPrno
NO =
1+ Kno Pno + Ké/z P(;il + K;Iﬂ P]}é

The rate of NO decomposition should therefore be

r = kgfno(l — no — 05 — 6o)

) kg Kno Pyvo
(I+ KnoPro + Ko 2P + K\*PY)?
At sufficiently high temperature the denominator is unity because al coverages are low.

r = kg Kno Pno
while a low temperature the K(l)/ 2 P(;g % term in the denominator dominates to give a rae
kgrKno Pro
Ko P’
Here we see that the rate is strongly inhibited by adsorbed oxygen, which blocks stes for

NO to adsorb into. This is the reason that NO cannot be decomposed in a unimolecular
process at moderate temperatures in the presence of O,.

Bimolecular reactions

NO must be decomposed by bimolecular reactions to keep the product oxygen from blocking
the surface stes on which NO must adsorb. In the automotive catalytic converter the NO in
fact reacts with CO, which is another pollutant reduced in combustion. The reactions may
be written as

NO + S 2 NO-S
CO+S2CO-S
NO-S + CO-S 2 N - S + CO,-S
IN-S — Ny + 25

CO,-S 2 CO; + s
This is a smple example of a bimolecular surface reaction, which we will use to illusrate
bimolecular  reactions.

Consider an irreversble bimolecular resction
A+B—>C

of gas molecules A and B, which occurs on a surface to form a gas C. The rate of the surface
reection we will assume to be

r” = kR 9,495

and our task is to write this rate as a function of partia pressures.
We assume that the dementary steps are
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Ay & Ay, " - raa = raa
B, 2 B, r" =T —Igp
A, + Bg—=>Cs, r'=rp
Co & Cy, r" =ryc =rac
A + B; — C,
Alternatively, writing these steps as “reections’ between A and B molecules and surface
dtes §, the dementary steps become
A+ 8§22 AS
B+S2 BS
AS+BS—>CS
CS2C+38§
A+B—>C

Now, as for the unimolecular reection, we could aso write the mass-baance equations
for 84, 85, and 6, and solve the algebraic eguations for the rate in terms of partial pressures.
However, for these expressons we obtain a quadratic equation whose solution is not very
ingructive.

Instead we assume adsorption-desorption equilibrium (r, = rqa >> rg), and write
Langmuir isotherms. These are exactly as for equilibrium among three adsorbed species in
the unimolecular reaction

_ KyPy
B 1+ KAPA + KBPB + KCPC
with similar expressons for 8 and 6c.
The reection rate can now be written as a function of partia pressures to yied

04

koK sKnPsPr

r = k0408 = TR By v Ky Py + Ko PO

Note that the denominator contains the square of the denominators in the ¢ denominator for
both A and B. We therefore have a more complex function of partid pressures than for the
unimolecular reection, but as before we want to find out what these expressons become if
eech of the three terms in the denominator dominate.

We summarize these in the following table, but let us fird condder severad of these
Cases.

If 1>> K; P;  then r” = kg K4 K P4 Pg, then the orders of the reaction with respect
to P4 and Py are “normd,” but the rate coefficient has both of the adsorption equilibrium
consantsinit. If K4 islarge, then r” = kg Kz K;' Py Py, and the rate is in fact negative
order with respect to a reactant.

We can summarize the effective rates and parameters expected in the four cases for
the bimolecular reection in the table.
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Approximation ké’ff Eeff Pressure  dependence  Coverages
| > KaPa, KpPs kgKaKp Er — E4 — Es PPt 94,05 < 1
KiPa > 1, KpPp kgK;'Ky  Ex+Eq— Eg Pl P! 64 = 1
KpPg > 1,K4P4 kRKAKEI ErR—Es+ Ep P:ngl 0p=1

K¢ Pclarge kRKAKBKC—Z Erp—FEs—Ep+2E¢ P.TIPI;IPC_Z Oc=1

Physicaly, these limits correspond to saturation of the surface with different ecies,
as ketched in Figure 7-26.

Note especidly the grong inhibition of the “inert” or product C in this irreversble
process. The reaction could be proportiona to P2, and the activation energy is increased

by twice the heat of adsorption of C. These features come from the sguared denominator
in the rate expresson for a bimolecular reection.

Returning to the NO example, of the reaction of NO with CO and assuming that the
adsorbed species are CO, NO, 0, and N, the rate of reaction of NO with CO is
kgrKno Kco Pno Peo
(1+ Kno Prvo+ Ko Poo + Ko Py + K PY)?
This reaction is aufficiently fast that it proceeds a low enough temperature to be useful to

eiminate NO in the automotive catalytic converter, We assumed that the surface reaction
dep is

F = kgbnobco =

NO-S + CO-S — N-S + CO,;-S

More likdy it involves severa steps such as

NO-S+S —- N-S+0-S
followed by

IN-S2N; + S

co-s + 0-s & CO,-S

Thus the reections are smilar to those listed for the unimolecular reaction except that now
iFigure 7-26 Coverages of species A, B, C, and |

rcorresponding to the limiting rate expressions, Satu- A+B - pI‘OdUCtS

ration of a species can lead to negativeorder kinetics
because it blocks other gpecies from  adsorbing.

2P 2 8a, 65=0,1" ~PyPg

GAZ", r"~PB/PA

9821, r "'PA/PB

6=1,  r'~PpPgPf
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the presence of adsorbed CO oxidizes off the oxygen, which would otherwise poison the
surface.

These rae expressons are for Langmuir-Hinshewood kinetics, which are the sm-
plest forms of surface reaction rates one could possibly find. We know of no reections that
are this ample. LH kinetics requires severd assumptions.

1. Adsorbed species are competitive for sites but do not otherwise interact;
2. There is only one type of adsorption site on the surface for each species;
3. Adsorbed molecules form a maximum coverage of one monolayer; and
4. All properties of al adsorbates are independent of the coverage of al species.

None of these is found to be true experimentaly for any adsorption system of interest.
Therefore, we do not expect LH rate expressions to be quantitative for any catalytic reaction
system. The red stuation will dways be much more complicated, and in most cases we
do not yet know what rate expressons might describe cataytic reactions with more than
empirical  accuracy.

A SUMMARY OF SURFACE REACTION KINETICS x

The previous derivations describe what must be expected in the smplest catdytic reactions.
Orders of reection and rate coefficients change strongly with conditions. For a unimolecular
reaction A — B on a surface we expect the rate expresson of the form

_ krK4s Py
1+ KsPs+KpPs

IR

while for a bimolecular reection A + B — C we expect

o krKsKpP4Pp
(1+ KaPs+ KpPp + KcPc)?

Thus, for dl reections that are catalyzed by surfaces we should expect

1. Nonintegra orders and even negative orders with respect to a reactant species in catalytic
reactions;

2. Rate expressions obtained in one set of pressures and temperatures might not describe a
reector in another Situation because rate expressions of catalytic reactions do not obey
the power law;

3. Traces of impurities should dragtically dter cataytic reaction rates even when they do
not enter into the reaction.

For example, in problems we will consder an interesting rate expresson
=1+ K'Py)?
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for a unimolecular reection A — C. This form of a rate expresson could be obtained for a
bimolecular compstitive reection A + B — C if B is in excess 0 that its partid pressure
does not change. The standard form of a bimolecular reaction can then be transformed into
this expression if &' = kpK4Kp Pp and K' = K.

CATALYTIC REACTORS

We now can begin to see how we choose catalyst parameters in a cataytic reactor if we want
the pseudohomogeneous rate to be as high as possble. We write the “generd” expresson
for a cataytic reaction rate as

(area/volume)r”

r

1"

(arealvolume) JWC A611(9)

where we can see the reaction rate represented by k”, externd diffusion represented by &,
and pore diffusion represented by 7(¢). We write these as

k* = k. exp(—E/RT)
Shp D
k, = DD A
and n(¢) through the Thide modulus ¢ as
Sgpck” 1/2
=2} p
¢ ( Dy )

where dl of these quantities have been defined previoudy.
We want the pseudohomogeneous rate as a function of the parameters in the system,

r(u’ k(’)’ Ea D, dpa Snga DA, ShD)

The optimum performance of a reactor will occur when the rate is as high as possible. We
can dways increese k” by incressing the temperature, assuming there is only one reaction
90 that sdectivity is not important. However, we will find that & some temperature the mass
transfer and/or pore diffuson processes will begin to limit the rate.

The ided reactor will usudly be obtained when the reactor just begins to be mass
trandfer  limited,

ke = k"
and when pore diffusion just begins to affect the rate
p=1

The catalyst loading in the reactor should be as small as required to atain the desired
converson to save cogt of the catays, and the catayst pellet size should be as large as
possible to minimize pressure drop in the reactor.

One can increase the externa mass transfer rate by increasing the flow velocity u over
the catayst pelet. In a durry this can be accomplished by increasing the irring, and in a
packed bed or fluidized bed it can be increased somewhat by increasing the flow veocity
(athough with the same catadyst this decreases ¢, which lowers the conversion).
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Pore diffuson can be increased by choosing a catdyst with the proper geometry,
in particular the pellet size and pore sructure. Catdyst size is obvious (» ~ RY/?2 if pore
diffuson limited for the same tota surface areg). The diameter of pores can have a marked
influence on » because the diffusion coefficient of the reactant D, will be a function of d,
if molecular flow in the pore dominates. Porous cataysts are frequently designed to have
different didtributions of pore diameters, sometimes with macropores to promote diffusion
into the core of the catadyst and micropores to provide a high tota area

One can begin to diagnose the performance of a cataytic reactor very quickly with
vey limited knowledge of its properties by consdering the effects of (1) temperature,
(2) dirring, and (3) pelet sze. Reactor engineers should always be aware of these effects
in any catalytic process.

Flow patterns in catalytic reactors

In addition to using different catalyst flow peatterns in packed and durry reactors, the flow
can be varied to dtain different catdyst contacting patterns. As shown in Figure 7-27, many

flow patterns such as radid flow and fluid recirculaion can be used. These dlow variation

of the flow velocity i for a given reactor size and residence time ¢, These recirculaion flow

patterns approach the flow of recycle reactors, so the reactor performance approaches that
of a CSTR a high recirculation.

ELECTROCHEMICAL REACTORS

Electrochemica reections are cataytic reactions in which strong dectric fidds near surfaces
ae usd to dter chemicd equilibrium. By agpplying an externd voltage V between two

electrodes and cregting an dectric fiedld £ in an ionicdly conducting solution, we can cause
current to flow and reaction to occur a eectrodes. The Gibbs free energy is dtered from

its vaue in the absence of an eectric fidd by the Faraday reation

AG=G°+n,FE

t IT' t

t
conventional radial flo w countercurrent flo w recirculating
packedbed packedbed packedbed packedbed

Figure 7-27 Fluid flow patternsin fixed bed reactors, which allow the variation of velocity profiles within the
catalyst bed.
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where AG° is the standard tate Gibbs free energy, n, is the number of dectrons transferred,
and F the Faraday, F = 96,500 coulombg/mole and 1 coulomb=1 amp sec. This alows us
to “cheat” norma equilibrium condraints in a chemicd reection. For example, if we apply a
voltage V > Ep to an aqueous solution containing eectrolyte, we can actualy decompose
water molecules

1
H,O —» H; + 502

and generate H, gas bubbles at the negative eectrode and O, bubbles at the positive electrode
(Figure 7-28).

The eectrochemicd reector has two “magic’ properties. (1) It causes chemicd
reaction where eguilibrium does not permit reection in the absence of an dectric fidd;
and (2) it causes a separation of products because they are generated at different eectrodes.

The dectrode surfaces are cataysts to promote certain reactions. In H,O dectrolysis
the reaction

2H" + 2¢” = H,
occurs on a Pt electrode at negative potentid (the cathode), while the reaction

20H™ —» :,12-02 + H20 + 2¢”

occurs a the postive eectrode (the anode). At each dectrode a cataytic reaction occurs,
the first with addition of two dectrons from the dectrode into the solution, and the second
by transfer of two eectrons from the solution into the electrode. When the above dectrode
reactions are added, we obtain H,O decompostion into its eements.
Thus dectrochemica reactions are two coupled surface catdytic reactions, with the
rates a esch eectrode identica
" . neF1I
Tanode ='cathode = T
because in steady sate the eectrons must flow through the complete circuit. Here A is the
eectrode area and Z is the current that flows through the circuit.
By far the mogt important gpplication of dectrochemica reactors is the chlordkali
industry, which produces mos indudrid Cl, and NaOH. (Recdl our discusson of the

Figure 7-28 Electrochemical reactor in which water is electrolyzed into Hz
ad O, by application of a voltage sufficient to dissociste H2O in a batch reactor
configuration.

=Kl

©5090% 0%% oo
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origins of Dow Chemica Company in Chapter 3)) In this process graphite eectrodes are
used, and concentrated brine (NaCl) is ectrolyzed by the eectrode reactions

2C1~ = Clp + 2¢~

2H,0 +2¢7 - 20H + Hy
to give an overdl reaction

1
NaCl + H,O — NaOH + ECIQ

A chlordkdi reactor might look as shown in Figure 7-29.

Ancther important industrial  eectrochemica reaction is the production of duminum
metd from its ore bauxite, Al(OH);. The molten bauxite is dectrolyzed with carbon
eectrodes, Al metd bars are plated onto one eectrode, and O, gas is created at the other
electrode.

Batteries are an old example of using an dectrochemical reaction to produce eectrica
energy from solids, and fud cdls are a new example of using an dectrochemica reection
to produce energy directly from chemicas.

REAL CATALYTIC REACTIONS

We have finished our discussons of the fundamentds of cataytic reections, cadytic
reectors, and mass transfer effects. While we noted that most catdytic reactions can be
made to exhibit complicated kinetics, we have confined our considerations to the amost
trivid reection r” = k"C4. We did this because the agebra was messy enough with the
smplest  kinetics.

If we begin to complicate the kinetics, the problems sldom have andytica solutions.
While we can seek numerical solutions, it is very easy to get redly logt in the complexities
of the equations and the pages of computer printouts. Remember, we want first to figure
out what is going on and what steps are contralling the process. Then we later may want to :
find accurate numbers to predict reactor performance.

Multiple reaction systems further complicate our lives Recdl that sdectivity issues
can dominate reactor performance, and minimaly we have to solve one equation for each

Figure 7-29 Sdt dectrolyss to produce Cla gas
and NaOH solution in a chloralkai process. This is
the process by which most akdi and chlorine are

produced. The reector operates continuoudy  with
H2 C[2 brine solution flowing into the cell and NaOH and
Cl; ges flowing out.
NaCl__ |
H,0

| —> NaOH
H,O




Bioreactors 315

chemicd reaction. Now when we add the different kinetics of each reaction and recal that
diffusivities and mass trandfer coefficients are different for each chemicd pecies, we see
that we have an even more difficult problem.

Recdl findly that chemicd engineers are the only people who are cgpable of un-
derstanding what is going on in chemicad reectors, and that suitable design of catdytic
rectors frequently determines whether we have a money-making or money-losing process.
Chemicad engineers earn thelr sdaries by being the only ones who can provide answers,
and even then we frequently have to guess.

BIOREACTORS

This chepter has focused on inorganic and heterogeneous cataysts, because historicaly
these are the mgor systems with which chemica engineers have been concerned. There are
number of important homogeneous catalytic processes such as the Wacker process to make
vinyl acetate from ethylene and acetic acid, and there are many acid and base homogeneous
cadys systems.

However, there are dso many important biologica catdytic sysems. Fermentation of
sugars into ethanol has been practiced since the Stone Age, and we ill have not improved
these catdlysts much from the naturdly occurring enzymes that exist in the yeedts that are
found naurdly growing in naturd sSugar sources.

Fermentation is an anaerobic process, but in the presence of O, the oxidation of
ethanol to acetic acid (vinegar) accompanies the biologica reactions and produces less
vauable products. All biologica decay processes ae enzyme catayzed, as single-celed
bacteria produce enzymes to digest dead plants and animas. The metabolic products of
these reections are frequently numerous, and some of the organic products contain sulfur
and nitrogen, which have unpleasant odors. There are therefore few examples of aerobic
biologicd reections except sewage trestment. This reaction is one of the most important
chemical reaction processes in our civilization, but we have generdly relegated this chemicd
process to civil engineers.

Production of high-fructose corn syrup is an important enzyme process. Because
fructose tastes much sweeter than glucose, sucrose is converted into fructose by enzymes,
and mog soft drinks contain HFCS prepared by enzyme catadysts. Many smdl-volume
enzyme processes are practiced (penicillin is a very important one), and much research
and development is underway to find biologica processes to make fine chemicds and
pharmaceuticas.

One of the mgor issues in biologicd processes is that physologicd systems create
and use chiral molecules in very specific ways Only one of the sx isomers of sugars
tastes sweet and can be metabolized. Thalidomide is a harmless tranquilizer, but the other
of its isomers causes serious birth defects. Many common drugs are sold as both chird
isomers, with only one having any beneficid vadue Scentists have been only modestly
successful in creating synthetic cataysts to prepare chird molecules, and we will continue
to rely mostly on natural enzymes to produce these products. A mgor growth industry for
chemicd engineers is in the discovery and development of new chird molecules because
the potentid value of these new products can be billions of dollars.
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THE HUMAN REACTOR

Living organisms are incredible examples of well-designed chemicd reactors. All animas
have a food consumption-processng system coupled to a circulating rescting system with
blood as the fluid. A smplified (one of the grestest posshble understatements) schematic
diagram of us as chemicd reactors is illudrated in Figure 7-30.

The food processing system

The food and water processing reactor system has a semibatch feed, continuous chemica
reectors, and a semibatch eimination system. Food is chewed in the mouth to smdl pieces
of solid and enters the stomach every 8 hours or s0. In the stomach food is further mixed
with water, acidified, and mixed with enzymes, which begin reacting it into smdl paticles
and molecules. The food mixes in the somach (volume 0.5 liter), but its feed is semibatch;
0 we describe it as a trangent CSTR.

Next the acidified food passes into the smdl intestine (a reactor 3/4 in. in diameter
and 20 ft long), where it is neutrdlized and mixed with more enzymes from the pancress.
This is the primary chemicad reactor of the body, operating with secreted enzymes and with
E. coli bacteria catayds.

Reections in the stomach and smdl intestine are primarily the breskdown of carbo-
hydrates and dissaccharide sugars into monosaccharides

THE HUMAN REACTOR
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Figure 7-30 A gmplified flow sheet of the digestive and circulaory sytems of animds such as humans HCI ad enzymes
(E) catalyze most reactions.
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Ci2Hp;011 = 2C6H 206
and the breskdown of proteins into amino acids, which is the hydrolyss of amide link-
ages into amine and carboxylic acid. [Proteins are Naure's nylon]. All these reactions
are catdyzed by acids, bases, and enzymes. Bacteria bresk large proteins and complex
carbohydrates into sufficiently smal molecules that these hydrolysis reections can occur.

Perigalds is the intetind pump that maintains a suitable velocity and enhances
mixing, We describe this reactor as nearly plug flow, dthough the backmixing of becteria
is essentid in kegping them in the reector.

The wdl of the smdl intetine is permegble to water and to smdl molecules such
as the amino acids produced by protein breskdown and sugars produced by carbohydrate
breskdown; so0 this system is a reactor-separator combination, a membrane reactor. Finaly
the undigested food passes into the large intetine, where more water is removed through
the permeable wall before exiting the reactor.

The circulatory system

Amino acids sugars, and minerds pass through the smdl intetine into the circulaory
system, where they are mixed with blood. The primary reactor organs in processing blood
are muscle and the kidneys. The fluid flows in nearly tota recycle through arteries and veins,

which are basicaly the pipes in the system, and capillaries, where mogt of the transfer to
and from the reactors and separators occurs.

The combustion and cell formation system

Muscles and other cdls use sugars as ther energy source by oxidizing them into CO, and
water

sugar + 02 - C02 + HQO
or, if the body does not need energy, by converting it to fat, which is stored for future use.
The other reaction is the building and decomposing of muscle and other cels from amino
acids,
amino acids — 